STUDIES ON OPTIMAL OPERATION AND CONTROL OF BATCH DISTILLATION COLUMNS

by Eva Sørensen

A Thesis Submitted for the Degree of Dr. Ing.

University of Trondheim

The Norwegian Institute of Technology

Submitted July 1994

2 .

ABSTRACT

Batch distillation is an important industrial unit operation in which a liquid mixture is separated into two or more products of different compositions. Batch operation offers greater flexibility when compared to continuous distillation. A multicomponent mixture can be separated into a number of product fractions in a single batch column whereas, in continuous operation several columns are required. A batch column can also handle a wider range of feed compositions, relative volatilities and product specifications. The same column can therefore be used for a number of different separation tasks. However, this type of separation requires the input of relatively large amounts of energy.

During the last century there was a shift from batch to continuous operation. However, recently this trend has been reversed. Batch distillation is becoming increasingly important as a result of the expansion in the fine chemical and pharmaceutical industries characterized by small amounts of products with high added value and greater demands for flexibility and productivity. With this renewed interest, there is a need to develop a better understanding of how best to operate conventional batch columns. Alternatives to the traditional column configuration should also be considered.

In this thesis, a short cut formula for the estimation of required startup time is presented and found to yield good results.

In difficult separations, a novel cyclic operating policy, in which the condenser holdup is repeatedly filled and dumped, has been found to significantly reduce the operating time when compared to conventional operating policies. The optimal operating parameters are easy to calculate and no changes are needed in the process equipment of a regular column in order to run the column according to this new policy.

In a regular column, the feed is charged to the reboiler in the bottom and the product is withdrawn from the top. Alternatively, the feed can be charged to the top and the product withdrawn from the bottom. This latter configuration is denoted an inverted column. A regular and an inverted column have been compared in terms of minimum operating time and the inverted column is found to be preferable for certain separations.

It is generally found that conventional batch distillation is not well suited for difficult separations or for separations where the amount of light component in the feed charge is small. For such separations, inverted columns or cyclic operation may be preferred.

A reactor may be combined with a distillation column in order to increase productivity. The reaction will then act as a continuous feed to the batch column. This combined operation is, however, difficult to control due to strong interactions between the two units. This thesis addresses the dynamic behavior and controllability of an industrial case study. The conventional top-temperature control strategy is found to be less suitable for batch columns and therefore alternative control strategies are considered.

The thesis concludes with a discussion of optimal performance in the same industrial case study. On-line operation according to an optimal policy is demonstrated in conjunction with both a continuous and a real time control system.

ii

ACKNOWLEDGEMENTS

I am indebted to my supervisor Sigurd Skogestad, who has been a most inspiring, yet demanding supervisor. His constant encouragement, not only on a scientific but also on a personal level, is unique and gratefully appreciated.

Thanks also to past and present members of the process control group at NTH. In particular, I would like to thank Bernd Wittgens, who endured me for three years in the same office and shared both ups and downs, Erik Wolff who has been both my computer guru and a good friend and also Eva-Katrine Hilmen and Atle C. Christiansen for their thorough proof reading of this thesis.

I would like to thank Sandro Macchietto who was my supervisor while staying seven months at Imperial College, London from July 1992. Our discussions were most fruitful.

Also thanks to Iqbal Mujtaba for letting me take over his programs and answering all my questions. Vassilios Vassiliadis guided me into the world of optimization and is thanked for his patience with a novice. Ana Paula Barbosa Povoa and Xueya Zhang did their best to drag me back into the real world. We shared many interesting discussions although most where non-scientific.

I would like to thank Frode Leversund for encouraging me to start my Dr.ing.-studies and being a good support during the first three years. Also thanks to Alan Benson who gave me a reason to finish.

My family has always been very important to me. I have had lots of fun together with my brother and sisters, Mikal, Inger and especially Anne. My father, himself a Dr.ing., has constantly encouraged me and given me good advice. Nevertheless, I am most of all grateful to my very first teacher, who has always supported me, and I therefore dedicate this thesis to my mother.

Financial support from the University of Trondheim-NTH and from the Norwegian Science Foundation (NFR) is gratefully acknowledged.

iv

Contents

1 Introduction and Literature Review 1 1.1 Background . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 1 1.2 Motivation . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 2 1.3 Conventional batch distillation and its operation . . . . . . . . . . . . . . . 3 1.4 Some basic definitions . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 5 1.5 Modeling and simulation of batch distillation . . . . . . . . . . . . . . . . . 7 1.6 Optimization of batch distillation . . . . . . . . . . . . . . . . . . . . . . . 8 1.6.1 Discrete versus continuous variables . . . . . . . . . . . . . . . . . . 8 1.6.2 The general optimal control problem . . . . . . . . . . . . . . . . . 9 1.6.3 Reflux ratio optimization . . . . . . . . . . . . . . . . . . . . . . . . 11 1.6.4 Recycle optimization . . . . . . . . . . . . . . . . . . . . . . . . . . 12 1.7 Control of batch distillation . . . . . . . . . . . . . . . . . . . . . . . . . . 15 1.8 Alternative operating policies for batch distillation . . . . . . . . . . . . . . 17 1.9 Text books on batch distillation . . . . . . . . . . . . . . . . . . . . . . . . 18 1.10 Thesis overview . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 18 References . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 20 2 Optimal Startup Procedures for Batch Distillation 25 2.1 Introduction . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 26 2.2 Dynamic model . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 27 2.3 PART I. Startup of a batch column . . . . . . . . . . . . . . . . . . . . . . 28 2.3.1 Normal startup of a batch column . . . . . . . . . . . . . . . . . . . 28 2.3.2 Definition of equilibrium time . . . . . . . . . . . . . . . . . . . . . 30 2.3.3 Examples studied . . . . . . . . . . . . . . . . . . . . . . . . . . . . 30 2.3.4 Alternative simulation procedures for the initial filling . . . . . . . . 30 2.3.5 Effect of operating parameters on equilibrium time . . . . . . . . . 35 2.3.6 Dependency on the definition of equilibrium time . . . . . . . . . . 37 2.3.7 Dynamic responses for startup . . . . . . . . . . . . . . . . . . . . . 38 2.3.8 Summary of Part I . . . . . . . . . . . . . . . . . . . . . . . . . . . 39 2.4 PART II. Significance of startup time for optimal operation . . . . . . . . . 40 2.4.1 Optimal results . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 41 2.4.2 Optimal results with pre-specified startup time . . . . . . . . . . . 43 2.4.3 Summary of Part II . . . . . . . . . . . . . . . . . . . . . . . . . . . 44 2.5 PART III. Estimation of equilibrium and startup time . . . . . . . . . . . . 44 2.5.1 Previous work . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 45 v

2.5.2 Short cut formula for the estimation of equilibrium time . . . . . . 45 2.5.3 Summary of Part III . . . . . . . . . . . . . . . . . . . . . . . . . . 50 2.6 PART IV. Improvements in the startup procedure . . . . . . . . . . . . . . 50 2.6.1 Previous work . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 50 2.6.2 Partial backmixing equipment . . . . . . . . . . . . . . . . . . . . . 52 2.6.3 Finite reflux with some reflux directly to the reboiler . . . . . . . . 54 2.6.4 Material in the condenser drum initially . . . . . . . . . . . . . . . 55 2.6.5 Summary of Part VI . . . . . . . . . . . . . . . . . . . . . . . . . . 56 2.7 Conclusions . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 57 Notation . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 58 References . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 59 Appendix. Short cut formula . . . . . . . . . . . . . . . . . . . . . . . . . . . . 60

3 A Cyclic Operating Policy for Batch Distillation 65 3.1 Introduction . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 66 3.2 The cyclic operating policy . . . . . . . . . . . . . . . . . . . . . . . . . . . 67 3.3 Comparison of operating policies . . . . . . . . . . . . . . . . . . . . . . . 69 3.3.1 Numerical example . . . . . . . . . . . . . . . . . . . . . . . . . . . 70 3.3.2 Results . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 72 3.4 Simplified cyclic policy . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 76 3.5 Comparison of policies for varying conditions . . . . . . . . . . . . . . . . . 78 3.5.1 A measure for the degree of difficulty of separation . . . . . . . . . 79 3.5.2 Results for comparison of cyclic and reflux policies . . . . . . . . . 80 3.5.3 Number of cycles in the cyclic policy . . . . . . . . . . . . . . . . . 83 3.5.4 Summary . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 85 3.6 Effect of condenser holdup . . . . . . . . . . . . . . . . . . . . . . . . . . . 87 3.7 The cyclic policy in practice . . . . . . . . . . . . . . . . . . . . . . . . . . 88 3.8 Conclusions . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 89 Notation . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 90 References . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 91 4 Comparison of Regular and Inverted Batch Distillation 93 4.1 Introduction . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 94 4.2 Comparison of dynamic behavior under total reflux . . . . . . . . . . . . . 95 4.2.1 Example studied . . . . . . . . . . . . . . . . . . . . . . . . . . . . 96 4.2.2 Results . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 97 4.3 Optimal operation . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 100 4.3.1 The minimum time problem . . . . . . . . . . . . . . . . . . . . . . 100 4.3.2 Results . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 100 4.3.3 Practical considerations . . . . . . . . . . . . . . . . . . . . . . . . 103 4.4 The performance of ”inverted” separations . . . . . . . . . . . . . . . . . . 103 4.4.1 Comparison of dynamic behavior under total reflux . . . . . . . . . 104 4.4.2 Operation of ”inverted” separations . . . . . . . . . . . . . . . . . . 104 4.4.3 Ideal inverted column . . . . . . . . . . . . . . . . . . . . . . . . . . 108 4.5 Conclusions . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 110

Notation . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 111 References . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 112 Appendix. Dynamic models . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 112 5 Control Strategies for Reactive Batch Distillation 115 5.1 Introduction . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 116 5.2 Process example . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 118 5.3 Understanding reactive batch distillation . . . . . . . . . . . . . . . . . . . 120 5.4 Controllability analysis . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 123 5.4.1 Linear model . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 123 5.4.2 Effect of operating point . . . . . . . . . . . . . . . . . . . . . . . . 124 5.4.3 Effect of disturbances . . . . . . . . . . . . . . . . . . . . . . . . . . 128 5.4.4 Important considerations for control . . . . . . . . . . . . . . . . . 128 5.5 Control strategies . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 129 5.5.1 One-point bottom control . . . . . . . . . . . . . . . . . . . . . . . 129 5.5.2 Two-point control . . . . . . . . . . . . . . . . . . . . . . . . . . . . 131 5.5.3 One-point column control . . . . . . . . . . . . . . . . . . . . . . . 136 5.5.4 Comparison of control strategies . . . . . . . . . . . . . . . . . . . . 137 5.6 Conclusions . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 139 Notation . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 141 References . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 142 Appendix A. Dynamic model . . . . . . . . . . . . . . . . . . . . . . . . . . . . 143 Appendix B. Kinetic parameters . . . . . . . . . . . . . . . . . . . . . . . . . . . 145

6 Optimal Control and On-line Operation of Reactive Batch Distillation 149 6.1 Introduction . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 150 6.2 Reactive batch distillation model . . . . . . . . . . . . . . . . . . . . . . . 151 6.3 Optimal a-priori operation . . . . . . . . . . . . . . . . . . . . . . . . . . . 152 6.3.1 Maximum profit problem I - zero cost of raw material . . . . . . . . 153 6.3.2 Maximum profit problem II - fixed cost of raw material . . . . . . . 155 6.3.3 Minimum time problem . . . . . . . . . . . . . . . . . . . . . . . . 156 6.4 Implementation of the optimal policies . . . . . . . . . . . . . . . . . . . . 157 6.5 One-point column control . . . . . . . . . . . . . . . . . . . . . . . . . . . 157 6.6 Conclusions . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 160 Notation . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 161 References . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 162 7 Discussion, Conclusions and Directions for Future Work 163 7.1 Discussion . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 163 7.2 Conclusions . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . . 164 7.3 Directions for future work . . . . . . . . . . . . . . . . . . . . . . . . . . . 165 7.3.1 Continuation of the work in this thesis . . . . . . . . . . . . . . . . 165 7.3.2 Optimization of batch distillation . . . . . . . . . . . . . . . . . . . 165 7.3.3 Alternative operating policies and configurations . . . . . . . . . . . 166 7.3.4 Controllability and control of batch distillation . . . . . . . . . . . . 166

7.3.5 Application of methods to industrial problems . . . . . . . . . . . . 167 7.3.6 Azeotropic batch distillation . . . . . . . . . . . . . . . . . . . . . . 167

Chapter 1

Introduction and Literature Review

Research is to see what everybody else sees, and to think what nobody else has thought.

Albert Szent-Gyorgyi

Abstract

This chapter sets out the historical background and importance of batch distillation and the motivation for the work in this thesis. It begins with a description of the normal operation of a conventional batch distillation column. A brief overview of the literature concerning modeling, simulation, optimization and control of batch distillation is then given in order to put the work in this thesis into a wider context. Much of this work has involved finding optimal operating parameters. Therefore, a general optimal control problem is defined and alternative solution methods are discussed. The formulation of this general problem applied to optimal reflux ratio and optimal recycle problems in batch distillation, as it is described in the literature, is presented. The chapter concludes with a brief description of the following chapters in this thesis.

1.1 Background

Distillation is both the oldest and most important method of producing chemically pure substances. It was probably first discovered by the Alexandrian Chemists in the first century A.D. and was mainly used to produce alcoholic beverages and essential oils (Forbes, 1970). The early apparatus consisted of a heated still or pot, one or more receivers and a spout or tube leading from the heated still to the receiver in which the vapors were condensed. This type of apparatus is the simplest form of batch distillation and is now often referred to as Rayleigh distillation after the author of the first theoretical work on this type of separation (Rayleigh, 1902). During the centuries the method of batch distillation was constantly improved. Better cooling avoided distillation losses and at the same time allowed for more rapid separation. Fractionation was obtained in a simple way by making the still-head larger. There were also some attempts at refluxing of distillate back to the still to obtain better fractionation. By 1860 the distillery industry generally began to demand for continuous distillation columns and this new mode of operation gradually became more common as the chemical industry grew. Today, distillation is still the most important separation method in the chemical and petrochemical industries. Distillation columns constitute a significant fraction of the capital investment in chemical plants and refineries. Their operating costs are often a major part of the total operating cost of many processes (Luyben, 1992). Distillation is also a major energy consumer in a broader perspective; in the USA about 7% of the total energy consumption is spent in distillation (Gmehling et al., 1994). Batch distillation columns generally have a higher energy consumption than equivalent continuous columns. However, no real comparison has been found in the literature.

1.2 Motivation

Batch distillation is becoming increasingly important as a result of the expansion in the fine chemical and pharmaceutical industries characterized by small amounts of products with high added value. These speciality chemicals represent about 15% of worldwide chemicals production with approximately $150 billion produced annually (Sundaram and Evans, 1993b).

In the fine chemical industry, the amount of a specific product varies considerably from only a few kilos up to several hundred tons per year. Often, the same plant is used to manufacture a large number of products. Also the recipes of the different products may vary largely from one product to another. The process equipment in the plant must therefore be very flexible. Batch distillation has the advantage of being able to recover a number of products from a feed charge in a single column. A batch column can handle multicomponent mixtures, a wide range of feed compositions and degree of difficulty of separation in terms of a wide range of relative volatilities and product purities. In other words, batch distillation offers a maximum of flexibility to answer the random demand for chemical products.

In the pharmaceutical industry, each product must be accompanied by a list of rawmaterials used (origin and specifications) and also of all the steps (reaction, separation, crystallization etc.) it has gone through during the manufacturing. This makes batch distillation more suited than continuous distillation for separation processes.

Batch columns are often linked closely with reactors (Lucet et al., 1992). By removing one or more products from the reaction by distillation, much higher conversions will be achieved than otherwise possible. This is due to two factors; 1) the reaction is kept away from equilibrium by removal of one or more of the products and 2) the reaction temperature is increased since one or more of the light components are removed.

Many larger installations also feature batch columns. Material to be separated may be high in solids content, or it may contain tars or resins that would plug or foul a continuous column. Use of a batch unit can keep solids separated and permit convenient removal at the end of the process (Perry and Green, 1984).

Although distillation is one of the most intensively studied and better understood processes in the chemical industry, its batch version still represents an interesting field for academic and industrial research for a number of reasons:

1.3. CONVENTIONAL BATCH DISTILLATION AND ITS OPERATION 3

1. Even for a simple binary mixture there are several alternative operations possible.

With complex trade-offs as a result of the many degrees of freedom available, there is ample scope for optimization. Since the process is intrinsically dynamic, its optimization leads to an optimal control problem, for which problem formulation and numerical solution methods are not yet well established (Macchietto and Mujtaba, 1992). However, it is still possible to consider rather complex operating policies.

2. Industrial batch columns are often run as if they are merely a larger version of laboratory columns meaning that the control strategies are very simple. This is a general characteristic for small companies who are not able to support research and development in engineering as well as in the synthesis and production of their products (Lucet et al., 1992). Therefore, there is a need for practical and reliable methods for development of control strategies for batch columns.

3. Batch distillation is a very old unit operation which has been run in more or less the same way for centuries. The demand for efficiency and productivity is continuously increasing. However, the optimal operation of columns is limited by the given operating policy. It is therefore important to develop new and improved policies in order to increase productivity.

1.3 Conventional batch distillation and its operation

A conventional batch distillation column consists of the following: a still or reboiler which is heated either by a heating jacket or by circulating its content through a heat exchanger; a column section with trays or filled with packing material; a condenser which condenses the vapor leaving the column section; a condenser reflux drum which collects the condensed vapor and one or more accumulator tanks where the distilled product is collected. Some of the distillate is returned to the column section as reflux. A schematic representation of the process is given in Figure 1.1. The order of appearance of the components in the distillate is determined by the phase equilibria characteristics of the mixture with the most volatile component first, then the second most volatile etc. The distillate composition will normally vary during the operation and usually a number of cuts or fractions are made. This is shown in Figure 1.2 for a binary mixture with A as the most volatile component. Some of the cuts are desired products while others are intermediate fractions which do not meet the product specifications. These off-cuts are either recycled to subsequent batches or processed separately. This type of operation is particularly useful when using an existing column with perhaps a less than optimal number of stages. At the end of the separation the content in the column section will drain down into the still and a residual bottom fraction may or may not be recovered as product.

Operation of a conventional batch distillation column can be conveniently described in three parts: 1) startup period, 2) production period and 3) shutdown period. The column is usually run under total reflux during the startup period until the unit is taken to a steady state or to a state when the distillate composition reaches the desired product

Figure 1.1: Conventional batch distillation column.

Figure 1.2: Distillate composition as a function of time.

purity. The production period is normally the most time consuming but for difficult separations such as for high purity or azeotropic separations, the startup time may also be significant. During the production period, the column is usually operated in one of the following ways (see Figure 1.3):

1. Constant reflux ratio. The reflux ratio is set at a predefined value at which it is maintained for the given cut. The instantaneous distillate composition is changing.

2. Constant distillate composition. When it is desired to maintain a constant distil-

1.4. SOME BASIC DEFINITIONS 5

late composition, the amount of reflux returned to the column must be constantly increased throughout the run.

3. Optimal reflux ratio. The reflux ratio is found based on some optimal criterion.

Both the reflux ratio and the distillate composition will normally vary during the run. Operation according to an optimal distillate composition is equivalent.

The reflux ratio is defined as either the ratio between reflux and distillate flow (external reflux ratio), or as the ratio between reflux and vapor flow (internal reflux ratio).

The optimal reflux policy is generally found to be one of increasing reflux as the batch progresses. It has always been reported to lie between those from the constant reflux ratio and the constant distillate composition policies. The constant distillate composition policy is generally found to yield a better performance than the constant reflux policy.

1.4 Some basic definitions

The following basic definitions are used in later chapters:

Operating strategy: The decision regarding the number of product cuts and off-cuts together with a scheme for recycling off-cuts.

Operating policy: The decision on how to operate the column for a given operating strategy. Conventional operating policies are: 1) constant reflux ratio policy, 2) constant distillate composition policy and 3) optimal reflux ratio policy.

Column configuration: The arrangement of the column as to where the feed is added and where the product is withdrawn.

Control strategy: The decision on how to control the column for a given operating strategy and operating policy. This included the selection of type of measurements and controllers and also the location of the measurement points.

Control configuration: The desicion on how to pair the measured and manipulated variables. It is customary in continuous distillation to denote the control configuration on the basis of which controllers are used for composition control. An example is the LV -configuration where reflux flow L and boilup rate V are used to control the compositions in the top and bottom of the column. This notation is also used in this thesis.

Controllability: The definition of controllability used in this thesis is: The ability to achieve acceptable control performance irrespective of the controller. Controllability is an inherent property of the process and is therefore independent of controller tuning.

1. Constant reflux ratio policy

2. Constant distillate composition policy

3. Optimal reflux ratio policy

Figure 1.3: Conventional operating policies.

1.5. MODELING AND SIMULATION OF BATCH DISTILLATION 7

Table 1.1: Selected papers on modeling and simulation of batch distillation.

Authors feed reaction plate hydraulics Huckaba and Danly (1960) binary no no Meadows (1963) multicomponent no no Distefano (1968) multicomponent no no Domenech et al. (1974a) multicomponent no no Domenech et al. (1974b) multicomponent no no Egly et al. (1979) multicomponent yes no Boston et al. (1980) multicomponent no no Gallun and Holland (1982) multicomponent no yes Sadotomo and Miyahara (1983) multicomponent no no Cuille and Reklaitis (1986) multicomponent yes no Reuter et al. (1989) multicomponent yes no Galindez and Fredenslund (1988) multicomponent no no Ruiz (1988) multicomponent no yes Albet et al. (1991) multicomponent yes no Chiotti and Iribarren (1991) binary no no Diwekar and Madhavan (1991) multicomponent no no Albet et al. (1994) multicomponent yes no Diwekar (1994) multicomponent no no

1.5 Modeling and simulation of batch distillation

Batch distillation is an inherently unsteady state process since material is being withdrawn and the reboiler holdup and compositions are continuously changing. A mathematical model of the process will therefore be dynamic and involve both differential and algebraic equations. A general model usually includes mass and energy balances, phase equilibria, plate hydraulics etc. The complexity of the models presented in the literature has increased in parallel with the development in computer power and speed. An overview of papers considering modeling and simulation of batch distillation is given in Table 1.1. (Other, and generally simpler models, are also presented in the papers considering optimization of batch distillation, Table 1.2.)

Common assumptions for batch distillation models are: 1) Negligible vapor holdup; 2) adiabatic plates; 3) perfect mixing and equilibrium on all trays; 4) constant pressure; 5) total condensation with no subcooling and 6) constant tray holdup. The most comprehensive model was presented by Ruiz (1988) and involved the geometry of the trays, heat transfer in the reboiler and column section etc. In contrast, Diwekar (1994) studied the trade-off between accuracy and efficiency for reduced order models based on a short-cut method.

With the increased computer speed and improved solutions methods for DAE (differential and algebraic equation) and ODE (ordinary differential equation) systems, rigorous simulation of batch distillation is now possible. Models of high complexity including physical properties from thermodynamic packages can be solved using, for example, commercial equation solvers like SPEEDUP (1993).

All simulations in this thesis have been performed using SPEEDUP (1993).

1.6 Optimization of batch distillation

The research on optimization of batch distillation has involved many aspects such as binary or multicomponent mixtures, columns with or without holdup, recycled off-cuts etc. Rigorous optimization of batch distillation presents serious theoretical and computational difficulties due to:

1. Time dependence of the operation with discontinuities

2. Modeling equations which involve differential algebraic equations (DAEs) whose dimensions strongly depends on the number of plates and components

3. The presence of several objectives when multicomponent multifraction distillation is considered

4. A mixture of discrete (e.g. sequence of product cuts and off-cuts, recycling of offcuts) and continuous (e.g. reflux ratio, energy input) variables

In the literature before the last decade, the column performance was generally described by very simplified models due to limited computer resources. However, with the continuous increase in computational power the complexity of models has increased. In the more recent literature the emphasis has been more on solution methods than on the actual results of the optimization.

1.6.1 Discrete versus continuous variables

The separation of multicomponent mixtures in a batch column offers a large number of degrees of freedom. The number of product cuts and off-cuts and the possible recycling of off-cuts are typical discrete decision variables. Whether an off-cut should be produced or not is a yes/no decision and so is the decision as to if and how it is to be recycled. A specific instance of these decisions is often called an operating strategy. Other decision variables vary continuously during the batch. Although the main operating variables are the reflux ratio and energy input, the pressure and condenser drum holdup may also vary.

Even for binary separations there are a number of possible operating strategies (offcut or no off-cut, recycle policy etc.). Also one or more operating variables may vary with time for each operating strategy. The complexity increases substantially with the number of components in the feed. Selecting the best operation thus presents a formidable challenge. The problem could in principle be posed as a large mixed integer nonlinear dynamic programming problem (MINDLP), but so far only small subsets of this problem have been studied (Macchietto and Mujtaba, 1992). The operating strategy is normally fixed a priori and in most papers only the reflux ratio is optimized. However, with the increasing development in the area of optimization theory, larger and larger problems are being considered. Indeed, during the last few years some authors have also considered optimal recycle policies.

1.6.2 The general optimal control problem

Since batch distillation is an intrinsically dynamic process, the equality constraints for the optimization problem are ordinary differential and algebraic equations (DAEs). This type of problem is generally referred to as an optimal control problem and is an element of the field of control theory which has experienced significant development since the 1950s.

The optimal control problem can generally be stated as: min ẋ(·),x(·),y(·),u(·),v,x(t_0),t_f Φ(ẋ(t_f ), x(t_f), y(t_f ), u(t_f ), v, t_f) subject to g(ẋ(t), x(t), y(t), u(t), v, t_f, t) = 0 h(ẋ(t_f ), x(t_f ), y(t_f), u(t_f ), v, t_f ) ≥ 0 where Φ is the objective function depending on the conditions at the final time t_f , g the equality constraints (DAEs) and h the inequality constraints at the end point. Interior point or path constraints may also exist. Upper and lower bounds may be defined for the control variables u, design variables v, initial states x_0 and final time t_f . The variable x denotes the state variables and y the algebraic variables. The optimization problem can also be reformulated to a maximization problem.

The optimal control problem is often referred to as an infinite dimensional problem because u is a function of time rather than a specific value at the optimum. This type of problem can be solved using Pontryagin’s maximum principle. However, this solution method is usually time consuming. Therefore it is more efficient to employ nonlinear programming rather than the maximum principle to compute the optimal control. This method is preferred by more recent authors. The optimization problem can then be solved by numerical techniques that convert the problem into a nonlinear programming problem (NLP). Two general approaches have appeared in the chemical engineering literature in recent years. These are either based on

1. Control vector parameterization (e.g. Farhat et al., 1991)

2. Full parameterization of both control and states variables; often referred to as the Collocation method (e.g. Logsdon and Biegler, 1989)

Control vector parameterization

By parameterizing the control vector, one can think of the true optimal control profile as being approximately represented by a simple basic function, for example, constant, linear, quadratic or exponential. The basic function is defined for a control interval and the number of control intervals is determined a priori. An example is given in Figure 1.4 where the optimal control profile is approximated by first a constant and then a linear function over the two control intervals. With this method, the control profile can be

Figure 1.4: Example of control parameterization.

fully described by the number of control intervals, the control functions (constant value, linear etc.) and the duration of the intervals. These parameters are then added to the optimization problem to form a finite set of decision variables.

The solution method usually includes two levels. The first or inner level performs a simulation to solve all the equality constraints (DAEs) and calculates the inequality constraints and the objective function. The second or outer level performs the actual optimization which is a standard NLP problem, solvable by, for example, Sequential Quadratic Programming (SQP) (Vassiliadis, 1993). This approach is commonly known as the feasible path approach. The advantage is that the resulting optimization problems are in general small in terms of the number of variables. If the process is terminated at the outer optimization level before reaching a solution, the terminating point is feasible and may be acceptable as a practical, although sub-optimal, solution to the problem. However, since the feasible path approach requires a complete solution of the DAEs for each trial value of the decision variables, this may be computationally expensive. The simulation level may also fail since a feasible region may not exist for certain values of the decision variables.

Full parameterization, the Collocation method

The collocation method discretizes the control functions as well as the ordinary differential equations in the original DAE model, using collocation over finite elements. The result is a large system of algebraic equations, which, together with the objective function and the inequality constraints, forms a sizable NLP problem. For the same problem, however, the degrees of freedom for this large scale NLP is the same as for the small scale NLP in the control parameterization method. Since the DAEs and the optimization problem are solved simultaneously, this approach is called an infeasible path approach. The main advantage is that the repeated integration is avoided and the method should therefore be faster.

However, comprehensive comparisons between control vector parameterization and the collocation method have not been published, so it is not possible to make definite statements about their relative merits (Macchietto and Mujtaba, 1992).

In this thesis, the optimization program DAEOPT developed at Imperial College in London (Vassiliadis, 1993) has been used. The program is based on control vector parameterization and the optimization is solved by Sequential Quadratic Programming (SQP). At present, there are no commercial programs available for dynamic optimization.

1.6.3 Reflux ratio optimization

In most of the available literature on optimization of batch distillation only the reflux ratio is considered as an optimization variable. The operating strategy, e.g. the number of product cuts and off-cuts, is specified a priori. The optimal control problem is in the literature usually formulated in one of the following ways:

1. The minimum time problem: The optimal policy is that which produces a required quantity of distillate of specified purity in the shortest possible time. The optimization problem can be stated as min_{R(t)} t_f

x_A ≥ x^{spec}_A H_A ≥ H^{spec}_A which in words is to find the optimal reflux ratio as a function of time R(t) which minimizes the total operating time t_f subject to the constraints that the composition and amount of distillate must meet their specifications (x^{spec}_A and H^{spec}_A respectively).

2. The maximum distillate problem: The optimal policy is that which produces the maximum amount of distillate of specified purity in a fixed duration of time. The optimization problem can be stated as

max_{R(t)} H_A

x_A ≥ x^{spec}_A t_f = t^{spec}_f equivalent to finding the optimal reflux ratio as a function of time R(t) which maximizes the amount of distillate H_A subject to the constraint that the composition of distillate must meet its specification x^{spec}_A with the total operating time given a priori t_f = t^{spec}_f .

3. The maximum profit problem: It is also possible to determine the optimal operating policy by optimization of some economic criterion. The optimization problem can then be stated as

max_{R(t)} P = max_{R(t)} C_AH_A − C_F H_F − ∫ t_f 0 Q_R(t)dt t_f x_A ≥ x^{spec}_A H_A ≥ H^{spec}_A or finding the optimal reflux ratio as a function of time R(t) which maximizes the hourly profitability P where C_A and C_F are the prices of the distillate product and the feed respectively and ∫ t_f 0 Q_R(t)dt is the total energy consumption. Possible constraints are that the composition and amount of distillate must meet their specifications (x^{spec}_A and H^{spec}_A respectively).

Other types of constraints, e.g. recovery of a component, conversion of a reactant etc. are also possible and have been considered in the literature.

The three control objectives differ in the way the optimal performance of the column is defined. In the first objective, it is considered to be optimal to use as little time as possible for the production of a fixed quantity, for example, a given amount of material of a set purity required by a downstream process. Also storage may be limited thereby restricting the amount produced. The time frame might be fixed, for example to the duration of one shift. The control objective will then be to produce as much as possible within this time frame; in other words a maximum quantity of distillate. Normally less production time will give a higher profit. The main reason why objective three, maximum profit, is rarely used is because this requires additional cost parameters which can be difficult to estimate.

Table 1.2 sets out an overview of papers on optimization of batch distillation in terms of optimal reflux ratio for a given operating strategy. It also includes the control problem solved and the solution method used. Generally, in the earlier literature the optimization problem was solved using Pontryagin’s maximization principle. In the more recent studies Non Linear Programming has been preferred.

Earlier studies considered very simple dynamic models. With the continuous increase in computational power the complexity of both the model and the optimization problem has increased.

Only a few papers consider other operating variables than the reflux ratio. However, Hansen and Jørgensen (1986) and Christensen and Jørgensen (1987) also considered an optimal boilup rate.

The results from the optimization studies generally showed an increased performance of the column using an optimal reflux policy, compared to the conventional constant reflux ratio and constant distillate composition policies. The improvement in either time saving or productivity ranged from marginal up to about 20% depending on the mixtures investigated. The increase in profit was reported to be up to 40%.

1.6.4 Recycle optimization

When a mixture is distilled in a batch column it is not necessary that each charge is separated into a distillate and a residue which simultaneously meet the imposed specifications. Any off-spec material may be reprocessed in one of the following ways:

1. The off-cuts are mixed with fresh feed in the next batch

Table 1.2: Selected papers on optimization of batch distillation.

Problem solved, Authors holdup off-cuts feed solution MINIMUM TIME:

Coward (1967a) no no binary max. principle Coward (1967b) no no binary max. principle Robinson (1969) yes no key comp. max. principle Robinson (1970) yes no key comp. max. principle Robinson (1971a) no yes binary max. principle Robinson (1971b) yes no binary max. principle Mayur et al. (1970) no yes binary max. principle Mayur and Jackson (1971) no no multicomp. max. principle Egly et al. (1979) yes no multicomp. max. principle Hansen and Jørgensen (1986) no no binary max. principle Christensen and Jørgensen (1987) no yes binary max. principle Mujtaba and Macchietto (1988b) yes yes binary NLP Macchietto et al. (1989) yes yes binary NLP Mujtaba and Macchietto (1991) yes no binary NLP Mujtaba and Macchietto (1992b) yes yes multicomp. NLP MAXIMUM DISTILLATE:

Converse and Gross (1963) no no binary max. principle Converse and Huber (1965) yes no binary max. principle Keith and Brunet (1971) no no binary max. principle Diwekar et al. (1987) no no multicomp. max. principle Mujtaba and Macchietto (1988a) yes no multicomp. NLP Farhat et al. (1990) no no multicomp. NLP Farhat et al. (1991a) yes no multicomp. NLP Farhat et al. (1991b) no no multicomp. NLP MAXIMUM PROFIT:

Kerkhof and Vissers (1978) no no binary max. principle Diwekar et al. (1989) no no multicomp. NLP Logsdon et al. (1990) no no multicomp. NLP Mujtaba and Macchietto (1992a) yes yes multicomp. NLP Mujtaba and Macchietto (1993) yes yes multicomp. NLP

2. A number of off-cuts are stored and subsequently reprocessed separately

3. Each off-cut is stored and reprocessed separately (all the first off-cuts together, all the second off-cuts together etc.)

4. The off-cuts are charged to the column at an appropriate tray and time during the course of the next batch (Luyben, 1988)

Figure 1.5: Recycling of off-cuts: a) to the next feed or b) to the reboiler at an appropriate time during the next batch.

5. Each off-cut is charged to the reboiler at an appropriate time during the course of the next batch, e.g. each cut is recycled back to the point where it is to be taken off as product (Mujtaba and Macchietto, 1992b)

The first and last alternative are schematically represented in Figure 1.5 for a four component mixture with three distillate product cuts, three off-cuts and one residue product cut. The numbers are for the components in order of decreasing volatility. Reprocessing the off-cuts will increase recovery of the products but at the expense of a reduced processing capacity or a longer operating time giving an interesting trade-off. The simplest procedure is to mix the off-cuts with fresh feed in the next batch. Here no extra storage tanks are needed and complex charging procedures are avoided. In the multicomponent case this means mixing components which have already been separated and this is clearly not optimal. However, optimal recycling of off-cuts at different times during the batch may be difficult to achieve in practice due to disturbances and changing conditions. In a binary separation, the composition of the off-cut will not be much different from that of the feed (Luyben, 1988). The mixing with fresh feed is therefore justified.

When the off-cuts are recycled to the next batch, a cyclic operation is established which will be quasi-steady state, i.e. subsequent batches will follow the same trajectories and produce the same product cuts and off-cuts. Luyben (1988) indicates that in practice such a quasi steady state mode will be achieved after approximately three or four cycles.

It should be noted that there are two common policies regarding the size of the consecutive batches of fresh feed (Chiotti, 1993):

1. The reboiler is full for every cycle such that successive admissions of fresh feed are smaller as the size of the off-cuts increase. The size of the feed charge to be processed (fresh and recycled) remains constant.

1.7. CONTROL OF BATCH DISTILLATION 15

Table 1.3: Selected papers on recycle optimization of batch distillation.

Authors feed Mayur et al. (1970) binary Christensen and Jørgensen (1987) binary Luyben (1988) ternary Mujtaba and Macchietto (1988b) binary Mujtaba (1989) multicomponent Quintero-Marmol and Luyben (1990) ternary Macchietto and Mujtaba (1992) multicomponent Mujtaba and Macchietto (1992b) multicomponent Chiotti et al. (1993) multicomponent

2. The amount of fresh feed is constant such that the total feed charge (fresh and recycled) increases with the size of the off-cuts.

An overview of papers that have considered optimization of recycled off-cuts is given in Table 1.3. The optimal recycle policy for the binary case was studied by Mayur et al. (1970), Christensen and Jørgensen (1987) and Mujtaba and Macchietto (1988b). Christensen and Jørgensen developed a measure for the degree of difficulty of separation in order to establish the advantages associated with recycling the off-cut. This measure was extended to the multicomponent case by Mujtaba (1989). It was generally found that recycling of off-cuts was advantageous for difficult separations with significant time savings. Luyben (1988) considered ternary mixtures where the off-cuts were recycled back to the feed of the next batch. The results were based on repeated simulations. Quintero-Marmol and Luyben (1990) considered six different off-cut handling schemes and found that, in general, mixing had a detrimental effect on the rate of products obtained. Again, the results were based on repeated simulations. Mujtaba and Macchietto (1992b) developed a strategy to calculate the optimal amount and composition of the off-cuts for multicomponent mixtures to yield a minimum batch cycle time for the quasi-steady state. Simultaneously, they also found the optimal reflux ratios. The off-cuts were assumed to be stored separately and recycled to the reboiler in sequential order. The overall problem was decomposed into a sequence of pseudo-binary minimum time problems. Macchietto and Mujtaba (1992) considered the same recycle policy but with an outer maximum profit optimization loop. The same recycle policy was also considered by Chiotti et al. (1993) but their results were based on steady state calculations only.

1.7 Control of batch distillation

The off-line optimization of batch distillation has received much attention over the years both in terms of reflux profiles and recycle polices (see Tables 1.2 and 1.3). These optimal results can in turn be used as set points in on-line operation. However, so far controllability

Table 1.4: Selected papers on control of batch distillation.

Authors type of study Egly et al. (1979) optimization and non-linear control Luecke et al. (1985) Dynamic Matrix Control (DMC) Yoon (1986) Dynamic Matrix Control (PhD.-thesis) Macchietto et al. (1989) on-line control using optimal profiles Reuter et al. (1989) modeling and PI control Quintero-Marmol (1990) inferential control (PhD.-thesis) Quintero-Marmol and Luyben (1991) extended Luenberger observer Bosley and Edgar (1992) Nonlinear Model Predictive Control (NMPC) Quintero-Marmol and Luyben (1992) inferential model-based control

of batch columns using these optimal parameters has not been studied. Also design of controllers and control strategies to track the set points has received very little attention.

A summary of papers considering closed loop control of batch distillation is given in Table 1.4. Egly et al. (1979) considered optimization and control of an esterification process using a non-linear control system based on temperature measurements at different locations in the column. They also discussed how to select the measurement points. Luecke et al. (1985) used Dynamic Matrix Control (DMC) to operate an integrated farm energy system in which a packed batch column was used. The process was approximated as first order with dead time. Macchietto et al. (1989) used off-line optimal control policies together with supervisory control techniques for conducting binary batch distillation campaigns on-line. Reuter et al. (1988) incorporated the simulation of PI-controllers in their model of a batch column with reaction only in the reboiler. They stated that their model could be used for the investigation of control structure with the aid of Relative Gain Array analysis (RGA) but no details were given. Quintero-Marmol and Luyben (1991) explored the use of observers to predict compositions in multicomponent batch distillation through the use of temperature measurements. A design methodology was developed that addressed the issues of number and location of temperature sensors, the placement of the closed-loop poles of the observer and the sensitivity of initial condition estimates. Bosley and Edgar (1992) considered implementation of optimal profiles using Nonlinear Model Predictive Control (NMPC). They reported varying dynamic gains and response times from operation with a variable reflux ratio. Quintero-Marmol and Luyben (1992) presented results of a study of two types of model-based inferential control systems for multicomponent batch distillation. They showed that both steady-state and dynamic estimators provided good estimates of the distillate compositions using only one temperature measurement.

1.8. ALTERNATIVE OPERATING POLICIES FOR BATCH DISTILLATION 17

1.8 Alternative operating policies for batch distillation

The demand for efficiency and productivity of batch distillation is continuously increasing. However, the optimal operation of columns is limited by the given operating policy and the process equipment. So far only the reflux ratio and the recycle policy have been considered in the literature as ways of increasing productivity. Other factors should therefore be considered. Examples are:

1. Varying condenser holdup (as an additional optimization parameter)

2. Varying operating pressure (as an additional optimization parameter)

3. Varying boilup rate (as an additional optimization parameter), for example, reducing it as the reboiler is gradually depleted

4. Starting the batch with product from the previous batch in the condenser and/or column section to reduce the startup time

5. Concentrating the product in several steps when the required separation can not be achieved in the given column

6. Inverting the column by charging the feed to the condenser drum and withdraw product from the bottom

7. Adding an entrainer to improve the separation, for example, to break an azeotrope

8. Using steam distillation, or generally continuously adding a volatile component to effectively reduce the pressure

Most of these items are of course well known, but they have usually not been considered as optimization variables. The two last items are also well known from continuous distillation. The addition of a volatile component to the batch charge will effectively reduce the pressure and thereby lower the boiling point temperature. This makes it possible to use a lower-value energy source and to avoid possible thermal decomposition. One special case is where the heat is direct supply of energy in terms of steam as in steam distillation. Another possible strategy, when the top product is sent to waste-water treatment, is to use pure water as reflux similar to an absorption column.

Several authors have suggested the use of an inverted column, where the feed is charged to the condenser. However, the inverted column is not truly the inverse of a regular batch column, since this would require the batch, which is stored in the condenser, to be in vapor phase which is very unlikely.

When the desired purity is not obtainable in the column, the batch may be processed in several steps each increasing the purity of the product. A well known example of this is the separation of ethanol from water by evaporation (Rayleigh distillation).

The production period is normally the most time consuming compared to the startup and shutdown periods. However, for difficult separations such as for high purity or azeotropic separations, the startup time may also be significant. Alternative ways of

Table 1.5: Text books which include a discussion of batch distillation.

Authors Title Billet (1973) Industrielle Destillation (in German) Coulson and Richardson (1978) Chemical Engineering Ellerbe (1979) Handbook of Separation Techniques for Chemical Engineers Ellerbe (1980) Separation Techniques I. Liquid-Liquid Systems Holland (1981) Fundamentals of Multicomponent Distillation Holland and Liapis (1983) Computer Methods for Solving Dynamic Separation Problems Perry and Green (1984) Perry’s Chemical Engineering Handbook Rose (1985) Distillation Design in Practice Domenech and Pibouleau (1989) Process Modeling and Control in Chemical Engineering Luyben (1992) Practical Distillation Control

reducing the length of this period, such as starting the batch with light product in the condenser, should therefore be considered.

So far, the reflux ratio has been the only operating variable considered for optimization. However, both the boilup rate, column pressure and condenser holdup are operating variables which should be considered in order to optimize the operation.

Most of the factors mentioned above are considered in this thesis.

1.9 Text books on batch distillation

No text books are available which consider batch distillation alone. However, most books on distillation or separation processes contain a chapter on batch distillation. Some examples are given in Table 1.5. Coulson and Richardson (1978) and Perry and Green (1984) describe the basic principles of batch distillation in a straightforward manner. They also include some dynamic models. Holland (1981) and Holland and Liapis (1983) mainly discuss the dynamic equations for batch distillation and alternative mathematical solution methods. Billet (1973) and Rose (1985) concentrate on design of batch columns. Domenech and Pibouleau (1989) present different mathematical models and also discuss optimal operating policies for batch distillation. Luyben (1992) discusses control of batch columns based on the papers by Quintero-Marmol and Luyben (1991, 1992).

1.10 Thesis overview

This thesis consists of 5 separate papers on optimal operation and control of batch distillation columns which may be read independently. Literature references are also given in each chapter. The thesis is divided into two parts:

1.10. THESIS OVERVIEW 19

Part I: Optimal operation of batch distillation

Chapter 2 studies the optimal startup of batch columns. Normally the production period is the most time consuming but in some separations the startup time may be up to 50% of the total operating time. The paper discusses the relative significance of the startup time compared to the total operating time for different separations. The startup time is found to have a limited influence on the total operating time unless it is very different from the optimal value. Neglecting the initial filling of the column section and condenser holdup is a normal assumption in the literature. It is established that for optimization studies, this is in most cases acceptable. A short cut formula for the estimation of required startup time is presented and found to yield good results. In the last part of the paper alternative changes in the startup procedure are considered. These are: using partial backmixing equipment; finite reflux with some reflux directly to the reboiler and starting the batch with light product in the condenser drum initially.

Chapter 3 presents a novel cyclic operating policy for batch distillation which may be an alternative to conventional policies for some separations. The cyclic operating policy involves active use of a varying condenser holdup with periodic filling and dumping. The cyclic policy is presented in detail and a comparison is made to the conventional policies (constant distillate, constant reflux ratio and optimal reflux ratio operation) with respect to total operating time. The cyclic policy has been noted earlier because it may be easier to operate and control. Surprisingly, it is found that for difficult separations, the cyclic policy may significantly reduce the operating time compared to conventional operating strategies. A simplified cyclic policy is presented which is almost as good as the optimal cyclic policy but easier to calculate and implement. The effect of condenser holdup on the minimum operating time is discussed.

Chapter 4 presents a comparison between a regular and an inverted column in terms of minimum operating time for given separations. In the inverted column, the feed is charged to the condenser drum and the products are withdrawn from the reboiler. However, the inverted column is not the true inverse of a regular batch column, since this would require the batch, which is stored in the condenser, to be in the vapor phase which is very unlikely. In the paper, examples are presented which show that using an inverted column may be preferable to a regular column for some separations when the objective is to minimize the operating time.

Part II: Optimal operation and control of reactive batch distillation

Chapter 5 is devoted to the study of controllability and control strategies for reactive batch distillation in which a reaction takes place in the reboiler. A batch reactor may be combined directly with a distillation column by distilling off the light product in order to increase the reactor temperature or to improve the product yield of an equilibrium reaction. In this paper, an industrial esterification reaction is considered. It is found that, at any time, the same amount of light product should be removed as the amount being formed by the reaction. The controllability of the process is found to depend strongly on operating conditions and on the time during the batch. Several control strategies are presented and found to yield good performance.

Chapter 6 continues the discussion of reactive batch distillation using the same industrial process case study as in Chapter 5. In this chapter the optimal operation of the process is considered. Both reflux ratio and boilup rate are considered as optimization variables. The importance of proper feedback control of reactive batch distillation is discussed. Simple control strategies are presented and the effect of disturbances is considered for both a continuous controller and a real time control system.

Final conclusions and suggestions for future work are presented in Chapter 7.

Presentations

Preliminary versions of some of the papers in this thesis have been presented at international chemical engineering conferences:

• American Institute of Chemical Engineers (AIChE) 1991 Annual Meeting, Los Angeles, November 1991. (Parts of Chapter 5.)

• NATO Advanced Study Institute on Batch Processing Systems Engineering, Antalya, Turkey, May-June 1992. (Parts of Chapter 5.)

• 1993 European Symposium of Computer Aided Process Engineering-3 (ESCAPE-3), Graz, Austria, July 1993. (Chapter 6.)

• 1994 International Symposium on Process Systems Engineering (PSE-94), Kyongju, Korea, May-June 1994. (Chapter 3.)

The paper from ESCAPE-3 (Chapter 6) has been published in a supplement to Computers & Chemical Engineering (Vol. 18, 1994). It has also been selected for publication in a special issue of the same journal. The paper from NATO ASI 1992 (Parts of Chapter 5) has been accepted for publication in Batch Processing Systems Engineering: Current Status and Future Directions, G.V. Reklaitis et al. eds., Spring-Verlag, Berlin (1994). Chapter 5 has been accepted for publication in Journal of Process Control, special issue on Batch Processing (1994).

In addition to the work presented in this thesis, the author has also participated in industrial research projects governing modeling, optimization and control of batch distillation during the course of study. Reports from these studies are, however, confidential and therefore not included in this thesis.

References

[1] Albet, J., J.M. Le Lann, X. Joulia and B. Koehret, ”Rigorous simulation of multicomponent multisequence batch reactive distillation”, Proc. COPE’91, Barcelona, Spain, 75-80, 1991.

[2] Albet, J., J.M. Le Lann, X. Joulia and B. Koehret, ”Operational policies for the startup of batch reactive distillation column”, ICHEME Symp. Ser. No. 133 (presented at ESCAPE-4, Dublin), 63-70, 1994.

[3] Al-Tuwaim, M.S. and W.L. Luyben, ”Multicomponent batch distillation. 3. Shortcut design of batch distillation columns”, Ind. Eng. Chem. Res., 30(3), 507-516, 1991.

[4] Billet, R., ”Industrielle Destillation” (in German), Verlag Chemie GmbH, Weinheim, p. 59-81, 1973.

[5] Bosley, J.R. Jr. and T.F. Edgar, ”Application of nonlinear model predictive control to optimal batch distillation”, Preprints DYCORD’92, Washington D.C., 271-276, 1992.

[6] Boston, J.F., H.I. Britt, S. Jirapongphan and V.B. Shah, ”An advanced system for the simulation of batch distillation operations”, Foundation of Comp. Aided Chem. Proc. Des., Vol II, Mah and Seider (ed.), Eng. Found., New York, 1980.

[7] Bryson, A.E. and Y.C. Ho, ”Applied Optimal Control”, Hemisphere Pub. Corp., New York, 1975.

[8] Chiotti, O.J. and O.A. Iribarren, ”Simplified models for binary batch distillation”, Comp. Chem. Eng., 15(1), 1-5, 1991.

[9] Chiotti, O.J., H.E. Salomone and O.A. Iribarren, ”Selection of multicomponent batch distillation sequences”, Chem. Eng. Comm., 119, 1-21, 1993.

[10] Christensen, F.M. and S.B. Jørgensen, ”Optimal control of binary batch distillation with recycled waste cut”, Chem. Eng. J., 34, 57-64, 1987.

[11] Converse, A.O. and G.D. Gross, ”Optimal distillate-rate policy in batch distillation”, Ind. Eng. Chem. Fundam., 2, 217-221, 1963.

[12] Converse, A.O. and C.I. Huber, ”Effect of holdup on batch distillation optimization”, Ind. Eng. Chem. Fundam., 4, 475-477, 1965.

[13] Coulson, J.M., J.F. Richardson, J.R. Backhurst and J.H. Harker, ”Chemical Engineering. Volume 2”, Pergamon Press, Oxford, p.451-474, 1978.

[14] Coward, I., ”The time-optimal problem in binary batch distillation”, Chem. Eng.

Sci., 22, 503-516, 1967a.

[15] Coward, I., ”The time-optimal problem in binary batch distillation - a further note”, Chem. Eng. Sci., 22, 1881-1884, 1967b.

[16] Cuille, P.E. and G.V. Reklaitis, ”Dynamic simulation of multicomponent batch rectification with chemical reactions”, Comp. Chem. Eng., 10(4), 389-398, 1986.

[17] Distefano, G.P., ”Mathematical modeling and numerical integration of multicomponent batch distillation equations”, AIChE J., 14(1), 190-199, 1968.

[18] Diwekar, U.M., R.K. Malik and K.P. Madhavan, ”Optimum reflux rate policy determination for multicomponent batch distillation columns”, Comp. Chem. Eng., 11, 629-637, 1987.

[19] Diwekar, U.M., K.P. Madhavan and R.E. Swaney, ”Optimization of multicomponent batch distillation columns”, Ind. Eng. Chem. Res., 28, 1011-1017, 1989.

[20] Diwekar, U.M. and K.P. Madhavan, ”BATCH-DIST: A comprehensive package for simulation, design, optimization and optimal control of multicomponent, multifraction batch distillation columns”, Comp. Chem. Eng., 15(12), 833-842, 1991.

[21] Diwekar, U.M., ”How simple can it be? - A look at the models for batch distillation”, Comp. Chem. Eng., 18(Suppl.), S451-457, 1994. (Presented at ESCAPE-3, Graz, Austria, 1993).

[22] Domenech, S., C. Ginglion and M. Enjalbert, ”Modèle mathematématique d’une colonne rectification discontinue - I. Ètablissement du Modèle” (in French), Chem. Eng. Sci., 29, 1519-1528, 1974a.

[23] Domenech, S., C. Ginglion and M. Enjalbert, ”Modèle mathematématique d’une colonne rectification discontinue - II. Exploitation Numérique” (in French), Chem. Eng. Sci., 29, 1529-1535, 1974b.

[24] Domenech, S. and Pibouleau, ”Process Modeling and Control in Chemical Engineering” (Najim, K. ed.), Marcell Dekker, New York, p. 178-204, 1989.

[25] Egly, H., V. Ruby and B. Seid, ”Optimum design and operation of batch rectification accompanied by chemical reaction”, Comp. Chem. Eng., 3, 169-174, 1979.

[26] Ellerbe, R.W., ”Handbook of Separation Techniques for Chemical Engineers”, (Schweitzer, P.A. ed.), McGraw-Hill Book Company, New York, p. 147-167, 1979.

[27] Ellerbe, R.W., ”Separation Techniques I. Liquid-Liquid Systems”, (Ricci, L. ed), McGraw-Hill Publications Co., New York, p. 5-11, 1980.

[28] Farhat, S., M. Czernicki, L. Pibouleau and S. Domenech, ”Optimization of multiplefraction batch distillation by nonlinear programming”, AIChE J., 36(9), 1349-1360, 1990.

[29] Farhat, S., L. Pibouleau, S. Domenech and M. Czernicki, ”Optimal control of batch distillation via nonlinear programming”, Chem. Eng. Process, 29, 33-38, 1991a.

[30] Farhat, S., L. Pibouleau and S. Domenech, ”Optimization of batch distillation with holdup”, Preprints from ADCHEM’91, Toulouse, France, 343-348, 1991b.

[31] Forbes, R.J., ”A Short History of the Art of Distillation”, E.J. Brill, Leiden, Netherlands, 2.ed., 1970.

[32] Galindez H. and Aa. Fredenslund, ”Simulation of multicomponent batch distillation processes”, Comp. Chem. Eng., 12(4), 281-288, 1988.

[33] Gallun, S.E. and C.D. Holland, ”Gear’s procedure for the simultaneous solution of differential and algebraic equations with application to unsteady state distillation systems”, Comp. Chem. Eng., 6(3), 231-244, 1982.

[34] Gmehling, J., J. Krafczyk, J. Menke and K. Fischer, ”Azeotropic Data”, VCH, Weinheim, 1994.

[35] Hansen, T.T. and S.B. Jørgensen, ”Optimal control of binary batch distillation in tray or packed columns”, Chem. Eng. J., 33, 151-155, 1986.

[36] Holland, C.D., ”Fundamentals of Multicomponent Distillation”, McGraw-Hill Book Company, New York, p. 339-354, 1981.

[37] Holland, C.D., ”Computer Methods for Solving Dynamic Separation Problems”, McGraw-Hill Book Company, New York, p. 177-206, 1983.

[38] Huckaba, C.E. and D.E. Danley, ”Calculation procedures for binary batch distillation”, AIChE J., 5(2), 335-342, 1960.

[39] Keith, F.M. and J. Brunet, ”Optimal operation of a batch packed distillation column”, Can. J. Chem. Eng., 49, 291-294 and 711-712, 1971.

[40] Kerkhof, L.H.J. and H.J.M. Vissers, ” On the profit of optimum control in batch distillation”, Chem. Eng. Sci., 33, 961-970, 1978.

[41] King, C.J., ”Separation Processes”, McGraw-Hill Book Company, New York, p.115- 134 and 243-248, 1980.

[42] Logsdon, J.S., Diwekar, U.M. and L.T. Biegler, ”On the simultaneous optimal design and operation of batch distillation columns”, Chem. Eng. Res. Des., 68, 434-444, 1990.

[43] Logsdon, J.S. and L.T. Biegler, ” Accurate solution of differential-algebraic optimization problems”, Ind. Chem. Res., 28(1), 1628-1639, 1989.

[44] Luecke, R.H., J.C. Lewis, H.Y. Lin and W.K. Yoon, ”Dynamic matrix control of a batch distillation column”, Proc. ACC’85, Boston, 209-213, 1985.

[45] Lucet, M., A. Charamel, A. Chapuis, G. Guido and J. Loreau, ”Role of batch processing in the chemical process industry”, Proc. NATO ASI on Batch Processing Systems Engineering, Antalya, Turkey, May 29-June 7, 1992.

[46] Luyben, W.L., ”Multicomponent batch distillation. 1. Ternary systems with slop recycle”, Ind. Eng. Chem. Res., 27(4), 642-647, 1988.

[47] Luyben, W.L. (ed.), ”Practical Distillation Control”, Van Nostrand Reinhold, New York, 1992.

[48] Macchietto, S., B.J. Cott, I.M. Mujtaba and C.A. Crooks, ”Optimal control and on-line operation of batch distillation”, presented at AIChE 1989 Annual Meeting, San Francisco, 1989.

[49] Macchietto, S. and I.M. Mujtaba, ”Design and operation policies for batch distillation”, Proc. NATO ASI on Batch Processing Systems Engineering, Antalya, Turkey, May 29-June 7, 1992.

[50] Mayur, D.N., R.A. May and R. Jackson, ”The time-optimal problem in binary batch distillation with a recycled waste-cut”, Chem. Eng. J., 1, 15-21, 1970.

[51] Mayur, D.N. and R. Jackson, ”Time-optimal problems in batch distillation for multicomponent mixtures and for columns with holdup”, Chem. Eng. J., 2, 150-163, 1971.

[52] Meadows, E.L., ”Multicomponent batch distillation calculations on a digital computer”, Chem. Eng. Progr. Symp. Ser., 59(46), 48-55, 1963.

[53] Mujtaba, I.M. and S. Macchietto, ”Optimal control of batch distillation”, 12th IMACS World Conf., Paris, France, 1988, 2, CERFIDN, Villeneuve d’Osc, 635-638, 1988a.

[54] Mujtaba, I.M. and S. Macchietto, ”Optimal recycle policies in batch distillation - binary mixtures”, SIMO’88 - Toulouse, 2(6), 191-197, 1988b.

[55] Mujtaba, I.M. ”Optimal operation policies in batch distillation”, Ph.D. Thesis, Imperial College, University of London, 1989.

[56] Mujtaba, I.M. and S. Macchietto, ”The role of holdup on the performance of binary batch distillation”, Proceedings PSE’91, Montebello, Canada, 1.19.1-1.19.15., 1991.

[57] Mujtaba, I.M. and S. Macchietto, ”Optimal operation of multicomponent batch distillation”, presented at AIChE 1992 Spring National Meeting, New Orleans, paper 61c, 1992a.

[58] Mujtaba, I.M. and S. Macchietto, ”An optimal recycle policy for multicomponent batch distillation”, Comp. Chem. Eng., 16(Suppl.), S273-S280, (presented at ES- CAPE I, Denmark), 1992b.

[59] Mujtaba, I.M. and S. Macchietto, ”Optimal operation of multicomponent batch distillation - Multiperiod formulation and solution”, Comp. Chem. Eng., 17(12), 1191- 1207, 1993.

[60] Quintero-Marmol, E., ”Optimal operating strategies and inferential control of multicomponent batch distillation”, PhD-thesis, Lehigh Univ., USA, 1990.

[61] Quintero-Marmol, E. and W.L. Luyben, ”Multicomponent batch distillation. 2. Comparison of alternative slop handling and operating strategies”, Ind. Eng. Chem. Res., 29(9), 1915-1921, 1990.

[62] Quintero-Marmol, E. and W.L. Luyben, ”Application of an extended Luenberger observer to the control of multicomponent batch distillation”, Ind. Eng. Chem. Res., 30(8), 1870-80, 1991.

[63] Quintero-Marmol, E. and W.L. Luyben, ”Inferential model-based control of multicomponent batch distillation”, Chem. Eng. Sci., 47(4), 887-98, 1992.

[64] Perry, R.H. and D. Green, ”Perry’s Chemical Engineers’ Handbook”, 6.ed., McGraw- Hill International Editions, Singapore, 1984.

[65] Rayleigh,L., ”On the distillation of binary mixtures”, Phil. Mag., 4, 527, 1902. [66] Reuter, E., G. Wozny and L. Jeromin, ”Modeling of multicomponent batch distillation processes with chemical reaction and their control systems”, Comp. Chem. Eng., 13(4-5), 499-510, 1989.

[67] Robinson, E.R., ”The optimization of batch distillation operations”, Chem. Eng.

Sci., 24, 1661-1668, 1969.

[68] Robinson E.R., ”Optimal control of an industrial batch distillation column”, Chem.

Eng. Sci., 25, 921-928, 1970.

[69] Robinson, E.R., ”A note on the time optimal problem in binary batch distillation with a recycle waste”, Chem. Eng. J., 2, 135-136, 1971a.

[70] Robinson, E.R., ”Optimal reflux policies for batch distillation”, Chem. Process Eng., 52(5), 47-49 and 55, 1971b.

[71] Rose, L.M., ”Distillation Design in Practice”, Elsevier, Amsterdam, p. 83-104, 1985. [72] Ruiz, C.A., ”A generalized dynamic model applied to multicomponent batch distillation”, Proc. CHEMDATA’88, Gothenburg, Sweden, 330-335, June 1988.

[73] Sadotomo, H. and K. Miyahara, ”Calculation procedure for multicomponent batch distillation”, Int. Chem. Eng., 23(1), 56-64, 1983. (First published in 1981, Japan).

[74] SPEEDUP Release 5.4 User Manual, Prosys Technology Ltd., 1993. [75] Sundaram, S. and L.B. Evans, ”Synthesis of separations by batch distillation”, Ind.

Eng. Chem. Res., 32(3), 500-510, 1993a.

[76] Sundaram, S. and L.B. Evans, ”Shortcut procedure for simulating batch distillation operations”, Ind. Eng. Chem. Res., 32(3), 511-518, 1993b.

[77] Vassiliadis, V. ”Computational solution of dynamic optimization problems with general differential-algebraic constraints”, Ph.D.-thesis, Imperial College, London, 1993.

[78] Yoon, W.K. ”Dynamic matrix control of batch distillation”, PhD-thesis, Univ. Missouri, USA, 1986.

Chapter 2

Optimal Startup Procedures for Batch Distillation

Eva Sørensen and Sigurd Skogestad^1

Department of Chemical Engineering University of Trondheim-NTH N-7034 Trondheim, Norway

Unpublished

Abstract

Operation of a conventional batch distillation column can be conveniently described in three parts: 1) startup period, 2) production period and 3) shutdown period. For standard separation processes, the production period is the most time consuming. However, for difficult separations, such as for high purity or azeotropic separations, the startup time may also be significant. In this paper, we present results for optimal operation of a number of different separations taking the startup time into consideration. Alternative ways of reducing the duration of the startup period are discussed. The main conclusions are:

1. It is not necessary to include the initial filling of trays and condenser drum in optimization studies.

2. The exact value of the startup time is of limited significance unless it is very different from the optimal value.

3. A short cut formula can provide an estimation for the required startup time based on operating parameters which are normally known a priori.

1Author to whom correspondence should be addressed, E-mail: skoge@kjemi.unit.no, phone: +47-73-594154, fax: +47-73-594080.

2.1 Introduction

During the last decades, batch distillation has become increasingly important as a result of the expansion in the fine chemical and pharmaceutical industries characterized by small amounts of products with high added value. Also the need to increase the recovery of useful resources from wast products has forced a reappraisal of this unit.

Operation of a conventional batch distillation column can be conveniently described in three parts: 1) startup period (normally under total reflux), 2) production period and 3) shutdown period. For standard separation processes the production period is the most time consuming. Although, for difficult separations, such as for high purity or azeotropic separations, the startup time may also be significant as shown in this paper.

The importance of the startup period relative to the total separation has only been studied by few authors. Nad and Spiegel (1987) presented experimental results for the separation of 3 components into two main cuts, two off-cuts and a residue where the startup period was more than 1/4 of the total operating time. Holland and Liapis (1983) presented simulation results for the separation of a five component mixture where the startup time was more than 50% of the total operating time. Luyben (1971) presented simulation results for a number of cases where the startup time varied from negligible up to 50% of the total operating time.

Consequently, to optimize the process, the startup period may have to be considered as part of the complete batch distillation cycle. However, the startup time has not been included in many previous studies. This reduces the validity of these studies to cases where the production period is dominant. To the best of our knowledge, no studies of optimal startup procedures have been presented in the literature so far.

The purpose of this paper is to discuss various aspects of startup procedures for batch distillation as well as issues related to simulation and optimization of batch columns taking startup into consideration. The paper is divided into four parts:

Part I. An equilibrium time is defined based on the approach to equilibrium under total reflux. The influence of the initial conditions specified for the mathematical model used in optimization studies is discussed (trays initially filled or not etc.). We discuss the effect of type of mixture and column characteristics on the equilibrium time (parameter values for relative volatility, number of trays, feed composition etc.). The influence of the definition of equilibrium time is considered. Finally, we present typical dynamic responses under total reflux.

Part II. We discuss under which conditions the optimal startup time is significant compared to the optimal total operating time. The influence of startup time on the operating time is discussed.

Part III. We present a short cut formula for the estimation of equilibrium and startup time.

Part VI. We conclude by discussing alternative ways of reducing the startup time.

We will in each part give a brief literature review of previous work.

2.2. DYNAMIC MODEL 27

2.2 Dynamic model

The dynamic model used in this paper for a binary mixture is valid under the following assumptions:

A1 Staged batch distillation column with trays numbered from the top and down A2 Perfect mixing and equilibrium on all trays A3 Negligible vapor holdup A4 Constant stage pressures and tray efficiencies A5 Constant vapor flows (the energy balance is neglected) A6 Total condensation with no subcooling in the condenser A7 Constant relative volatility A8 Constant molar condenser drum holdup (perfectly controlled) A9 Constant molar liquid holdup on all trays (liquid dynamics are neglected) The column is given in Figure 2.1. With these assumptions the following differential and algebraic equations result: reboiler:

dH_B/dt = L_N − V_B (2.1) d(H_Bx_B)/dt = L_N x_N − V_By_B (2.2) column tray, j=1,N:

0 = L_{j−1} + V_{j+1} − L_j − V_j (2.3) H_jdx_j/dt = L_{j−1}x_{j−1} + V_{j+1}y_{j+1} − L_jx_j − V_jy_j (2.4) V_j = V_{j+1} (2.5) condenser and condenser drum:

0 = V_1 − L − D (2.6) H_Cdx_D/dt = V_1y_1 − Lx_D − Dx_D (2.7) R = L/V_1 (2.8) accumulator: dH_A/dt = D (2.9) d(H_Ax_A)/dt = Dx_D (2.10) equilibrium, j=1,N and B: y_j = αx_j 1 + (α − 1) x_j

(2.11) Note that the reflux ratio R used here is the internal reflux ratio R = R_{internal} = L/V_1, not the usual external ratio R_{external} = L/D. (This is better solved numerically, since R_{internal} ∈ [0, 1] whereas R_{external} ∈ [0, ∞ >.) It is assumed that the vapor flow V_B can be manipulated directly. SPEEDUP (1993) is used for the simulations.

Figure 2.1: Batch distillation column.

2.3 PART I. Startup of a batch column

In the first part of this paper we will discuss the normal startup of a batch column with emphasis on the duration of the startup period given by a defined equilibrium time. We will consider the effect of various operating parameter values on the equilibrium time, e.g. how the equilibrium time varies with increasing holdups, feed compositions, relative volatility etc. We will also compare different initial conditions, or different assumptions as to how the column is filled up initially, in terms of dynamic behavior and required equilibrium time. These initial conditions are needed in the mathematical solution of the dynamic model in simulation and optimization. Different definitions of equilibrium time are discussed. We will conclude this part by presenting typical dynamic responses for startup under total reflux.

2.3.1 Normal startup of a batch column

The startup of a batch column, packed or tray, can generally be described by the following sequence:

1. The liquid feed is initially charged to the reboiler. Heat is introduced to bring the material to its boiling point temperature.

2. Boiling starts and vapor travels up through the column and some of the vapor condenses inside the column section.

3. The condenser starts to operate as the vapor reaches the top tray and the condenser drum starts to fill up.

4. The reflux valve is opened when the liquid fills the condenser drum. Normally, operation at total reflux begins. However, some product may also be collected at this point with a given reflux flow instead.

5. The liquid begins to flow into the top section of the column and the liquid holdup in the top starts to increase.

6. The column section will be filled up from the top and down by the returned liquid until the lowest part of the column is filled and the liquid reaches the reboiler.

7. The column is now run under total reflux operation until the unit is taken to a steady state or to a state where the distillate composition reaches the desired product purity.

The first step, heating the feed, can be in the order of hours depending on the heat input to the reboiler. Typically, about 1 hr is needed for this step in a normal laboratory column. During step 2, the column section is heated up by the vapor traveling upwards in the column. Some of the vapor will condense in the column section. The filling of the column and condenser by vapor and liquid, steps 2-6, is in the order of minutes. The last step is normally the most time consuming. Typically, a total reflux time of up to 15 hr may be needed for difficult separations. For extreme separations such as isotope separations, even days may be needed.

This startup procedure is the same for packed and tray columns. However, in the rest of this paper we will limit the discussion to tray columns.

The simulation of the startup period as described above is complicated. A very rigorous model which includes the geometry of the trays in the column, the heat transfer in the reboiler and column section etc., is needed. Ruiz (1988) used a dynamic model presented by Ruiz et al. (1988), (originally developed by Gani et al. (1986)), for the simulation of four different cases from the earlier literature (Boston et al. (1980), Domenech et al. (1981), Holland and Liapis (1983) and Nad and Spiegel (1987)) where two of the cases where compared with experiments (Domenech et al. (1981) and Nad and Spiegel (1987)). Their model included variable holdups, variable internal flow rates, tray geometry and hydraulics. It also includes the possibility of taking the heat transfer in the column section into consideration. Such a model is however, not suitable for optimization studies since its solution is very time consuming. In optimization of a dynamic process, using e.g. the feasible path approach, the dynamic model must be solved for each trial value(s) of the optimization variable(s) and must therefore be reasonably simple (Vassiliadis, 1993).

A normal assumption in the literature is that the feed is present initially at its boiling point, i.e. step 1 is negligible. This means that the initial heating is ”decoupled” from the rest of the process. However, Albet et al. (1994) included the heating of the initial charge in their simulation of the startup of a batch reactive column. In their simulation, the heating time was about 25% of the total operating time.

Steps 2-6 are in simulations normally approximated by assuming that the trays are filled up according to some filling procedure. We will in the following consider different filling procedures and comment on the possible differences in the duration of the startup period.

2.3.2 Definition of equilibrium time

For an infinite startup time, the column would eventually reach a new equilibrium state (steady state). To describe how fast the column reaches this new state we introduce the equilibrium time t^γ_{eq}:

Equilibrium time: t^γ_{eq} is the time when the distillate composition has reached a fraction γ of its steady state value under total reflux relative to the initial feed composition

x_D(t^γ_{eq}) − x_F x^{ss}_D − x_F = γ or equivalently x_D(t^γ_{eq}) = x_F + γ(x^{ss}_D − x_F ) ≡ x^γ_D (2.12)

In this paper we will select γ = 0.98, that is the equilibrium time t^{98%}_{eq} is when the distillate composition x_D has reached 98% of its steady state value x^{ss}_D relative to the feed composition x_F .

Other definitions have been used in the literature but most of these are difficult to apply generally as they mostly depend on absolute and not relative values. We will at the end of this section discuss possible differences in the conclusions depending on the actual definition of the equilibrium time.

2.3.3 Examples studied

We have computed the equilibrium time given by Eq. 2.12 for a number of examples under varying feed composition x_F , column tray holdup H_j and condenser drum holdup H_C . We have also studied the effect of relative volatility α and number of trays N. The examples studied are given in Table 2.1. Note that Examples 7, 21, 24 and 27 are identical. Also included is the steady state distillate composition, x^{ss}_D and the distillate composition at 98% approach to equilibrium, x^{98%}_D . The last three columns of the table give the equilibrium time t^{98%}_{eq} for different filling procedures INIT-1, INIT-2 and INIT-3. These results are discussed in more detail in the next two sections.

2.3.4 Alternative simulation procedures for the initial filling

In the beginning of this section we described the different steps in the startup of a batch column. These steps are in simulations normally approximated by assuming that the trays and the condenser are initially filled up according to some filling procedures.

2.3. PART I. STARTUP OF A BATCH COLUMN 31

Table 2.1: Steady state distillate composition x^{ss}_D , distillate composition at 98% approach to equilibrium x^{98%}_D and equilibrium time t^{98%}_{eq} for filling procedures INIT-1, INIT-2 and INIT-3. (The amount of initial charge is H_F = 10.0 kmol in all cases.)

Exa- N α x_F V H_C H_j x^{ss}_D x^{98%}_D INIT-1 INIT-2 INIT-3 mple kmol/ kmol kmol t^{98%}_{eq} t^{98%}_{eq} t^{98%}_{eq} hr hr hr hr 1 10 2.0 0.05 10 0.1 0.001 0.9884 0.9696 0.275 0.275 0.275 2 0.01 0.9868 0.9680 0.402 0.402 0.402 3 0.05 0.9736 0.9552 1.062 1.064 1.064 4 0.1 0.9343 0.9167 1.874 1.879 1.879 5 0.10 0.001 0.9951 0.9772 0.155 0.154 0.155 6 0.01 0.9948 0.9769 0.214 0.214 0.214 7 0.05 0.9926 0.9747 0.506 0.507 0.507 8 0.1 0.9874 0.9696 0.924 0.929 0.929 9 0.50 0.001 0.9995 0.9895 0.087 0.086 0.086 10 0.01 0.9995 0.9895 0.100 0.099 0.099 11 0.05 0.9995 0.9895 0.179 0.178 0.176 12 0.1 0.9994 0.9894 0.289 0.289 0.286 13 0.80 0.001 0.9999 0.9959 0.081 0.079 0.079 14 0.01 0.9999 0.9959 0.091 0.088 0.087 15 0.05 0.9999 0.9959 0.150 0.147 0.142 16 0.1 0.9999 0.9959 0.236 0.231 0.223 17 10 2.0 0.10 10 0.05 0.01 0.9951 0.9771 0.137 0.137 0.137 18 0.1 0.9948 0.9769 0.214 0.214 0.214 19 0.5 0.9902 0.9724 0.960 0.962 0.962 20 0.05 0.05 0.9931 0.9753 0.421 0.422 0.422 21 0.1 0.9926 0.9747 0.506 0.507 0.507 22 0.5 0.9827 0.9651 1.429 1.433 1.433 23 10 1.5 0.10 10 0.1 0.05 0.8729 0.8574 1.213 1.214 1.214 24 2.0 0.9926 0.9747 0.506 0.507 0.507 25 3.0 0.9999 0.9819 0.199 0.200 0.200 26 5 2.0 0.10 10 0.1 0.1 0.8393 0.8245 0.644 0.644 0.644 27 10 0.05 0.9926 0.9747 0.506 0.507 0.507 28 15 0.033 0.9997 0.9817 0.376 0.377 0.377 29 20 0.025 1.0000 0.9820 0.311 0.313 0.313 30 25 0.02 1.0000 0.9820 0.274 0.275 0.275 31 20 4.0 0.005 10 0.025 0.005 0.9995 0.9796 0.429 0.429 0.429 32 10 3.0 0.05 10 0.1 0.01 0.9998 0.9808 0.179 0.179 0.179 33 10 2.0 0.5 10 0.1 0.01 0.9995 0.9895 0.100 0.099 0.099

Description of procedures

In this paper, we consider the following filling procedures:

INIT-0 The feed charge is initially distributed in the condenser drum, on the trays and in the reboiler. The condenser and tray holdups are constant and the initial compositions are equal to the total reflux compositions (steps 2-7 negligible, employed by Distefano (1968)).

INIT-1 The feed charge is initially distributed in the condenser drum, on the trays and in the reboiler. The condenser and tray holdups are constant and all compositions are initially equal to the feed composition (for instance Mujtaba and Macchietto (1991) and Logsdon and Biegler (1992)).

INIT-2 The column section and condenser drum are initially empty and all the feed is in the reboiler. The vapor from the reboiler is condensed and stored in the overhead equipment until liquid first fills the condenser drum and then the column trays. (This is equivalent to operating the column without reflux, i.e., with only one theoretical rectification stage.) As soon as the condenser is filled up the trays are filled from the top and down. After a tray has been filled, its holdup is assumed constant (suggested by Luyben (1971) and applied by González-Velasco et al. (1987)).

INIT-3 Same as INIT-2 but it is assumed that some of the vapor (here 20%) is condensed on the trays before reaching the condenser drum. The trays are then filled up from the top and down (for example Sadotomo and Miyahara (1983)).

It should be noted that these procedures are all different mathematical descriptions, only with varying assumptions, of the same filling process. It should also be stressed that the steady state profiles (or x_j’s at t = ∞) for all procedures are identical.

Alternative INIT-0 neglects the startup period altogether. We will in this section consider procedures INIT-1, INIT-2 and INIT-3 and discuss the differences in the duration of the startup period using the different filling procedures. We will show that there is almost no difference and the simplest procedure INIT-1 is therefore recommended.

Variations of the same procedures have also been compared by Abdul Aziz et al. (1992) with the equilibrium time defined as the time when the distillate composition has reached x_D = 0.95. They studied the effect of holdups and number of trays on two different ternary mixtures. Furthermore, empirical correlations between holdups and equilibrium time were presented.

For startup of the column using INIT-2 and INIT-3, assumptions A8 and A9 of the dynamic model in section 2.2 is replaced by:

A8 Molar condenser drum holdup H_C not constant during filling, perfectly controlled otherwise

A9 Molar tray holdups H_j not constant

A10 Linear tray hydraulics, ΔL_j = ΔM_j /τ_h

2.3. PART I. STARTUP OF A BATCH COLUMN 33

and the equations for the column section, Eq. 2.3-2.5, and for the condenser, Eq. 2.6-2.8, are replaced by:

column tray, j=1,N:

dH_j/dt = L_{j−1} + V_{j+1} − L_j − V_j (2.13) d(H_jx_j)/dt = L_{j−1}x_{j−1} + V_{j+1}y_{j+1} − L_j x_j − V_jy_j (2.14) V_j = V_{j+1} (INIT-2) (2.15)

V_j = { 0 if H_j < 0.2 · H^{spec}_j (INIT-3) V_{j+1} otherwise

(2.15)

L_j = { 0 if H_j < H^{spec}_j L^o_j +^{Hj−Hoj}_{τh} otherwise

(2.16)

condenser and condenser drum:

dH_c/dt = V_1 − L − D (2.17) d(H_Cx_D)/dt = V_1y_1 − Lx_D − Dx_D (2.18) L = { 0 if H_C < H^{spec}_C R · V_1 otherwise

(2.19)

The initialization variables for the different procedures are given in Table 2.2.

Table 2.2: Initial values for filling procedures INIT-1, INIT-2, and INIT-3 (—: no composition specified since the holdup is zero).

INIT-1 INIT-2,3 accumulator — — H^o_A = 0 H^o_A = 0 condenser x^o_D = x_F — H^o_C = H^{spec}_C H^o_C = 0 trays x^o_j = x_F — H^o_j = H^{spec}_j H^o_j = 0 x^o_B = x_F x^o_B = x_F reboiler H^o_B = H_F H^o_B = H_F − ∑N H^o_j − H^o_C

Results for comparison of filling procedures

The initial tray holdups H_j , liquid flows L_j and tray compositions x_j for example 7 (x_F = 0.1 and H_j = 0.05 kmol) are plotted in Figure 2.2 for the three procedures. The initial peaks in compositions for INIT-3 are due to composition changes caused by the initial filling of 20% of the tray holdups.

Figure 2.2: Initial tray holdups H_j , liquid flows L_j and tray compositions x_j for filling procedure INIT-1 (left), INIT-2 (middle) and INIT-3 (right) (example 7, t_{eq} = 0.58 hr).

The difference between the responses for the three procedures is quite significant. Nevertheless, from Table 2.1 we see that the equilibrium times for the different filling procedures are almost identical for all the examples. For mixtures rich in light component (large x_F ) together with large tray holdups there is some difference; in the extreme case about 5% (example 16: x_F = 0.8 and H_j = 0.1 kmol where t^{98%}_{eq} = 0.236 hr for INIT-1 and t^{98%}_{eq} = 0.223 hr for INIT-3). Note that when the amount of initial filling is increased in INIT-3, the equilibrium time will be somewhat reduced.

It should be noted that including the filling of the trays (INIT-2 or INIT-3) in optimizations is time consuming due to the very small integration steps needed initially. Also, with the optimization program used in this study (Vassiliadis, 1993), it was found that the calculations of sensitivities (needed to find the new search directions in optimization) may in some cases be infeasible for INIT-2 and INIT-3.

The filling procedure normally used in the literature is INIT-1 (assuming feed composition on all trays and in the condenser initially). Based on the results in this paper, it can be concluded that procedure INIT-1 is indeed in most cases accurate enough when the objective is to describe the duration of the startup period. However, it must be emphasized that the filling procedures are purely mathematical formulations. They do not define the filling of the column in real practice. In the rest of this paper we will use INIT-1 for initialization.

2.3.5 Effect of operating parameters on equilibrium time

We now discuss in more detail the effect of operating parameters on the equilibrium time. Some of the results from Table 2.1 are plotted in Figure 2.3 where we show the effect on the equilibrium time, t^{98%}_{eq} , of changes in internal tray holdup ( ∑N H_j /H_F · 100%), condenser drum holdup (H_C /H_F · 100%), feed composition, relative volatility and number of trays (tray efficiency). Note that in the last case with varying number of trays N (bottom plot), the total column holdup ∑N H_j is constant. This is equivalent to assuming that the tray efficiency has increased, e.g. by changing the packing material in a packed column.

Results

From Figure 2.3 we find that the equilibrium time t^{98%}_{eq} is:

• slightly more than proportionally increasing with increasing tray holdup H_j

• slightly more than proportionally increasing with increasing condenser holdup H_C

• decreasing with increasing feed composition x_F (light component)

• decreasing with increasing relative volatility α

• decreasing with increasing number of trays N (with total tray holdup constant)

The proportional increase in equilibrium time with increasing column holdup H_j and condenser holdup H_C is expected since this directly increases the residence time. The reason why it increases slightly more than proportionally when the holdup is increased is due to the fact that the composition in the reboiler changes which results in a more difficult separation. (Mujtaba and Macchietto (1991) have some further discussion on holdup effects).

The equilibrium time increases with decreasing feed composition, relative volatility and number of trays. This is as expected since the separation then becomes more difficult. Note in particular the sharp increase in equilibrium time as the feed composition approaches zero. The smallest value of x_F given in Figure 2.3 is x_F = 0.05 (Example 3) with an equilibrium time of 1.1 hr. However, if x_F is reduced to 0.005 (not given in Table 2.3) then the equilibrium time increases from 1.1 hr to 3.6 hr. However, note that the distillate composition is significantly reduced, x^{ss}_D = 0.31.

Note that with our dynamic model, the equilibrium time will decrease with V_B; if the boilup rate V_B is decreased with a factor of 10 the equilibrium time will be increased by the same factor. This is a result of the assumptions in our model were the heat capacities in the column wall and internals are neglected and the tray efficiency and initial tray holdup is assumed independent of liquid and vapor flow.

Figure 2.3: Equilibrium time t^{98%}_{eq} for filling procedures INIT-1 (—), INIT-2 (- -) and INIT-3 (-·-) under varying conditions.

Our results are mostly in agreement with those found by Abdul Aziz et al. (1992) who used a definition of equilibrium time, x_D(t_{eq}) = 0.95. However, they found a different dependency on the number of trays N since they used a constant tray holdup H_j for all trays such that the total internal column holdup ∑N H_j changed with N (equivalent to an increase in the height of the column).

In conclusion we have found that the equilibrium time will be long for difficult separations (low relative volatility, few trays), for large holdups and when only a small amount of light component is present in the feed. In part II of this paper we will present optimal startup times for different cases taking the whole operating time (startup and production) into account.

2.3.6 Dependency on the definition of equilibrium time

We have in this paper defined the equilibrium time to be the time when the distillation composition has reached 98% of its steady state value at total reflux relative to the feed composition:

I x_D(t^{98%}_{eq} ) = x_F + 0.98(x^{ss}_D − x_F ) (this paper, Eq. 2.12)

Other definitions used in the literature are:

II x_D(t_{eq}) = x^{ss}_D − 0.1(x^{ss}_D − αx^{ss}_B ) (Jackson and Pigford, 1956)

III dx_D(t_{eq})/dt < 0.01 hr^{−1} (Luyben, 1971)

IV x_D(t_{eq}) = x^{ss}_D − 10^{−4} (González-Velasco et al., 1987)

V x_D(t_{eq}) = 0.95 (Abdul Aziz et al., 1992 and González-Velasco et al., 1987)

Definition II is similar to Definition I and depends on the approach to equilibrium using relative values. Definitions III and IV both involve the approach to equilibrium in some sense but using absolute instead of relative values. The results for different separations will therefore not be directly comparable for any of them. Definition V involves a given concentration and will not even be attainable for low purity separations.

The required equilibrium time for the different definitions are given in Table 2.3 for three examples. It can be seen that the equilibrium time varies considerably with its definition as expected. Definitions II and III give a varying approach to equilibrium depending on the given example. Definition IV is very strict; giving a long equilibrium time which takes the column very close to steady state. Definition V is found to give an infinite equilibrium time for example 4 since x^{ss}_D = 0.93 < 0.95.

Table 2.3: Equilibrium time for different definitions.

example x^{ss}_D I II III IV V t^{98%}_{eq} , hr t_{eq}, hr t_{eq}, hr t_{eq}, hr t_{eq}, hr 4 0.9343 1.874 0.842 2.512 5.162 ∞ 7 0.9926 0.506 0.311 0.844 1.191 0.398 11 0.9995 0.179 0.098 0.325 0.404 0.103

It must be emphasized that we are not stating that our definition is the right one, merely that relative values should be used. The factor 0.98 was arbitrarily selected and should probably be increased (e.g. to 0.995) for difficult separations with high purity demands and relaxed (e.g. to 0.95) for easier ones with lower purity. One possibility to reduce the dependency on such a factor is to consider logarithmic compositions instead, e.g. X = ln[x/(1 − x)]. This has not been considered in this paper.

Figure 2.4: Dynamic responses for examples 1 and 11 (INIT-1 for initialization) (Note that the y-axis is different for the reboiler composition x_B).

2.3.7 Dynamic responses for startup

In the previous sections we have discussed the equilibrium time for a number of examples. In all the cases, the equilibrium time was defined according to Eq. 2.12, that is depending on the approach to steady state in the top of the column. An obvious question will then be: Is the approach to equilibrium different for the rest of the column and how does the dynamic response depend on the given separation?

Consider Figure 2.4 where the approach to equilibrium is given for the distillate composition x_D, the tray compositions x_j and the reboiler composition x_B for example 1 and 11. Example 1 has a very low feed composition and tray holdup (x_F = 0.05 and H_j = 0.001 kmol) and yields t^{98%}_{eq} = 0.275 hr. Example 11 has both a larger composition and a larger holdup (x_F = 0.5 and H_j = 0.05 kmol) and yields t^{98%}_{eq} = 0.179 hr. Note that all the responses start from the feed composition x_F since INIT-1 is used for initialization.

The responses have a different shape in the two examples; initially x_D increases almost linearly in example 1 but exponentially in example 11. The tray compositions also have a different response and are almost S-shaped for some trays. This difference is independent of the filling procedure.

For both examples, the reboiler composition is only slightly reduced from that of the feed. This is due to the gradual depletion of light component from the reboiler. If the reboiler holdup had been very large compared to the holdup in the column section and condenser, the reboiler composition would have been unchanged (this is assumed in the derivation of a short cut formula for required equilibrium time in Section 2.5.2).

For both examples, equilibrium is reached first in the top of the column. This is best seen by plotting the normalized compositions; see Figure 2.5. The compositions are

Figure 2.5: Normalized dynamic responses for examples 1 and 11.

normalized according to: x^{norm}(t) = x (t) − x^o x^{ss} − x^o (2.20)

From Figure 2.5 it can be seen clearly that the responses vary with location in the column and with the feed mixture. In particular, the responses in the bottom of the column are slower than those in the top. (In our later development of a short cut formula in Section 2.5.2 we assume that all the trays have the same first order response which is clearly not the case.) The responses can not be approximated by any simple function, e.g. first order, second order etc.

Note that the normalized responses for the lower trays in the column go below zero (e.g. Figure 2.5, top middle plot). In other words, there is an inverse response (opposite direction of final change) for these trays. This effect is due to the assumption of initially filled trays (INIT-1) and is not observed if the filling of the trays is taken into account (INIT-2 or INIT-3) and would therefore probably not occur in practice.

2.3.8 Summary of Part I

In this section we have defined the equilibrium time to be the time to reach 98% approach to equilibrium in the top of the column relative to the feed composition. We have found that the equilibrium time will be long for separations with low relative volatility, few trays, large holdups and when only a small amount of light component is present in the feed. The approach to equilibrium is found to be quicker in the top of the column than in the bottom. We have also found that it is not necessary to include the initial filling of the trays and the condenser in optimizations studies where only the duration of the equilibrium time is of importance and not the exact responses.

2.4 PART II. Significance of startup time for optimal operation

As mentioned in the introduction, the startup time for a given separation may be long and in some cases more than 50 % of the total operating time. In this part we will discuss under which conditions the startup time is significant compared to the total operating time. To the best of our knowledge, no such comparison has been made in the literature so far.

We will consider a binary mixture separated into two or three fractions (see Figure 2.6):

Two fractions. After the initial startup period under total reflux (t_{startup}), there is a production period (time t_1) where a light product with mole fraction x_A and amount H_A is accumulated.

Three fractions. After the first production period (t_1), there is a second production period (time t_2) where an intermediate off-cut is produced (with composition x_{off} and amount H_{off} ) and collected in a second accumulator tank.

In both cases, the heavy product is the residual material in the reboiler with mole fraction x_R and amount H_R. Note that this residual also includes the holdup in the condenser and the column section which is assumed to be drained to the reboiler at the end of the batch. (If the condenser holdup was large, one would probably want to drain this to the accumulator instead).

Figure 2.6: Binary separation into two main cuts and one off-cut.

In the following we will consider an operating policy with constant reflux ratios R_1 and R_2 in each of the two production periods. For a given separation the optimal startup time t^{opt}_{startup}, the times to reach the specifications for the product cuts, t_1 and t_2, and the corresponding constant reflux ratios R_1 and R_2 can be found by minimizing the total operating time t_{tot}: min t^{opt}_{startup},t_1,R_1,t_2,R_2 t_{tot} = t^{opt}_{startup} + t_1 + t_2 (2.21)

2.4. PART II. SIGNIFICANCE OF STARTUP TIME FOR OPTIMAL OPERATION41

In addition, there are constraints on the composition and recovery percentage of light product at t_1 and heavy product at t_2:

x_A(t_1) ≥ x^{spec}_A (2.22)

100% · x_AH_A x_F H_F (t_1) ≥ % light recovery (2.23)

x_R(t_2) ≤ x^{spec}_R (2.24)

100% ·

(1 − x_R) H_R (1 − x_F ) H_F

(t_2) ≥ % heavy recovery (2.25)

Also, there may be upper and lower bounds on times and reflux ratios. However, all the constraints are not necessarily active at the optimal solution (inequalities instead of equalities). Note that if we had not allowed for the off-cut, only two constraints could be independently specified due to the total mass and component balances:

H_A + H_R(+H_{off} ) = H_F (2.26) H_Ax_A + x_RH_R(+x_{off} H_{off} ) = x_F H_F (2.27)

The dynamic model is given by Eq. 2.1-2.11 and the initial compositions are assumed to be equal to the feed composition (INIT-1). The column is run under total reflux during startup (R_{startup} = 1.0).The optimization program DAEOPT (Vassiliadis, 1993) is used with an optimization accuracy of 10^{−4}. The purpose of this study is to investigate the relative importance of the startup time for a given separation. We do therefore not consider what is done with the off-cut after the separation, e.g. recycling back to the next feed charge or separate reprocessing.

2.4.1 Optimal results

Optimal results for several cases are given in Table 2.4. The specifications are chosen so as to illustrate the influence of startup time for different types of separations (varying purity and recovery specifications). Cases C1 and C2 correspond to example 31 in Table 2.1, cases C3 and C4 to example 32 and cases C5, C6 and C7 to example 33. For all cases the total holdup in the column section ∑N H_j is 1% of the initial charge. The condenser drum holdup H_C is assumed to be 0.25% of the initial charge for cases C1 and C2 and 1% for the others. A time t_2 equal to zero means the constraints are met without the production of an off-cut (C2, C3 and C6). Note that for some cases (C2, C3, C6 and C7), not all the constraints are active (for example C2 where x_R = 0.0025 < 0.01 = x^{spec}_R ). This will in general be the case when an off-cut is not produced (C2, C3 and C6) since then only two constraints can be independently specified.

The approach to equilibrium given in Table 2.4 is defined as:

% approach to equilibrium = x_D ( t^{opt}_{startup} ) − x_F x^{ss}_D − x_F · 100% (2.28)

Let us now consider the results in more detail. For case C1, the startup time is almost 70% of the total operating time. In this case only a very small amount of light component

42 CHAPTER 2. OPTIMAL STARTUP PROCEDURES FOR BATCH . . .

Table 2.4: Optimal results (minimum operating time) for different separations for a piecewise constant reflux policy with one startup period and one or two production periods (H_F = 10 kmol and V_B = 10.0 kmol/hr for all cases) (^∗: on the lower bound, −: not specified).

Cases:

C1 C2 C3 C4 C5 C6 C7 (Ex 31) (Ex 31) (Ex 32) (Ex 32) (Ex 33) (Ex 33) (Ex 33) N 20 20 10 10 10 10 10 α 4.0 4.0 3.0 3.0 2.0 2.0 2.0 H_j, kmol 0.005 0.005 0.01 0.01 0.01 0.01 0.01 H_C , kmol 0.025 0.025 0.1 0.1 0.1 0.1 0.1 x_F 0.005 0.005 0.05 0.05 0.5 0.5 0.5 Specifications:

x^{spec}_A 0.5 0.9 0.99 0.95 0.95 0.99 0.9 % light recovery 90 50 75 - 75 90 - x^{spec}_R 0.0001 0.01 0.05 0.01 0.05 0.1 0.01 % heavy recovery 90 - - 90 75 - 90 Results:

x_A 0.500 0.900 0.990 0.950 0.950 0.990 0.955 % light recovery 90.00 50.00 75.00 9.88 75.00 90.00 83.04 x_R 0.00010 0.0025 0.013 0.010 0.050 0.092 0.010 % heavy recovery 90.00 99.97 99.96 90.00 75.00 99.09 90.00 x_{off} 0.0043 - - 0.277 0.500 - 0.725 t^{opt}_{startup}, hr 0.886 0.556 0.183 0.162 0.031 0.077 0.035 t_1, hr 0.009 0.003 2.285 0.0008 1.652 4.674 2.178 R_1, hr 0.01^∗ 0.01^∗ 0.983 0.342 0.761 0.903 0.800 t_2, hr 0.387 0 0 0.699 0.860 0 1.963 R_2, hr 0.754 - - 0.806 0.755 - 0.944 t^{opt}_{tot} , hr 1.282 0.559 2.468 0.862 2.543 4.751 4.175 t^{opt}_{startup}/t^{opt}_{tot} ·100% 69.1 % 99.5 % 7.4 % 18.8 % 1.2 % 1.6 % 0.8 % x_D(t^{opt}_{eq} ) 0.9984 0.9927 0.9841 0.9609 0.8246 0.9725 0.8450 x^{ss}_D 0.9995 0.9995 0.9998 0.9998 0.9995 0.9995 0.9995 approach to eq. 99.9 % 99.3 % 98.3 % 95.9 % 65.0 % 68.7 % 69.0 %

(impurity) is to be recovered from the feed charge leaving a heavy product of high purity. (It should be noted that the startup time is significantly reduced if there is no purity constraint on the light product).

For case C2, the startup time is 99.5% of the total operating time. The optimal solution is in fact a cyclic operating policy with one cycle (see Chapter 3 of this thesis) where a condenser drum holdup equal to the desired amount of light product is used and the column is run under total reflux until the desired product is obtained.

For case C5, which is an easy equimolar separation with lower product purities, the

2.4. PART II. SIGNIFICANCE OF STARTUP TIME FOR OPTIMAL OPERATION43

startup time is only 1 % of the total operating time. The results depend of course on the specifications for the product compositions and the percentage of recovery of the components. If a high percentage of recovery with a high purity is desired, the startup time will be longer than if the specifications are less strict. This is illustrated by case C3 and C4 which only differ in the specifications for the products.

We see from Table 2.4 that the approach to equilibrium at the end of the startup time varies considerable between the cases (99.9 % for case C1 to 65.0 % for case C5). Thus, the approach to equilibrium during startup will, as the startup time, depend on the mixture and the specifications.

In summary, the startup time will be significant compared to the total operating time for difficult separations (high purities and recoveries) and when the combined column and condenser holdup is large. The last conclusion regarding holdup follows from the fact that the equilibrium time increases proportionally with holdup (see Figure 2.3 and Part III in this paper) whereas the total operating time increases much less than proportionally (see Chapter 3 of this thesis).

2.4.2 Optimal results with pre-specified startup time

In the investigation of equilibrium time in Part I we used the time for 98% approach to equilibrium (Eq. 2.12). This definition clearly does not correspond to the optimal startup time. For difficult separations the column is run closer to steady state than for easier separations as seen in the previous section. The question is now how sensitive the results are to the exact value of the startup time. To this effect, we select the startup time equal to the equilibrium time t^{98%}_{eq} (Eq. 2.12) and compute the corresponding optimal total operating time t^{98%}_{tot} . (The results are found by first running a simulation under total reflux to find the steady state distillate composition x^{ss}_D and thereby the startup time t^{98%}_{eq} . In the new optimizations, the startup time is pre-specified to this value and t^{98%}_{tot} is found.) These values are compared with the previous optimal values in Table 2.5.

Table 2.5: Optimal results (minimum operating time t^{98%}_{tot} ) for different cases when the startup time is pre-specified, t_{startup} = t^{98%}_{eq} .

C1 C2 C3 C4 C5 C6 C7 (Ex 31) (Ex 31) (Ex 32) (Ex 32) (Ex 33) (Ex 33) (Ex 33) t^{98%}_{eq} , hr 0.429 0.429 0.179 0.179 0.100 0.100 0.100 t^{98%}_{tot} , hr 1.287 0.909 2.469 0.863 2.589 4.760 4.218 t^{98%}_{eq} /t^{opt}_{startup} 0.51 0.81 0.98 1.10 3.23 1.30 2.86 t^{98%}_{tot} /t^{opt}_{tot} 1.004 1.626 1.000 1.001 1.018 1.002 1.010

Interestingly, although the startup time is quite different (t^{98%}_{eq} /t^{opt}_{startup} ≠ 1), the increase in total operating time as expressed by t^{98%}_{tot} /t^{opt}_{tot} is very small for all the cases studied (except for case C2 where a cyclic operating policy is more optimal than the reflux policy studied here).

Total operating time as a function of startup time

For a given prespecified startup time one may compute the optimal total operating time. This relationship is shown graphically in Figure 2.7 for cases C3, C5 and C7. We see that

Figure 2.7: Total operating time t_{tot} as a function of startup time t_{startup} for cases C3, C5 and C7 (Note that the scaling is different).

for all cases, the total operating time increases moderately when the operating time is longer than optimal. However, the optimum is very flat for cases C5 and C7 but not for case C3. For case C3 there is a very large penalty in terms of longer operating time when the startup time is less than the optimal value. Two factors contribute to this:

1. The startup time and approach to equilibrium is more important for cases where the tightest specification is for the light product (case C3).

2. The startup time and approach to equilibrium is less important when an off-cut is produced since then there are more degrees of freedom (cases C5 and C7).

2.4.3 Summary of Part II

In this section we have compared the optimal startup time with the optimal total operating time for several cases. It was found that the startup time is a considerable part of the total operating time for difficult separations with high purity and recovery specifications. This is as expected. However, the actual duration of the startup time is of limited significance unless it is very different from the optimal value. The correct startup time is most important for separations with high purity constraints for the lightest product since this is the component taken off first.

2.5 PART III. Estimation of equilibrium and startup time

In the previous section we found that the optimal startup time varies considerable with the type of separation. We found that selecting the startup time equal to the 98% equilibrium time (Eq. 2.12) gives a close to optimal total operating time and this value can therefore be used as an estimate for the required startup time. However, to calculate this value, a detailed dynamic model is needed. In this part we will therefore present a short cut formula for a-priori estimation of the required equilibrium time. This formula only depends on parameters that are usually known or can be easily estimated (number of trays, relative volatility, feed composition, holdups and flows).

We will start by giving a brief overview of previous work. Then a short cut formula for the time constant τ_{est} = t^{63%}_{eq} is presented. The derivation of the formula is given in Appendix. We compare estimate values with those found from simulations and we will show that the short cut formula presented here can be used to obtain a good estimate for the equilibrium time and thereby the startup time for a given separation.

2.5.1 Previous work

Some of the early work on batch distillation focused on estimating equilibrium time, for example, Huffman and Urey (1937), Cohen (1940), Berg and James (1948), Jackson and Pigford (1956) and Sellers and Augood (1956). The work prior to 1961 has been reviewed by Archer and Rothfus (1961).

Huffman and Urey (1937) studied the equilibrium time of a fractionating column for the separation of oxygen isotopes and developed an equation for the estimation of equilibrium time for these systems (characterized by a very small difference in volatility, α ≈ 1.0). The derivation was based on the assumption that ”the time needed to achieve the steady state is equal to the quantity of the more volatile component needed to fill the column divided by the rate of flow of the component into the column from the reboiler”. Isotope systems were also studied by Cohen (1940) and Sellers and Augood (1956). In their papers, the rate of approach to equilibrium was estimated from an analytical solution of the differential equations describing the system. In the case of isotope separations, equilibrium is found to be approximated only after many days of total reflux operation.

Berg and James (1948) rederived and modified the theoretical equations from Cohen (1940) in order to permit the determination of startup times for columns commonly encountered in industrial practice. They derived equations which allow the prediction of the time involved in reaching a given reflux composition. However, we found their equations to yield totally misleading estimates with some equilibrium times up to 1000 times longer than those from simulations. Therefore, no further discussion on their approach is given in this paper.

2.5.2 Short cut formula for the estimation of equilibrium time

In this part of the paper, we will compare simulated equilibrium times with equilibrium time constants estimated from a model presented by Jackson and Pigford (1956). The equilibrium time constant is defined as the time needed to reach 63% (0.63=1-exp(-1)) of the steady state condition:

τ = t^{63%}_{eq} (2.29)

Figure 2.8: First order response with time constant τ .

Jackson and Pigford (1956) derived the following expression for τ_{est} based on the assumption given by Huffman and Urey (1937) (”the time needed to achieve...”): τ_{est} = ( NH_j + H_C L ) (x̄^{ss} − x_F y_F − x_F ) (2.30)

Jackson and Pigford (1956) derived this expression from a qualitative starting point, but we present in Appendix a detailed derivation following that of Skogestad and Morari (1987) for continuous columns. The main assumptions for deriving this formula are: A10 All trays have the same response (clearly a poor assumption as can be seen from Figure 2.5).

A11 The reboiler holdup is much larger than the holdup in the column section and condenser.

The assumption of identical responses yields: Δx_j(t) = Δx_j(1 − k(t)) where Δx_j(t) = x_F − x_j(t) Δx_j = x_F − x^{ss}_j By using material balances (see Appendix) we get a first order response where k(t) is given by k(t) = exp(−t/τ_{est}) (2.31) and illustrated in Figure 2.8. The estimated time to reach 98% approach to equilibrium, t^{98%}_{est} , can then be calculated from: 1 − exp ( −t^{98%}_{est} /τ_{est} ) = 0.98 (2.32) and we find that t^{98%}_{est} = 3.9τ_{est} (2.33)

Below we shall compare t^{98%}_{est} = 3.9τ_{est} with the simulated value t^{98%}_{eq} (more precisely we will compare τ_{est} with t^{98%}_{eq} /3.9).

The average steady state composition in the column and the condenser, x̄^{ss} in Eq. 2.30, is calculated from one of the following three equations (see Appendix):

1. Exact relationship for case with infinite reboiler (no change in reboiler composition)

x̄^{ss}_1 = ∑N H_j^{αN+1} �j_{xF} 1+(α^{N+1}�^j −1)x_F + Hc α^{N+1}x_F 1+(α^{N+1}−1)x_F NH_j + H_C (2.34)

2. Simplified expression by Jackson and Pigford (1956)

x̄^{ss}_2 = 1 2 ln (_{1+} (α^{N+1}−1)xF 1+(α−1)x_F ) (_{1+} (α^{N+2}−1)xF 1+(α^2−1)x_F ) N ln α (2.35)

3. Short cut formula by Skogestad and Morari (1987)

x̄^{ss}_3 = 1 + 1 N ln α ln 1�x_{FxF} − 1 −1 (2.36)

One advantage with the last two expressions, and in particular the last one x̄^{ss}_3 , is that the calculations involved are much simpler than for x̄^{ss}_1 .

In the following we will compare the estimated time constant τ_{est} with t^{98%}_{eq} /3.9 obtained from simulations. The estimated time constant is given for the three average steady state compositions x̄^{ss} (Eq. 2.34-2.36) and is denoted τ_{est1}, τ_{est2} and τ_{est3}.

Comparison with simulations

The average compositions x̄^{ss}_1 , x̄^{ss}_2 and x̄^{ss}_3 and the corresponding estimated time constants, τ_{est1}, τ_{est2} and τ_{est3} are given in Table 2.6. The corresponding values from dynamic simulations, x̄^{ss}_{sim}, t^{98%}_{eq} and t^{98%}_{eq} /3.9 are also given. The examples are from Table 2.1. Note that identical examples have been omitted (Example 7=21=24=27). The time constants and the equilibrium time are compared in Figure 2.9.

It is found that the average column and condenser compositions x̄^{ss}_1 , x̄^{ss}_2 and x̄^{ss}_3 deviate from those found from simulations x̄^{ss}_{sim} and as expected x̄^{ss}_1 shows the smallest deviation. (The difference between x̄^{ss}_1 and the simulated value x̄^{ss}_{sim} is due to the assumption of infinite reboiler holdup.) The mean deviation between x̄^{ss}_1 and the simulated value x̄^{ss}_{sim} is 0.071 whereas the deviation for x̄^{ss}_2 or x̄^{ss}_3 is 0.122 and 0.115 respectively. Nevertheless, since x̄^{ss}_3 is much easier to compute, it may be preferred.

The time constants τ_{est1}, τ_{est2} and τ_{est3} differ as expected since the average compositions x̄^{ss}_1 , x̄^{ss}_2 and x̄^{ss}_3 are different. For all the examples in Table 2.6, the estimated time constant τ_{est} is much larger than the time constant t^{98%}_{eq} /3.9 found from simulations (see Figure 2.9, left plot). The main reason for this deviation is that t^{98%}_{eq} is defined at the top

48 CHAPTER 2. OPTIMAL STARTUP PROCEDURES FOR BATCH . . .

Table 2.6: Average compositions x̄^{ss}_1 , x̄^{ss}_2 and x̄^{ss}_3 , time constants τ_{est1}, τ_{est2} and τ_{est3} and x̄^{ss}_{sim}, t^{98%}_{eq} and t^{98%}_{eq} /3.9 from simulations. (The amount of feed is H_F = 10.0 kmol in all cases).

Ex. x̄^{ss}_1 x̄^{ss}_2 x̄^{ss}_3 x̄^{ss}_{sim} τ_{est1} τ_{est2} τ_{est3} t^{98%}_{eq} t^{98%}_{eq} /3.9 hr hr hr hr hr 1 0.957 0.705 0.575 0.952 0.221 0.159 0.128 0.275 0.072 2 0.804 0.705 0.575 0.777 0.333 0.290 0.232 0.402 0.105 3 0.679 0.705 0.575 0.556 0.835 0.869 0.697 1.062 0.276 4 0.651 0.705 0.575 0.399 1.461 1.593 1.277 1.874 0.487 5 0.970 0.793 0.683 0.968 0.117 0.093 0.078 0.155 0.040 6 0.854 0.793 0.683 0.843 0.184 0.169 0.143 0.214 0.056 7 0.760 0.793 0.683 0.704 0.484 0.508 0.428 0.506 0.132 8 0.739 0.793 0.683 0.612 0.859 0.931 0.784 0.924 0.240 9 0.993 0.955 1.000 0.993 0.033 0.030 0.033 0.087 0.023 10 0.962 0.955 1.000 0.960 0.055 0.055 0.060 0.100 0.026 11 0.936 0.955 1.000 0.931 0.157 0.164 0.180 0.179 0.047 12 0.931 0.955 1.000 0.919 0.284 0.300 0.330 0.289 0.075 13 0.998 0.987 1.000 0.998 0.025 0.023 0.025 0.081 0.021 14 0.988 0.987 1.000 0.988 0.042 0.042 0.045 0.091 0.024 15 0.981 0.987 1.000 0.979 0.122 0.126 0.135 0.150 0.039 16 0.979 0.987 1.000 0.976 0.222 0.232 0.248 0.236 0.061 17 0.807 0.793 0.683 0.797 0.130 0.127 0.107 0.137 0.036 18 0.854 0.793 0.683 0.843 0.184 0.169 0.143 0.214 0.056 19 0.949 0.793 0.683 0.923 0.622 0.508 0.428 0.960 0.250 20 0.739 0.793 0.683 0.686 0.429 0.466 0.392 0.421 0.109 22 0.854 0.793 0.683 0.757 0.922 0.846 0.713 1.429 0.372 23 0.573 0.582 0.458 0.514 0.662 0.675 0.501 1.213 0.315 25 0.862 0.905 0.800 0.818 0.305 0.322 0.280 0.199 0.052 26 0.543 0.613 0.366 0.485 0.325 0.376 0.195 0.644 0.167 28 0.840 0.861 0.789 0.795 0.543 0.558 0.505 0.376 0.098 29 0.880 0.896 0.842 0.843 0.572 0.584 0.544 0.311 0.081 30 0.904 0.917 0.873 0.872 0.590 0.599 0.567 0.274 0.071 Deviation 0.071 0.122 0.115

of the column which responds much faster than the trays inside the column (recall Figure 2.5) which is used for calculating the average composition. In addition, the assumption of identical responses on all stages is clearly incorrect.

As a final remark we note with some surprise that the estimated time constant τ_{est} in most cases is quite close to the equilibrium time t^{98%}_{eq} (and not t^{98%}_{eq} /3.9) (see Figure 2.9, right plot). In the following we shall compare the estimated time constant τ_{est} with the equilibrium time t^{98%}_{eq} and the optimal startup time t^{opt}_{startup}.

Figure 2.9: Deviation of estimated equilibrium time constant τ_{est} from a) simulated time constant ((τ_{est} − t^{98%}_{eq} /3.9)/t^{98%}_{eq} /3.9) and b) simulated 98% equilibrium time ((τ_{est} − t^{98%}_{eq} )/t^{98%}_{eq} ).

Table 2.7: Optimal startup time t^{opt}_{startup}, 98% equilibrium time t^{98%}_{eq} and estimated time constants τ_{est1}, τ_{est2} and τ_{est3}. Case t^{opt}_{startup} t^{98%}_{eq} τ_{est1} τ_{est2} τ_{est3} hr hr hr hr hr C1 0.886 0.450 0.733 0.746 0.684 C2 0.556 0.450 0.733 0.746 0.684 C3 0.183 0.179 0.194 0.187 0.158 C4 0.162 0.179 0.194 0.187 0.158 C5 0.031 0.100 0.055 0.055 0.060 C6 0.077 0.100 0.055 0.055 0.060 C7 0.035 0.100 0.055 0.055 0.060

Comparison with optimal startup time

From a practical point of view it is more interesting to compare the estimated equilibrium time constant τ_{est} with the optimal startup times found in Part II (see Table 2.4 and 2.5). In Table 2.7 the optimal startup time, t^{opt}_{startup}, and the simulated time to reach 98% approach to equilibrium, t^{98%}_{eq} , are given together with the estimated time constants calculated from Eq. 2.30 for cases C1 to C7 in Part II.

We see that the estimated time constants are quite close to the optimal startup times. Also keep in mind the results from Part II where we found that the startup time had a limited influence on the total operating time unless it was very different from the optimal value. The estimated time constant τ_{est} therefore provides a good estimate for the startup time and we recommend to use: t_{startup} ≈ τ_{est} (2.37)

2.5.3 Summary of Part III

In this part we have presented a short cut formula for the estimation of required startup time. Three different versions of the formula have been investigating depending on the estimation of the average composition in the column and condenser. We have found that the three estimated time constants τ_{est1}, τ_{est2} and τ_{est3} all provide good estimates for the startup time for several cases. The average column and condenser composition x̄^{ss} calculated from the three different versions, all deviate from the simulated value. However, this deviation is of little importance compared to the assumptions made in the development of the formula. We therefore recommend to use the simplest equation, Eq. 2.36 (x̄^{ss}_3 ). The following equations should therefore be used for the estimation of startup time: t_{startup} ≈ τ_{est} = ( NH_j + H_C L ) (x̄^{ss} − x_F y_F − x_F ) (2.38)

x̄^{ss} = x̄^{ss}_3 = 1 + 1 N ln α ln 1�x_{FxF} − 1 −1 (2.39)

where t_{startup} is the estimated startup time and x̄^{ss} the average steady state composition in the column and condenser calculated from the short cut formula by Skogestad and Morari (1987).

2.6 PART IV. Improvements in the startup procedure

Obviously a quick composition change has to take place during the startup period in order to reach steady state or a prescribed reflux composition as soon as possible. Changes in the startup procedure and/or the equipment characteristics may be necessary in order to reduce the duration of this period. The following suggested improvements will be considered in the last part of this paper:

1. Partial backmixing equipment

2. Finite reflux with some reflux directly to the reboiler

3. Light material in the condenser drum initially

2.6.1 Previous work

Partial backmixing equipment. González-Velasco et al. (1987) proposed to modify the overhead equipment of the batch distillation unit in order to more closely approach a plug flow behavior within the condenser. They demonstrated that this behavior, instead of the normal complete mixing, reduces the inertia to composition changes and permits a more rapid startup of the unit. One of the modifications, partial backmixing equipment, is illustrated in Figure 2.10. The partial backmixing was run as follows: When drum 1

Figure 2.10: a) Usual equipment with backmixing in the condenser; and b) partial backmixing equipment with two condenser drums.

had been initially filled up during startup, the valve was closed and total reflux operation begun. The reflux was provided from drum 1 and the condensed vapor stored in drum 2. As soon as drum 1 was empty, drum 2 was completely full; at this time the valve was opened and liquid transferred from drum 2 to 1 during a period of time which was considered to be negligible. This cycle was repeated until steady state or a prescribed reflux concentration was reached. The authors reported time savings in the startup time of up to 25%.

Finite reflux with some reflux directly to the reboiler. González-Velasco et al. (1987) also proposed to return a portion of the condensed vapors as reflux to the column and the rest to the reboiler during the startup period. However, they did not considered the proposal in detail. The same procedure was also suggested by Domenech and Pibouleau (1989), who claimed that the sudden change in distillate composition at the beginning of the production period was thereby avoided and Albet et al. (1994) who stated that this procedure gives more flexibility to reach the desired distillate composition. A schematic representation of this configuration is given in Figure 2.11. Intuitively, this sounds more like a deterioration than an improvement as we will indeed show in the following.

Light component in the condenser drum initially. A third possible improvement in the startup procedure is to start the batch with either light product from the previous batch or pure light component in the condenser initially. This way, the reflux will already be at its prescribed value and steady state will be reached quicker. This mode of operation is particularly easy to implement if the light component is water. Luyben (1988) proposed to use the first off-cut from a batch to fill up the condenser drum prior to startup of the next batch. However, no results were given. One drawback with this method is that light component which has already been separated is returned to the column and re-processed. The time saved during startup must therefore compensate for a longer production time if this procedure is to be beneficial.

Figure 2.11: Batch distillation column with some reflux to the reboiler.

2.6.2 Partial backmixing equipment

In this section we will compare the equilibrium startup time, defined as the time for 98% approach to equilibrium (Eq. 2.12), for a number of cases using one condenser drum (conventional equipment) and two condenser drums (partial backmixing equipment). The following changes are made in the dynamic model to describe the case with two condenser drums (Eq. 2.6-2.8 replaced by):

condenser and condenser drums: dH_{C2}/dt = V_1 − L_{inter} (2.40) dH_{C2}x_{C2}/dt = V_1y_1 − L_{inter}x_{C2} (2.41) dH_{C1}/dt = L_{inter} − L − D (2.42) dH_{C1}x_D/dt = L_{inter}x_{C2} − Lx_D − Dx_D (2.43) R = L/V_1 (2.44) L_{inter} = { L^{max}_{inter} during dumping 0 otherwise

(2.45)

The tray holdups are assumed constant and with an initial composition equal to the feed composition (INIT-1). The bottom condenser drum is assumed initially filled (H^o_{C1} = H_C ) whereas the top drum is empty (H^o_{C2} = 0). The time to dump the content from the top drum to the bottom drum is assumed almost negligible (L^{max}_{inter} very large).

Results

The results are given in Table 2.8 for different feed compositions and condenser holdups. The condenser drum holdup H_C is 0.5, 2.5, 5 and 10% of the initial charge respectively. Note that the total drum holdup for the case with two condenser drums is equal to the holdup in the single drum case (H_{C1} + H_{C2} = H_C ). The total internal column holdup ∑N H_j is assumed to be 5% of the initial charge.

The difference in equilibrium time is small when x_F = 0.1, or when there is a low amount of light component in the feed. However, using two drums will actually slightly increase the equilibrium time for low x_F and large H_C . The largest time saving (12%) is

Table 2.8: Steady state distillate composition x^{ss}_D , equilibrium time t^{98%}_{eq} and % time saving for one and two condenser drums for different feed composition x_F and condenser drum holdup H_C . (Parameter values: N = 10, α = 2.0, V_B = 10.0 kmol/hr, H_j = 0.05 kmol, H_F = 10 kmol, INIT-1 for initialization).

Parameters distillate Equilibrium time x_F H_C composition one drum two drums % time kmol x^{ss}_D t^{98%}_{eq} , hr t^{98%}_{eq} , hr saving 0.05 0.9931 0.421 0.418 0.7% 0.1 0.25 0.9905 0.794 0.790 0.5% 0.5 0.9827 1.429 1.428 0.07% 1.0 0.8566 3.230 3.263 -1.0% 0.05 0.9995 0.144 0.143 0.7% 0.5 0.25 0.9994 0.295 0.280 5.1% 0.5 0.9994 0.502 0.458 8.8% 1.0 0.9993 0.927 0.814 12.2%

for the case with the largest feed composition and the largest condenser drum (x_F = 0.5, H_C = H_{C1} + H_{C2} = 1.0 kmol, t^{98%}_{eq} = 0.93 hr for one drum and t^{98%}_{eq} = 0.81 hr for two drums). González-Velasco et al. (1987) reported time savings from 2 to 25% using two drums instead of one. However, they only studied cases where the condenser holdup was 5 or 10% of the initial charge and the feed composition x_F = 0.5 to 0.6.

The distillate composition for operation with one and two condenser drums is given in Figure 2.12 for the case with x_F = 0.5 and H_C = 0.5 kmol. The distillate composition is stepwise constant for the case with two condenser drums. Also, for this case steady state is reached quicker when two drums are used.

Figure 2.12: Distillate composition x_D for one and two condenser drums when x_F = 0.5 and H_C = 0.5 kmol (Parameter values: N = 10, α = 2.0, V_B = 10.0 kmol/hr, H_j = 0.05 kmol, H_F = 10 kmol, INIT-1 for initialization).

It can therefore be concluded that the partial backmixing equipment is advantageous

Figure 2.13: Reflux ratio R, split ratio R_{split} and distillate composition x_D as a function of time for the cases with total reflux and finite reflux. (Parameter values: N = 10, α = 2.0, V_B = 10.0 kmol/hr, H_j = 0.05 kmol, H_F = 10 kmol, H_C = 10^{−6} kmol, x_F = 0.5, R=1.0 when t < 1 hr and 0.85 otherwise and R_{split} = 0.9 when t < 1 hr and 1.0 otherwise, INIT-1 for initialization).

if the feed composition x_F is large and the condenser holdup H_C has to be large too for some reason.

2.6.3 Finite reflux with some reflux directly to the reboiler

González-Velasco et al. (1987) discussed the possibility of running the column with a finite reflux ratio during the startup period, i.e. returning a portion of the condensed vapors as reflux and the rest to the reboiler. However, this method leads to a steady state with a lower distillate composition as indeed pointed out by González-Velasco et al. (1987). The advantage of this procedure is, according to Domenech and Pibouleau (1987), that the sudden change in distillate composition at the beginning of the production period is avoided. This is illustrated in Figure 2.13 where the distillate composition is given as a function of time for the conventional case with total reflux and the case with finite reflux during the startup period. The startup time is 1 hr in both cases. For the case with finite reflux, 10% of the total reflux flow is returned to the reboiler during the startup period. The main equations are given below:

V = L + L_{reb} + D (2.46) R = L L + D (2.47) R_{split} = L L + L_{reb} (2.48)

From the plot is can be seen that the steady state distillate composition is indeed lower for the finite reflux case. But the change in composition from t = 1 hr, the beginning of the production period, is less than for the total reflux case. However, by reducing the reflux ratio for the conventional case stepwise at the beginning of the production period, the sudden change in distillate composition can easily be avoided. In the example the condenser holdup is assumed negligible, but the same results are obtained with a finite condenser holdup. Therefore, there are no benefits in terms of time savings from using finite reflux to the reboiler instead of total reflux during the startup period.

2.6.4 Material in the condenser drum initially

If the material initially charged to the condenser drum has a higher purity than the feed, the startup period may be reduced. An obvious disadvantage is that material which has already been separated is recycled back to the process and has to be re-separated. The time saved during startup must therefore compensate for a longer separation time if this procedure is to be beneficial.

We here consider the following alternative startup procedures:

P1: Normal startup where the condenser is initially filled with feed, x^o_D = x_F (INIT-1).

P2: The condenser is initially filled with light product from the previous batch, x^o_D = x^{spec}_A . P3: The condenser is initially filled with pure light component, x^o_D = 1.0 (This may be reasonable if the light component is water).

The tray holdups are assumed negligible (to avoid numerical problems in optimization) and the feed is initially charged to the reboiler (except for the part in the condenser in P 1).

The optimal separation of a given mixture according to the four procedures can be found in terms of minimum operating time. Here, we consider a piecewise constant reflux ratio policy with one startup and one production period: min t^i_{startup},t^i_{prod},R^i_{prod} t^i_{tot} = t^i_{startup} + t^i_{prod} (2.49) where i is the given procedure P 1, P 2 or P 3. The constraints are given by

H_A ≥ H^{spec}_A + H^o_C (2.50) x_A ≥ H^{spec}_A x^{spec}_A + H^o_C x^o_D H^{spec}_A + H^o_C (2.51)

where H^o_C is the amount of added material for procedures P 2 and P 3. (H^o_C = 0 for procedure P 1.) In words, the problem is to find the optimal time periods t_{startup} and t_{prod} and the optimal constant reflux ratio R_{prod} which minimizes the total operating time t_{tot} subject to constraints on the composition and amount of accumulated product, x_A and H_A. (Equivalently we could have specified the compositions x_A and x_R.) Note that the startup time is also optimized. For procedures P 2 and P 3, the amount of light product added initially must also be removed during the course of operation if these procedures are to be beneficial (Eq. 2.50). For procedure P 3 this means that the purity specification is increased (Eq. 2.51). This will ensure the same purity and recovery of the heavy product (but will give a more difficult separation).

Table 2.9: Optimal results for a constant reflux ratio policy with one startup and one production period for procedure P1 (normal startup), P2 (light product in condenser initially) and P3 (pure light component in condenser initially). (Parameter values: N = 10, α = 2.0, V_B kmol/hr, H_F = 10 kmol, H_j = 1e − 6 kmol, INIT-1 for initialization). x_F H_C x^{spec}_A H^{spec}_A % light t^{P 1}_{tot} t^{P 2}_{tot} t^{P 3}_{tot} kmol kmol rec. hr hr hr 0.2 0.1 0.95 1.895 90 4.85 4.88 5.00 0.1 0.1 0.95 0.789 75 2.85 2.92 3.09 0.08 0.1 0.95 0.632 75 3.35 3.43 3.76 0.07 0.1 0.95 0.553 75 3.83 3.90 4.43 0.06 0.1 0.95 0.474 75 4.77 4.75 5.79 0.05 0.1 0.95 0.395 75 7.36 6.74 10.03 0.01 0.01 0.90 0.056 50 2.83 2.76 4.48

The dynamic model is given by Eq. 2.1-2.11. During startup the column is run under total reflux (R_{startup} = 1.0). The reflux ratio R_{prod} is constant during the production period. The optimization program DAEOPT (Vassiliadis, 1993) is used with an optimization accuracy of 10^{−4}.

Results

The optimal results for some examples are given in Table 2.9. It is found that filling the condenser drum with light product from the previous batch (P 2), may be beneficial for mixtures with a very low contents of light component. However, the time saved with procedure P 2 relative to the normal procedure P 1 is small. Filling the condenser with pure light component (P 3) yields in all cases a longer operating time than the normal procedure (P 1). However, note that the reflux ratio was assumed constant during the production period and a varying reflux ratio might yield different results. Also the effect of holdup was not considered.

The startup times for procedures P 2 and P 3 are negligible for all the examples, i.e. product removal can be started immediately. Thus although the startup time is reduced in procedures P 2 and P 3, this advantage is lost when the total operating time is considered.

2.6.5 Summary of Part VI

In this last section we have investigated alternative changes in the startup procedure and the equipment characteristics suggested to reduced the startup time. Using two condenser drums in series, here called partial backmixing equipment, is found to be advantageous when the feed is rich in light component (x_F large) and the condenser holdup H_C is large. Also, filling the condenser drum with light product from the previous batch may be beneficial for some mixtures. However, using finite reflux, with some reflux to the reboiler during the startup period, reduces the achievable purity in the column and should

2.7. CONCLUSIONS 57

therefore be avoided.

2.7 Conclusions

In this paper we have discussed various aspects of startup of a batch distillation column. A summary of the main results are given below.

• It is not necessary to include the filling of trays and condenser drum in optimization studies.

• When defining a measure for the necessary startup time for a batch column, relative and not absolute values should be used.

• The exact value of the startup time is of limited significance unless it is very different from the optimal value.

• A short cut formula can be used to provide an estimate for the required startup time.

• Using two condenser drums in series can reduce the startup time for some separations.

In this paper we have used a simplified model of the column and also the separations studied were not too difficult. In practice, the startup time will be significant for separations with very low relative volatilities, where the feed is low in one component and where the purity specifications for the product is very high (typically ppm-level of the undesired components). In addition, these separations often involve azeotropes. The validity of the short cut formula and the possible improvements in the startup procedure should therefore also be investigated for this type of mixtures.

The short cut formula is based on the assumption of equal first order responses in the column which is shown to be a poor assumption. Possible improvements should be considered.

58 CHAPTER 2. OPTIMAL STARTUP PROCEDURES FOR BATCH . . .

Notation D distillate flow kmol/hr H_A liquid holdup in accumulator kmol H_C liquid holdup in condenser drum kmol H_F amount of initial liquid feed charge kmol H_j liquid holdup on tray j kmol H^o_j initial liquid holdup on tray j kmol H_{off} amount of off-cut kmol H_R amount of residual in column, reboiler and condenser kmol L reflux flow kmol/hr L_{inter} liquid flow between first and second condenser drum (backmixing equipment) kmol/hr L_j liquid flow from tray j kmol/h L^o_j initial liquid flow from tray j kmol/hr L_{reb} reflux flow to the reboiler (finite reflux case) kmol/hr N number of trays in the column section (excl. reboiler and condenser) R internal reflux ratio =L/V_1 (or = L/(L + D) for finite reflux case) R_{split} split ratio between reflux to column section and reboiler (finite reflux case) t time hr t_{tot} total operating time hr t_{startup} startup time hr t^{98%}_{eq} time to reach 98% of steady state as defined by Eq. 2.12 hr V_j vapor flow from tray j kmol/hr x_A mole fraction of light component in accumulated product x_B mole fraction of light component in reboiler x_D mole fraction of light component in distillate x^{98%}_D mole fraction of light component in distillate at 98% approach to equilibrium x_F mole fraction of light component in initial feed charge x_j mole fraction of light component in liquid leaving tray j x_{off} mole fraction of light component in off-cut x_R mole fraction of light component in residual in column and reboiler x̄ average mole fraction of light component in the column section and condenser y_B mole fraction of vapor leaving the reboiler y_F mole fraction of vapor in equilibrium with liquid feed y_j mole fraction of light component in vapor leaving tray j Greek letters α relative volatility γ fraction of approach to equilibrium in Eq. 2.12 Δ deviation from initial state τ_h hydraulic time constant = 2/3 · H^o_j /L^o_j hr^{−1} τ_{est} estimated time constant from short cut formula hr Scripts j tray number norm normalized o initial conditions opt optimal value spec specified value ss steady state

References

[1] Abdul Aziz, B.B., S. Hasebe and I. Hashimoto, ”Comparison of several startup models for binary and ternary batch distillation with holdups”, Proceedings IFAC Workshop (J.D. Perkins ed.), Pergamon Press, London, 197-202, 1992.

[2] Albet, J., J.M. Le Lann, X. Joulia and B. Koehret, ”Operational policies for the start-up of batch reactive distillation column”, ICHEME Symposium Series No. 133 (presented at ESCAPE-4, Dublin, 1994), 63-70, 1994.

[3] Archer, D.H. and R.R. Rothfus, ”The dynamics and control of distillation units and other mass transfer equipment”, Chem. Eng. Progr. Symp. Ser., 57(36), 2-19, 1961.

[4] Berg, C. and I.J. James jr., ”Rate of approach to equilibrium of fractionating columns”, Chem. Eng. Proc., 44(4), 307-314, 1948.

[5] Boston, J.F., H.I. Britt, S. Jirapongphan and V.B. Shah, ”An advanced system for the simulation of batch distillation operations”, Foundation of Comp. Aided Chem. Proc. Des., Vol II, Mah and Seider (ed.), Eng. Found., New York, 1980.

[6] Cohen, K., ”Packed fractionating columns and the concentration of isotopes”, J. of Chem. Phy., 8, 588-597, 1940.

[7] Distefano, G.P., ”Mathematical modeling and numerical integration of multicomponent batch distillation equations”, AIChE J., 14(1), 190-199, 1968.

[8] Domenech, S. and M. Enjalbert, ”Program for simulating batch rectification as a unit operation”, Comp. Chem. Eng., 5(3), 181-184, 1981.

[9] Domenech, S. and Pibouleau, ”Process modeling and control in chemical engineering”, (Najim, K. ed.), Marcell Dekker, New York, p. 192, 1989.

[10] Gani, R., C.A. Ruiz and I.T. Cameron, ”A generalized model for distillation columns -I. Model description and applications”, Comp. Chem. Eng., 10(3), 181-198, 1986.

[11] González-Velasco, J.R., M.A. Gutiérrez-Ortiz, J.M. Castresana-Pelayo and J.A.

González-Marcos, ”Improvements in batch distillation startup”, Ind. Eng. Chem. Res., 26(4), 745-750, 1987.

[12] Holland, C.D. and A.I. Liapis, ”Computer methods for solving dynamic separation problems”, p. 188, McGraw-Hill, New York, 1983.

[13] Huffman, J.R. and H.C. Urey, ”Separation of oxygen isotopes by a fractionating column”, Ind. Eng. Chem., 29(5), 531-535, 1937.

[14] Jackson, R.F. and R.L. Pigford, ”Rate of approach to steady state by distillation column”, Ind. Eng. Chem., 48(6), 1020-1026, 1956.

[15] Logsdon, J.S. and L.T. Biegler, ”Accurate determination of optimal reflux policies for the maximum distillate problem in batch distillation”, AIChE 1992 Spring Meeting, New Orleans, March 29-April 2, 1992.

[16] Luyben, W.L., ”Some practical aspects of optimal batch distillation design”, Ind.

Eng. Chem. Proc. Des. Dev., 10(1), 54-59, 1971.

[17] Luyben, W.L., ”Multicomponent batch distillation. 1. Ternary systems with slop recycle”, Ind. Eng. Chem. Res., 27(4), 642-647, 1988.

[18] Mujtaba, I. and S. Macchietto, ”The role of holdup in the performance of binary batch distillation”, Proceedings 4th International Symposium on Process Systems Engineering, Vol. I, I.19.1, Montebello, Canada, 1991.

[19] Nad, M. and L. Spiegel, ”Simulation of batch distillation by computer and comparison with experiment”, Proceedings CEF’87, Taormina, Italy, 737-742, April 1987.

[20] Ruiz, C.A., I.T. Cameron and R. Gani, ”A generalized dynamic model for distillation columns-III. Study of startup operations”, Comp. Chem. Eng., 12(1), 1-14, 1988.

[21] Ruiz, C.A., ”A generalized dynamic model applied to multicomponent batch distillation”, Proceedings CHEMDATA’88, Gothenburg, Sweden, 330-335, June 1988.

[22] Sadotomo, H. and K. Miyahara, ”Calculation procedure for multicomponent batch distillation”, Int. Chem. Eng., 23(1), 56-64, 1983.

[23] Sellers, E.S. and D.R. Augood, ”The distillation characteristics of liquid hydrogen”, Trans. Instn. Chem. Engrs., 34, 53-78, 1956.

[24] Skogestad, S. and M. Morari, ”The dominant time constant for distillation columns”, Comp. Chem. Eng., 11(6), 607-617, 1987.

[25] SPEEDUP Release 5.4 User Manual, Prosys Thechnology Ltd., 1993.

[26] Vassiliadis, V., ”Computational solution of dynamic optimization problems with general differential-algebraic constraints”, PhD.-thesis, Imperial College, London, 1993.

Appendix. Short cut formula

The derivation of the short cut formula for the estimation of equilibrium time used in section 2.5, is based on the same 9 assumptions as for the dynamic model in section 2.2, A1-A9, and in addition:

A10 All the trays and the condenser have the same dynamic response (a poor assumption as shown in Figure 2.5)

A11 Large reboiler holdup H_B ≫ H_j , H_C

Figure 2.14: Batch distillation column under total reflux.

A12 Total reflux during startup, D = 0, L = V and R = 1 A13 Initial composition x_F on all trays and in condenser (INIT-1)

An overall material balance for the column section (see Figure 2.14): d (∑ N H_j x_j + H_C x_D ) dt = V y_B − Lx_N (2.52) Subtracting the final steady state under total reflux 0 = V y^{ss}_B − Lx^{ss}_N (2.53) gives d (∑ N H_jx_j + H_C x_D ) dt = V (y_B − y^{ss}_B ) − L(x_N − x^{ss}_N ) (2.54) Since the reboiler is large compared to the holdup on the trays (A11), the reboiler vapor composition can be assumed constant y_B ≈ y^{ss}_B ≈ y_F (see Figure 2.4 for cases where this does not hold). At t = 0, x_N = x^0_N = x_F . Also x^{ss}_N = y^{ss}_B ≈ y_F giving d (∑ N H_jΔx_j + H_C Δx_D ) dt = −LΔx_N (2.55) where Δx_N = x_F − y_F . All the trays and the condenser are assumed to have the same dynamic response (A10) Δx_j(t) = Δx_j · (1 − k(t)) (2.56) where Δx_j = x_F − x^{ss}_j . This gives d (∑ N H_j Δx_jk(t) + H_C Δx_Dk(t) ) dt = −LΔx_N k(t) (2.57) dk(t) k(t) = 1 − ∑_N H_jΔx_j+H_C Δx_D LΔx_N dt (2.58)

The solution to Eq. 2.58 is a first order equation k(t) = exp(−t/τ_{est}) (2.59) where the time constant for the process is τ_{est} = ∑N H_j Δx_j + H_C Δx_D LΔx_N (2.60) = ∑N H_j ( x_F − x^{ss}_j ) + H_C (x_F − x^{ss}_D ) L (x_F − y_F ) = ∑N H_j x_F − ∑N H_jx^{ss}_j + H_C x_F − H_C x^{ss}_D L (x_F − y_F ) = (NH_j + H_C ) x_F − (NH_j + H_C ) x̄^{ss} L (x_F − y_F ) where x̄^{ss} = ∑N H_j x^{ss}_j + H_cx^{ss}_D NH_j + H_C (weighted average) (2.61)

and we get τ_{est} = ( NH_j + H_C L ) (x̄^{ss} − x_F y_F − x_F ) (2.62)

where x̄_{ss} is the average composition in the column section and condenser. This gives the same results as the ”intuitive” derivation of Jackson and Pigford (1956) (at least for H_C = 0): τ_{jackson} = amount of light component needed to fill the column rate of flow of light component from reboiler to column

(2.63) τ_{jackson} = H_j ∑N ( x^{ss}_j − x^o_j ) L (y_F − x_F )

(2.64) τ_{jackson} = ( NH_j L ) (x̄^{ss} − x_F y_F − x_F ) (2.65)

The average steady state composition x̄^{ss} needed in Eq. 2.62 can be found either from (in all cases we assume x^{ss}_B = x_F , A11):

1. The relationship between liquid and vapor composition when a constant relative volatility is assumed and the fact that x^{ss}_j = y^{ss}_{j+1} at steady state giving: y^{ss}_B = αx^{ss}_B 1 + (α − 1) x^{ss}_B

(reboiler) (2.66) x^{ss}_j = α^{N +1−j} x^{ss}_B 1 + (α^{N +1−j} − 1) x^{ss}_B

(column section) (2.67) x^{ss}_D = α^{N +1}x^{ss}_B 1 + (α^{N +1} − 1) x^{ss}_B

(condenser) (2.68)

x̄^{ss}_1 = ∑N H_jx^{ss}_j + H_cx^{ss}_D NH_j + H_C (weighted average) (2.69)

x̄^{ss}_1 = ∑N H_j^{αN+1} �j_xss_B 1+(α^{N+1}�^j−1)x^{ss}_B + Hc α^{N+1}x^{ss}_B 1+(α^{N+1}−1)x^{ss}_B NH_j + H_C (2.70)

The average composition is weighted according to column and condenser drum holdup. Eq. 2.67-2.68 are found from Eq. 2.66 and x^{ss}_j = y^{ss}_{j+1}. Eq. 2.69-2.70 gives the average steady state composition in the column and condenser, x̄^{ss}_1 , based on the composition in the reboiler x^{ss}_B .

2. Jackson and Pigford (1956) approximated the average column composition by taking the arithmetic average of the sum of the compositions:

x̄^{ss}_2 = 1 2 ln (_{1+} (α^{N+1}−1)x^{ss}_B 1+(α−1)x^{ss}_B ) (_{1+} (α^{N+2}−1)x^{ss}_B 1+(α^2−1)x^{ss}_B ) N ln α (2.71)

Note that with this approximation the compositions are not weighted according to holdup.

3. Alternatively the average steady state composition can be calculated as given by Skogestad and Morari (1987) (assuming constant relative volatility and that the composition profile can be approximated by straight lines over 3 intervals):

x̄ = 1 + ln^{1−xB}_{xB} ln^{xD}_{1−xD} −1 (2.72)

The separation factor S is defined by S ≡ x_D 1−xD x_B 1−xB (2.73)

and with total reflux we have S = α^N . The average composition in the column section then becomes

x̄ = 1 + ln^{1−xB}_{xB} N ln α − ln^{1−xB}_{xB} −1 (2.74)

x̄^{ss}_3 = 1 + 1 N ln α ln 1�x^{ss}_{Bxss} B − 1 −1 (2.75)

With this approximation the compositions are not weighted according to holdup. Note that this equation is originally developed for a binary mixture in a continuous column but is here applied to a batch column.

64 CHAPTER 2. OPTIMAL STARTUP PROCEDURES FOR BATCH . . .

Chapter 3

A Cyclic Operating Policy for Batch Distillation

Eva Sørensen and Sigurd Skogestad^1

Department of Chemical Engineering University of Trondheim-NTH N-7034 Trondheim, Norway

Extended version of paper presented at Process Systems Engineering (PSE) in Kyongju, Korea, May-June 1994 Under the title ”Optimal operating policies of batch distillation with emphasis on the cyclic operating policy”

Abstract

This paper sets out a cyclic operation policy for batch distillation with repeated filling and dumping of the condenser drum. It is compared to conventional policies (constant distillate, constant reflux ratio and optimal reflux ratio operation) with respect to minimum operating time. The cyclic policy has been noted earlier because it may be easier to operate and control. Surprisingly, we also find that the cyclic policy may significantly reduce the operating time compared to the conventional operating policies for difficult separations. A simplified cyclic policy is presented which is almost as good as the optimal cyclic policy but much easier to calculate. The effect of constant condenser holdup on operating time is discussed. The paper concludes with a brief discussion of the practical implementation of the cyclic policy.

1Author to whom correspondence should be addressed. E-mail: skoge@kjemi.unit.no., phone: 47-73-594154, fax: 47-73-594080.

3.1 Introduction

Batch distillation is used in the chemical industry in the production of small amounts of products with high added value and for processes where flexibility is needed, for example, when there are large variations in feed composition or when production demand is varying. With an increasing demand for product quality and production flexibility, the ability to run columns as efficiently, or as optimally, as possible is of great economic importance.

The optimization of batch distillation has been studied in the past (for example: Diwekar et al. (1987), Farhat et al. (1991), Logsdon and Biegler (1992), Mujtaba and Macchietto (1988, 1992)), but mostly the optimal reflux ratio, and to a lesser extent the optimal reboiler heat duty, has been considered as optimization variables. However, there are other factors that may be much more important for the optimal operation of a batch column, such as:

1. Varying the condenser holdup (e.g., cyclic operation with filling and dumping)

2. Starting the batch with product from the previous batch in the condenser and/or column section

3. Recycling and mixing of off-cuts from different batches

4. Concentrating the product in several steps

5. Inverting the column by charging the feed to the condenser drum and withdrawing product from the reboiler

6. Varying the operating pressure

7. Using steam distillation, or generally to continuously add a volatile component to effectively reduce the pressure

8. Adding an entrainer to improve the separation, for example to break an azeotrope

We will in this paper discuss one of these factors, - the varying condenser holdup. Other factors are discussed elsewhere in this thesis.

Given a batch column with a fixed reboiler heat duty, the amount of reflux determines the degree of separation and therefore the product rate. In batch distillation, the reflux rate is normally controlled according to one of the following three conventional operating policies (Perry and Green, 1984):

1. Changing the reflux to keep a constant product composition (constant distillate composition policy)

2. Maintaining a constant ratio of reflux flow to distillate flow (constant reflux ratio policy)

3. Changing the reflux ratio according to some optimization criterion (optimal reflux ratio policy)

3.2. THE CYCLIC OPERATING POLICY 67

A fourth alternative usually not considered is

4. Alternating between total reflux and low reflux (cyclic policy)

The first three alternatives all assume a constant condenser holdup whereas the fourth uses the condenser holdup as a degree of freedom. A generalization of the cyclic policy is to let the reflux ratio and the condenser holdup vary freely with time and find their optimal profiles by optimization.

In this paper we focus on the cyclic operating policy. It has several advantages compared to the conventional schemes. It utilizes the maximum attainable separation in the column. There is a minimal need for control and also it is less sensitive to disturbances and therefore safer to operate. For small laboratory columns accurate measurement of flows may be difficult and the cyclic operation is therefore well suited for these columns since no flow measurements are needed. A disadvantage, however, is that the composition of the feed charge must be known quite exactly.

We will first give a description of the cyclic policy and compare it with the conventional policies in terms of minimum operating time for a given example. We will then present a simplified cyclic policy which is easier to calculate and implement than the optimal cyclic policy. This simplified policy is compared with the reflux ratio policies for a number of examples with varying operating conditions. The effect of constant condenser holdup on operating time is discussed. We conclude by discussing how the cyclic policy can be implemented in practice.

3.2 The cyclic operating policy

In this paper we consider the cyclic operation of a batch column in which the external reflux and distillate flows are cycled. This should not be confused with the controlled cycling of continuous distillation columns in which the internal flows are cycled (e.g. Cannon (1961) or Baron et al. (1980)). The cyclic operation is characterized by repeating three periods of operation: ”filling up”, ”total reflux” and ”dumping”. The three periods are illustrated in Figure 3.1. During the first period the condenser is filled up and the filling time is determined by the boilup rate. During the second period the column is run under total reflux and the maximum attainable separation in the given column is achieved. During this period the light component accumulates in the condenser drum until the column reaches equilibrium or steady state. During the last period the condenser is dumped and the product is withdrawn. The dumping time is determined by the maximum distillate flow out of the condenser. This three steps procedure is repeated until the specifications are satisfied for either the product in the accumulator or for the residue in the reboiler and column. The number of cycles is largely determined by the feed composition but also by the product specifications. The cycle times for this policy will be in the order of minutes and hours.

The cyclic operating policy for batch distillation columns has only been mentioned by a few authors in the literature. Barb and Holland (1967) presented a dynamic and a steady state model for the total reflux period as well as dynamic models for the dumping period

Figure 3.1: The three characteristic periods in the cyclic operation of a batch distillation column.

of the cyclic operation and for the conventional operation with constant or varying reflux ratio. The results were compared with experiments. However, only the models’ ability to describe the course of the distillation in terms of distillate composition as a function of accumulated product was considered. The results by Barb and Holland (1967) were also presented in the book by Holland and Liapis (1983). Block (1967) discussed control of batch distillation columns. He proposed alternating between total reflux and no reflux (cyclic operation) as a mean for controlling the reflux rate but without giving any details about this operating scheme. However, he reported that one of the main difficulties is how to establish proper intervals of total and zero reflux. Gonzalez-Velasco et al. (1987) found that the cyclic operating policy (in their paper called periodic batch distillation) produces a higher sharpness of separation between components than the conventional constant reflux ratio policy. Their results were based on calculations of the steady state conditions corresponding to the end of the total reflux period for separations with 22 operating cycles and with varying relative volatilities between three components. No comparison was made between the two policies in terms of time consumption. Nowicki and Gorak (1988) presented a steady state model for the determination of the end point of the total reflux period for cyclic operation. They considered an example where a high purity separation was performed but used only one cycle to accomplish the separation. They reported that the energy consumption for this one cycle was only slightly higher than for the equivalent constant reflux ratio operation.

The cyclic operating policy has, to the best of our knowledge, not been studied as an alternative to the conventional operating policies with respect to optimal operation. The purpose of this paper is to compare the cyclic operating policy with the conventional operating policies in terms of minimum operating time. We will present guidelines for:

1. When the cyclic policy is preferred over the conventional operating policies,

2. How to determine the end point of the total reflux period and also

3. How to select the number of cycles for a given separation.

3.3 Comparison of operating policies

In this section we compare the optimal operation of the various operating policies. By optimal operation we generally mean the policy that maximizes profit for a given separation. For many practical cases maximizing the profit will be equivalent to minimizing the operating time t_f with the heat input (boilup rate) at its maximum. This is the problem considered in this paper. We solve the minimum time problem given constraints on the final accumulated light product. The optimization problem can be formulated as: min oper.param. tf (3.1) where t_f is the total operating time and subject to the following end point constraints for the accumulated product: H_A(t_f ) ≥ H^{spec}_A , x_A(t_f ) ≥ x^{spec}_A (3.2) In words, the objective is to find the optimal operating parameter(s) which minimizes the total operating time t_f subject to constraints on the product composition x^{spec}_A and amount H^{spec}_A . In this paper, the optimization problem has been solved in the following way for the four policies:

Constant distillate composition. The optimal set point x^s_D for a composition controller which minimizes the operating time is found. The distillate composition is kept at the specified set point value x^s_D using a PI-controller with the reflux ratio R as manipulated variable. (The use of the distillate composition directly as an optimization variable would result in a high index problem which can not be solved by the given optimization software and which in any case can not be realized in practice).

Constant reflux ratio. The optimal constant reflux ratio R is found which minimizes the total operating time.

Optimal reflux ratio. The optimal reflux ratio as a function of time R(t) is found which minimizes the total operating time. (This problem is equivalent to finding the optimal x_D(t).) In this paper we use a slightly suboptimal policy where R is either piecewise constant or piecewise continuously linear over certain intervals.

Cyclic policy. For a given number of cycles, N_{cyc}, we find for each cycle k the optimal condenser holdup H_{C,k} and the total reflux time t_{totalreflux,k} which minimizes the operating time (see Figure 3.2). The filling and dumping times will be given by the condenser holdup and the reboiler heat duty (here given in terms of the boilup rate V ) and distillate flow respectively: t_{fill,k} = H_{C,k} V_{max} (3.3) t_{dump,k} = H_{C,k} D_{max} (3.4)

Figure 3.2: Reflux ratio, distillate flow and condenser holdup for one cycle of a cyclic operation.

3.3.1 Numerical example

As an example we consider the separation of a binary mixture with constant relative volatility α = 1.5 in a column consisting of a reboiler, 10 theoretical trays, a condenser and an accumulator. The data used for the optimizations are given in Table 3.1. (This example is denoted Example 7 in the discussion of the simplified cyclic policy later in this paper.) Before the separation starts the feed is added to the reboiler. It is assumed that some of the feed is initially distributed on the trays in the column (i.e. H^o_N = H_F − NH^o_j ) with a composition equal to that of the feed (x^o_j = x_F ). (See Chapter 2 of this thesis for a discussion of initial profiles in simulation and optimization.) The initial holdups in the accumulator and in the condenser are negligible. The vapor flow (which is indirectly given by the reboiler heat duty) is in this paper assumed constant at its maximum value

Table 3.1: Process data used for comparison of operating policies.

Relative volatility: α = 1.5 Number of trays: N = 10 Feed composition: x_F = 0.25 Feed charge: H_F = 10 kmol Initial tray holdups: H^o_j = 0.01 kmol Amount of product: H^{spec}_A = 1.875 kmol (67.5% recovery) Product composition: x^{spec}_A = 0.9 Bounds on variables, Condenser holdup: [H^{min}_C , H^{max}_C ] = [10^{−6}, 1.875] kmol Distillate flow: [D^{min}, D^{max}] = [0.0, 25.0] kmol/hr Vapor flow: [V^{min}_B , V^{max}_B ] = [10^{−6}, 10.0] kmol/hr Reflux ratio: [R^{min}, R^{max}] = [0.01, 1.0] Controller parameters, constant distillate policy: K_p = 5.0 and τ_I = 0.05 hr

except during the dumping period in the cyclic policy when it is reduced. This is done for numerical reasons but the boilup rate would in practice be constant during the whole cycle. The maximum vapor and distillate flows are given by the column design and are in this paper chosen to be V^{max}_B = 10 kmol/hr and D^{max} = 25 kmol/hr. The minimum reflux ratio is set to a small value for numerical reasons but would in practice be zero. It should be noted that the reflux ratio is given as the internal reflux ratio since this is better solved numerically: R = L L + D (3.5)

For the conventional policies the condenser holdup is assumed to be negligible (H_C = H^{min}_C ) since this will normally minimize the operating time (Mujtaba and Macchietto, 1991). The effect of a finite condenser holdup is discussed later in this paper. For the constant distillate composition policy, the parameters for the PI-controller are given in Table 3.1.

The assumptions for the mathematical model used in this study are: (1) staged distillation column; (2) perfect mixing and equilibrium between vapor and liquid on all stages; (3) negligible vapor holdup; (4) equal molar vapor flows; (5) linear tray hydraulics; (6) total condensation with no subcooling in the condenser and (7) constant relative volatility. The model for the linear tray hydraulics has the form L_j = L^o_j + (H_j − H^o_j )/τ . L^o_j and L_j are the initial and current instant liquid flow rate from the trays and H^o_j and H_j the initial and current molar holdup on the trays. The hydraulic time constant τ is given by τ = 2/3 · H_j /L_j .

3.3.2 Results

The optimal results for the four policies were obtained using the optimization program DAEOPT developed at Imperial College, London (Vassiliadis, 1993). The optimization accuracy was 10^{−3} for the cyclic policy and 10^{−4} for the others. It should be noted that for optimizations with more than one interval or cycle, several local minima may exist which makes the problem difficult to solve numerically.

For the optimal reflux ratio policy both a continuous linear and a piecewise constant policy is presented. The optimal results for the cyclic policy are presented for 1, 2, 3 and 4 cycles. The case with 5 cycles did not converge. The optimization for the cyclic operation is however, very time consuming. The solution for 4 cycles took about 17 CPU hours on a Sparc 10. This is because the number of optimization variables using DAEOPT is 13N_{cyc} where N_{cyc} is the number of cycles, whereas the actual number of optimization variables is only 2N_{cyc} (total reflux period and condenser holdup). A total of 9N_{cyc} variables are pre-specified in DAEOPT (vapor flow, reflux ratio and distillate flow for each cycle consisting of filling, total reflux and dumping periods respectively). Of the remaining 4N_{cyc} variables, 2N_{cyc} of these (the values of t_{fill,k} and t_{dump,k}) are found by optimization, even though their optimal values are given by Eq. (3.3-3.4). Therefore ”only” 4N_{cyc} (periods and condenser holdup) are actually optimized, but the sensitivities for all the 13N_{cyc} variables must be calculated for each intermediate solution of the optimization problem thus making the solution very time consuming.

The optimal results for the four policies are presented in Table 3.2 and in Figure 3.3.

Conventional policies

The constant distillate composition policy (case 1) is found to be by far the most time consuming policy for this example with t_f = 9.53 hr. The constant reflux policy (case 2a) yields t_f = 5.73 hr. Normally the constant reflux policy is operated with an initial period with total reflux. An initial total reflux period of 0.05 hr reduces the total operating time to 5.60 hr (case 2b).

For the optimal reflux policy we consider two constant intervals (case 3a), two continuously linear intervals (case 3b) and ten constant intervals (case 3c). When comparing these, we see as expected that the operating time decreases with increasing number of intervals (compare the constant interval cases 2a, 3a and c with t_f = 5.73 hr, 5.53 hr and 5.26 hr, respectively).

Note that for the case with two constant intervals (case 3a), letting the reflux ratio vary freely does not yield an initial total reflux solution. However, when the number of degrees of freedom is increased by allowing more intervals, the optimal initial conditions are found to be total reflux (case 3b and c). Case 1 will also have an initial period with total reflux until the specified distillate composition is reached.

As can be seen, using only two linear intervals for the optimal reflux policy (case 3b with t_f =5.32 hr) is almost as good as using 10 piecewise constant intervals (case 3c with t_f =5.26 hr) and the optimization problem is much easier in the first case (5 versus 20 optimization variables). This indicates that our solution is close to the true optimal reflux policy.

Table 3.2: Optimal solutions to the minimum time problem. For cases with more than 1 interval, t_i is the time for each interval (i.e. t_f = ∑ t_i). The R(t)-values are the corresponding reflux ratios for each interval. For the cyclic policy, t_{cycle,k} = t_{fill,k} + t_{totalreflux,k} + t_{dump,k}. (∗: on the upper or lower bound). (Data from Table 3.1.)

Case Operating Optimal t_i Optimal operating time policy [hr] variable t_f , [hr] Constant dist.

1 composition 9.5268 x^s_D=0.90 9.529 1 interval Constant 2a reflux ratio, 5.7345 R =0.9673 5.734 1 interval Case 2a with R = 2b initial total 0.0529- 0.9999^∗- 5.600 reflux 5.5471 0.9662 Optimal reflux R(t) = 3a ratio, 2 constant 3.1382- 0.9613- 5.534 intervals 2.3955 0.9724 Optimal reflux R(t) = 3b ratio, 2 linear 0.1420- 0.9999^∗- 5.322 intervals 5.1804 0.9522-0.9767 R(t) = Optimal reflux 0.0626-0.8938- 0.9999^∗-0.9530- 5.259 ratio, 0.9574-0.8925- 0.9582-0.9631- 3c 10 constant 0.8479-0.3047- 0.9675-0.9702-

intervals 0.4996-0.0971- 0.9720-0.9728- 0.7009-0.0025^∗ 0.9753-0.9237 4a Cyclic policy t_{cycle,1}=7.0896 H_{c,1}=1.875^∗ 7.090 1 cycle 4b Cyclic policy t_{cycle,1}=2.2354 H_{c,1}=1.1642 4.076 2 cycles t_{cycle,2}=1.8403 H_{c,2}=0.7103 4c Cyclic policy t_{cycle,1}=2.3560 H_{c,1}=1.2261 4.022 3 cycles t_{cycle,2}=0.6880 H_{c,2}=0.2910 t_{cycle,3}=0.9784 H_{c,3}=0.3574 t_{cycle,1}=1.2365 H_{c,1}=0.6896 4.031 4d Cyclic policy t_{cycle,2}=0.1155 H_{c,2}=0.0500^∗

4 cycles t_{cycle,3}=0.8111 H_{c,3}=0.4096 t_{cycle,4}=1.8682 H_{c,4}=0.7255

Figure 3.3: Optimal solutions to the minimum time problem. (Data from Table 3.1.)

The optimal cyclic policy

Next consider the cyclic policy. For case 4a, with only one cycle, the total operating time is t_f =7.09 hr. However, with more than one cycle (cases 4b, c and d) it is much less time consuming than any of the other policies. Specifically, the best reflux ratio policy (case 3c with t_f =5.26 hr) is about 30% more time consuming than the best cyclic policy with 3 cycles (case 4c with t_f =4.02 hr). Note that for the cyclic policy, the contribution of the filling and dumping times to the total operating time is constant and independent of the number of cycles. For our example, ∑ t_{fill} + t_{dump} = H^{spec}_A V^{max}_B + H^{spec}_A D_{max} = 0.1875 + 0.075 = 0.2625 hr

Thus, in the optimal case the filling and dumping time is about 6.5% of the total operating time. Note that we have used only one condenser drum. By implementing two drums in parallel (such that the filling of the second is started at the same time as the dumping of the first one) the dumping time will be zero for all but the last cycle and the total operating time thereby reduced.

The optimal cyclic policy with 3 cycles (case 4c with t_f =4.02 hr) seems to be slightly better than with 4 cycles (case 4d with t_f =4.03 hr), although this may be due to the optimization accuracy. However, it is expected that there is a minimum somewhere since, for an infinite number of cycles, the cyclic policy would approach the optimal reflux policy (t_f =5.26 hr) but with an additional penalty for filling and dumping (0.2625 hr).

The condenser holdup H_{C,k} in each period varies and from the results no conclusions as to the best condenser holdup profile (e.g. smaller holdups for later cycles) can be made. The amount and composition of the accumulated product for the case with 4 cycles (case 4d) is given in Table 3.3. The composition is high for the first cycle but then decreases with time until the specification is reached at the end of the last cycle.

Table 3.3: Composition x_A and amount H_A of accumulated product for the cyclic policy with 4 cycles (case 4d). (Data from Table 3.1.)

Cycle t, [hr] x_A H_A, [kmol] 1 1.237 0.926 0.670 2 1.352 0.924 0.740 3 2.163 0.918 1.149 4 4.031 0.900 1.875

It is interesting to compare the sharpness of separation in the column for the different operating policies. Figure 3.4 gives the distillate composition as a function of accumulated product for case 2a and 4d compares to the total reflux case (maximum separation). It can be seen that for the cyclic policy, the distillate composition drops at the end of each cycle. This is because the vapor flow is reduced for numerical reasons and this would not occur in practice. The compositions for the cyclic policy and the reflux policy are

Figure 3.4: Distillate composition x_D as a function of amount of accumulated product H_A for total reflux, constant reflux ratio (case 2a) and cyclic policy with 4 cycles (case 4d). (Data from Table 3.1.)

close. The difference between the two cases is surprisingly small when one knows that the difference in operating time is 30% (5.73 hr and 4.03 hr). The results thus show that the cyclic policy is able to achieve the desired separation in a shorter time.

3.4 Simplified cyclic policy

It was found above that the cyclic policy is less time consuming and therefore better than the conventional policies. The optimization of this policy is however, very time consuming. To simplify the calculations for the cyclic policy we therefore consider a simplified cyclic policy with only one optimization parameter:

1. Select the number of cycles N_{cyc} and use the same condenser holdup for each cycle: H_{C,k} = H^{spec}_A /N_{cyc} (3.6) 2. A cycle is stopped when a given approach to equilibrium has been reached in the column. At equilibrium with total reflux, the liquid and vapor between two trays have the same composition, x_j = y_{j+1}. In this paper, the approach to equilibrium is defined in terms of the difference ϵ in liquid and vapor composition between tray 1 and 2 (see Figure 3.5):

|x_1 − y_2| ≤ ϵ (3.7)

The total reflux period is thus stopped when Eq. 3.7 is satisfied. The same value for ϵ is used for each cycle k and it is adjusted to meet the product composition specification. (The specification on the amount is always satisfied due to the way the condenser holdup is defined). Note that the cycle times will vary.

Instead of optimizing the condenser holdup and the total reflux time (2N_{cyc} optimization variables) we now have only one variable ϵ which is selected such that the composition

3.4. SIMPLIFIED CYCLIC POLICY 77

Figure 3.5: Steady state in the top of the column when x_1 = y_2.

Figure 3.6: Accumulated product composition x_A and total operating time t_f as a function of ϵ for the simplified cyclic policy with 3 equal cycles. (Data from Table 3.1.)

specification is met. The procedure is demonstrated in Figure 3.6 where the final operating time and the composition of the accumulated product is presented as a function of ϵ for 3 equal cycles with the same ϵ for all cycles. The relationship between ϵ and x_A is almost linear and only a few trial values for ϵ are needed to find the value where x_A = x^{spec}_A . A simple batch distillation simulation program can therefore be used to find the right ϵ in the simplified policy instead of a large and complicated optimization program which is needed for the optimal cyclic policy.

Simplified versus optimal cyclic policy

Optimization of the simplified policy is fast and has few convergence problems. Importantly, we have found for the example in the previous section, that the optimal operating time from this simplified approach is only marginally larger than the operating time found by the very time consuming optimization procedure. A comparison is given in Table 3.4 for 1, 2, 3 and 4 cycles and in Figure 3.7 for 4 cycles. These results demonstrate that

Table 3.4: Minimum operating time t_f for the optimal and the simplified cyclic policy for different number of cycles N_{cyc}. (Data from Table 3.1.)

optimal cyclic policy simplified cyclic policy N_{cyc} t_f , [hr] t_f , [hr] 1 7.09 7.02 2 4.08 4.17 3 4.02 4.05 4 4.03 4.04

Figure 3.7: Condenser holdup H_C as a function of time t for the optimal and the simplified cyclic policy for 4 cycles. (Data from Table 3.1.)

varying the condenser holdup for each cycle as given by the optimal results is not very important for this example.

The same comparison between the optimal and the simplified cyclic policy has also been made for other examples with the same conclusion as for the example shown here.

3.5 Comparison of policies for varying conditions

We have shown above that the cyclic policy is less time consuming than any of the conventional operating policies for a given example. An obvious question is therefore: Is this always the case and if not when is the cyclic policy to be preferred? In this section we will try to answer this question with reference to a measure for the degree of difficulty of separation q. We will compare the simplified cyclic operating policy with the constant and optimal reflux ratio policies for varying values of q, that is for varying operating conditions. We will also give guidelines for how to select the number of cycles N_{cyc} in the simplified cyclic policy.

3.5.1 A measure for the degree of difficulty of separation

A measure for the difficulty of a given separation in a distillation column is the ratio between the minimum number of trays N_{min} required to achieve a specified separation under total reflux (i.e. the minimum value of N) and the actual number of trays N in the given column: q = N_{min} N (3.8)

If N ≫ N_{min} (q small) the separation is considered easy but if N ≈ N_{min} (q ≈ 1) it will be difficult. Fenske’s equation (e.g. Perry and Green, 1984) can be used to calculate N_{min} for a binary separation in a continuous column:

N_{min} = log ( x_D 1−xD ) (_{1−} x_B x_B ) log α

(3.9)

For continuous distillation, x_D and x_B will be constant. However, for batch distillation, one or both compositions will vary with time according to the operating policy chosen. For the constant overhead policy, x_D will be constant and only x_B will vary with time. For the other operating policies both x_D and x_B will vary.

One alternative is therefore to use an average number of N_{min} for batch distillation where N_{min} is averaged over time: N_{min} = ∫ t_f t_0 Nmin (t) dt (t_f − t_0)

(3.10)

where N_{min}(t) = log ( x_D(t) 1−xD(t) ) (_{1−} x_B (t) x_B(t) ) log α

(3.11)

By assuming that x_D is constant as for the constant overhead policy and that x_B is a linear function of time, Eq. 3.10 can be rewritten to an integral which can be solved numerically a priori: N_{min} = ∫ x_{B0} x_{Bf} Nmin (xB) dxB x_{B0} − x_{Bf} (3.12)

where N_{min}(x_B) = log ( x^s_D 1−xsD ) (_{1−} x_B x_B ) log α

(3.13)

and q is given by q = N_{min} N (3.14)

Equation (3.12-3.14) can by solved numerically and thereby provide a measure of the degree of difficulty of separation a priori. Note that Eq. 3.14 is independent of the amount of feed charged. Christensen and Jørgensen (1987), who first introduced this measure, used it in the study of waste cut recycling.

3.5.2 Results for comparison of cyclic and reflux policies

In the following we compare the simplified cyclic policy with the constant and optimal reflux policies. As already described in the simplified cyclic policy, we use the same condenser holdup H_{C,k} and approach to equilibrium ϵ in each cycle. For the constant reflux policy the batch is started directly without an initial total reflux period. For the optimal reflux policy, a piecewise linear profile over two intervals is used with total reflux initially, R(t_0) = 1.0, in all cases.

The 32 examples studied are given in Table 3.5. We have varied the number of theoretical stages in the column N (5, 10, 15 or 20), the relative volatility α (1.25, 1.5 or 2), the feed composition x_F (0.15-0.85) and the product specifications for the distillate and the residual in the column, x^{spec}_A (0.9, 0.95 or 0.975) and x^{spec}_R (0.05 or 0.1). All other operating parameters are the same as the ones used in Section 3.3.1 (Table 3.1). The specification for the accumulated distillate holdup H^{spec}_A can be calculate from a total mass balance: H_F x_F = H^{spec}_A x^{spec}_A + H_Rx^{spec}_R (3.15) H_F = H^{spec}_A + H_R (3.16)

The same assumptions for the dynamic model as in section 3.3.1 were used. Note that the example studied in the previous section is example 7 with q = 0.85. The results are presented in Table 3.6. The time saving is defined as:

time saved (%) = t_{reflux} − t_{cyclic} t_{reflux} · 100% (3.17)

We have tried to correlate the time saving with the cyclic policy relative to the reflux policies with various parameters. The best single variables are found to be:

1. The degree of difficulty of separation, q

2. The feed composition x_F

In particular, we find that these two variables taken together give a good correlation with the time saved.

Time saving as a function of q

The time saved by using the simplified cyclic policy compared to the constant and optimal reflux policies is given as a function of q in Figure 3.8. From the plot is can be seen that the cyclic policy is better than the constant reflux ratio policy for most cases when the measure q is larger than about 0.7 and better than the optimal reflux policy when q is larger than about 0.8. However, the correlation is not unique. Still, it can be concluded that the time saved increases with increasing q value, that is, when the separation becomes more difficult. This is as expected because of the improved separation attainable under total reflux for the cyclic policy. Also the time saving is less compared to the optimal reflux policy than to the constant reflux policy which is obvious due to the larger number of degrees of freedom.

Table 3.5: Operating conditions for examples used in comparing the simplified cyclic policy and the constant and optimal reflux ratio policies (^†: Example 7 is used in the study of the optimal cyclic policy in Section 3.3.2).

Parameters Specifications Diff. of sep. Example α N x_F x^{spec}_A x^{spec}_R H^{spec}_A q 1 1.50 15 0.15 0.975 0.05 1.0811 0.91 2 1.25 15 0.45 0.900 0.10 4.3750 0.91 3 2.00 5 0.55 0.950 0.10 5.2941 0.90 4 1.50 10 0.80 0.975 0.10 8.0000 0.88 5 1.50 10 0.60 0.950 0.05 6.1111 0.85 6 1.25 20 0.45 0.950 0.10 4.1176 0.85 7^† 1.50 10 0.25 0.900 0.10 1.8750 0.85 8 1.50 10 0.35 0.900 0.05 3.5294 0.83 9 1.25 15 0.65 0.900 0.05 7.0588 0.83 10 1.50 15 0.30 0.975 0.05 2.7027 0.82 11 2.00 5 0.40 0.900 0.10 3.7500 0.81 12 1.25 20 0.55 0.950 0.10 5.2941 0.80 13 1.25 15 0.65 0.900 0.10 6.8750 0.78 14 2.00 5 0.85 0.950 0.05 8.8889 0.78 15 1.25 20 0.40 0.900 0.05 4.1176 0.76 16 2.00 10 0.20 0.975 0.05 1.6216 0.74 17 2.00 10 0.15 0.975 0.10 0.5714 0.74 18 1.50 15 0.30 0.950 0.05 2.7778 0.71 19 1.50 10 0.50 0.900 0.10 5.0000 0.70 20 2.00 10 0.35 0.975 0.05 3.2432 0.68 21 1.50 15 0.30 0.950 0.10 2.3529 0.67 22 2.00 5 0.75 0.900 0.05 8.2353 0.65 23 1.50 15 0.45 0.950 0.05 4.4444 0.64 24 2.00 10 0.40 0.975 0.10 3.4286 0.63 25 2.00 10 0.25 0.950 0.05 2.2222 0.62 26 2.00 10 0.55 0.975 0.05 5.4054 0.61 27 2.00 10 0.30 0.950 0.10 2.3529 0.57 28 2.00 5 0.85 0.900 0.10 9.3750 0.56 29 1.50 15 0.65 0.950 0.10 6.4706 0.54 30 1.50 15 0.50 0.900 0.05 5.2941 0.51 31 2.00 15 0.35 0.975 0.10 2.8571 0.45 32 2.00 15 0.25 0.950 0.10 1.7647 0.41

Table 3.6: Results for the simplified cyclic policy, the constant and optimal reflux ratio policies for varying operating conditions or q values (^†: Example 7 is used in the study of the optimal cyclic policy in section 3.3.2) (∗: upper bound).

Simplified cyclic policy Const. reflux policy Opt. reflux policy Exa- q N_{cyc} ϵ · 10^{−3} t_f R_{opt} t_f % time t_f % time mple hr hr saving hr saving 1 0.91 4 0.929 4.660 0.991 12.303 62.1 9.347 50.1 2 0.91 18 1.873 16.506 0.987 32.675 49.5 27.911 40.9 3 0.90 22 5.814 5.726 0.939 8.693 34.1 7.045 18.7 4 0.88 50∗ 3.530 10.527 0.938 12.858 18.1 8.608 -22.3 5 0.85 40 4.290 10.748 0.966 18.055 40.5 11.568 7.1 6 0.85 9 2.259 14.247 0.981 21.746 34.4 17.895 20.4 7^† 0.85 4 6.538 4.045 0.967 5.734 29.5 5.322 24.0 8 0.83 11 5.945 7.706 0.970 11.813 34.8 9.284 17.0 9 0.83 50∗ 3.783 17.249 0.972 24.779 30.4 16.843 -2.4 10 0.82 4 2.480 6.861 0.975 10.662 35.7 7.760 11.6 11 0.81 8 15.740 3.476 0.904 3.895 10.8 3.430 -1.4 12 0.80 8 3.085 14.709 0.972 18.778 22.0 14.622 -0.6 13 0.78 50∗ 5.878 13.338 0.955 15.340 13.1 11.894 -12.1 14 0.78 50∗ 14.900 4.637 0.804 4.529 -2.4 2.766 -67.6 15 0.76 25 4.054 13.870 0.978 18.851 26.4 14.298 3.0 16 0.74 1 5.662 2.272 0.942 2.808 19.1 2.208 -2.9 17 0.74 1 9.167 0.771 0.937 0.900 14.4 0.730 -5.5 18 0.71 2 5.778 5.573 0.961 7.148 22.0 5.272 -5.7 19 0.70 5 13.286 5.946 0.919 6.140 3.2 5.084 -16.9 20 0.68 1 5.543 3.431 0.924 4.279 19.8 2.762 -24.2 21 0.67 1 8.629 3.618 0.940 3.889 7.0 3.405 -6.2 22 0.65 50∗ 30.050 3.966 0.775 3.653 -8.6 2.487 -59.5 23 0.64 2 5.915 6.732 0.948 8.491 20.7 5.518 -22.0 24 0.63 1 9.245 3.010 0.875 2.743 -9.7 2.144 -40.4 25 0.62 1 14.385 2.284 0.920 2.776 17.7 2.101 -8.7 26 0.61 50∗ 10.411 4.786 0.900 5.404 11.4 4.031 -18.7 27 0.57 1 20.135 1.919 0.869 1.796 -6.8 1.559 -23.1 28 0.56 50∗ 37.297 2.201 0.544 2.056 -7.1 1.512 -45.6 29 0.54 50∗ 13.347 6.172 0.892 5.975 -3.3 4.255 -45.0 30 0.51 50∗ 15.60 6.194 0.919 6.518 5.0 4.601 -34.6 31 0.45 1 12.25 2.558 0.860 2.035 -25.7 1.630 -56.9 32 0.41 1 24.11 1.440 0.861 1.267 -13.7 1.178 -22.3

Figure 3.8: Per cent time saved as a function of the measure q by using the simplified cyclic policy compared to the constant and optimal reflux policies. (Data from Table 3.6.)

Time saving as a function of x_F

The time saved using the cyclic policy relative to the optimal reflux ratio policy is plotted in Figure 3.9. The correlation is far from unique, but the optimal reflux ratio is seen to be preferred for most mole fractions x_F larger than about 0.6.

Time saving as a function of q and x_F

The results in Figures 3.8-3.9 are combined in Figure 3.10 where we see that the combined effect of difficulty of separation, q, and feed composition, x_F , explains most of the time saving. From this plot it can be concluded that the cyclic policy is preferred over the optimal reflux policy for cases where q is high and x_F is small. In the opposite case, low q and high x_F , the optimal reflux policy is preferred.

3.5.3 Number of cycles in the cyclic policy

From Table 3.6 it can be seen that N_{cyc} varies considerably from only 1 cycle for some separations up to the maximum of 50 for others. We have tried to correlate the optimal

Figure 3.9: Per cent time saved as a function of x_F by using the simplified cyclic policy compared to the optimal reflux policy. (Data from Table 3.6.)

Figure 3.10: Per cent time saved as a function of q and x_F by using the simplified cyclic policy compared to the constant and optimal reflux policies. (Data from Table 3.6.)

N_{cyc} with various variables. The best correlation seems to be the feed composition x_F . From the plot in Figure 3.11 it can be seen that for high feed compositions x_F > 0.6, it is optimal to use many cycles (that is, the optimal reflux policy is preferred) whereas when only a small amount of light component is present, x_F < 0.3, it is optimal to use few cycles (typically 5 or less).

Figure 3.11: Number of cycles as a function of x_F for the simplified cyclic policy. (Data from Table 3.6.)

Obtaining the optimal number of cycles N_{cyc}. The optimal number of cycles N_{cyc} for each separation in Table 3.6 is found by running the simplified cyclic policy for different number of cycles until the minimum in terms of time consumption is found. The upper bound was in this study 50 cycles. An example of values for ϵ and total operating time as a function of number of cycles is given for Example 4 in Figure 3.12. For this example, the total operating time t_f decreases continuously when the number of cycles N_{cyc} is increased. The optimal number of cycles for this separation is larger than 50 cycles which was the upper limit in this study. However, the difference in operating time is reduced as N_{cyc} increases and the operating time with 20 cycles (t_f = 10.77 hr) is only 2% longer than the operating time with 50 cycles (t_f = 10.53 hr).

Some separations have 1 cycle as the optimum and others have an interior optimum in the interval N_{cyc} ∈ [1, 50]. The parameter ϵ usually increases with N_{cyc}. This is because as the number of cycles is increased, the need for maximum separation in each cycle is decreased and the total reflux period can be stopped earlier or at higher ϵ-values.

The optimal cycle time for the simplified policy. With the simplified cyclic policy the total reflux time, and thereby the cycle time, for each cycle is determined by the parameter ϵ. As the column is gradually depleted of the light component it will take increasingly longer to establish equilibrium in the column. This is illustrated in Figure 3.13 where the cycle time is given as a function of the cycle number and the corresponding amount of accumulated product as a function of operating time for Example 8 which has 11 cycles as optimum.

3.5.4 Summary

We have found that the cyclic policy can be recommended for difficult separations with small amounts of product recovered (q > 0.7 − 0.8 and x_F < 0.6). The optimal number of cycles is found to depend on the feed composition x_F . Using a large number of cycles (typically larger that 5-10) is found to be optimal for separations where x_F > 0.5 but

Figure 3.12: The parameter ϵ and the total operating time t_f as a function of number of cycles N_{cyc} for the simplified cyclic policy (Example 4: q=0.88).

Figure 3.13: Cycle time t_{cyc} as a function of cycle number k and amount of accumulated product H_A as a function of operating time t. (Example 8: q=0.83).

3.6. EFFECT OF CONDENSER HOLDUP 87

Figure 3.14: Optimal operating time t_f and corresponding constant reflux ratio R as a function of condenser holdup H_C . —-: the condenser holdup is drained to the reboiler and - - -: the condenser holdup is drained to the accumulator (Example 7: q=0.85).

will not be practical in real operation unless the operating time is long since it will be inconvenient to dump the condenser too often.

3.6 Effect of condenser holdup

In the results presented above, the condenser holdup was assumed negligible for the reflux policies. We find that a finite holdup will increase the operating time for these policies. The role of holdup on the performance of binary batch distillation was investigated by Mujtaba and Macchietto (1991) who mainly considered the effect of column tray holdup using constant and optimal reflux policies. Of more practical interest is the effect of condenser holdup. Mujtaba and Macchietto (1991) concluded that the condenser holdup should always be kept to a minimum. The reason was that for a total condenser, holdup only acts as an accumulator of material and not as a separation stage. According to Mujtaba and Macchietto, a larger condenser holdup means a longer operating time is always required to achieve a given separation using these policies.

However, in their study, Mujtaba and Macchietto (1991) assumed that the condenser drum holdup was drained back to the reboiler at the end of the separation. A second alternative, which seems more reasonable in practical cases, is to drain the condenser drum to the accumulator such that the condenser holdup becomes part of the accumulated product.

In Figure 3.14 we have plotted the minimum operating time and the reflux ratio as a function of condenser holdup for Example 7 using the constant reflux policy. Note that the internal column holdup is constant, ∑N H_j = 0.1 kmol. As expected from the results of Mujtaba and Macchietto (1991), the effect of condenser holdup is significant, and increasing H_C from 0 to 0.3 kmol (from 0 to 3% of initial feed charge) results in an increase in the minimum operating time of 62 % when the condenser is drained to the accumulator and of 119 % when we follow Mujtaba and Macchietto and drain to the

Figure 3.15: Optimal operating time t_f and corresponding constant reflux ratio R as a function of condenser holdup H_C . (Example 16: q=0.74).

reboiler. Thus, the increase is larger when the condenser holdup is drained to the reboiler. This is reasonable since the separation of the material in the condenser is ”wasted” when the condenser is drain back to the reboiler at the end of the batch.

However, there are cases when a larger condenser holdup will in fact yield a shorter operating time. Consider Figure 3.15 where the operating time is given as a function of condenser holdup for Example 16 using a constant reflux ratio policy. (Recall from Figure 3.6 that for this example, the cyclic policy with one interval is the optimal operating policy.) We see from Figure 3.15 that for small holdups, the minimum operating time increases with increasing condenser holdup. However, for large holdups the operating time decreases and indeed reaches a minimum at a holdup equal to the holdup in the cyclic policy (H_C = H^{spec}_A ). As expected, the operating time with this holdup is smaller than with a negligible condenser holdup. For even larger condenser holdups, the operating time increases again and approaches infinity as it becomes infeasible to meet the product specification.

The right plot in Figure 3.15 shows the corresponding optimal reflux ratio R. As expected, R = 1 (total reflux) when H_C ≥ H^{spec}_A .

3.7 The cyclic policy in practice

No design changes are necessary for the column in order to run it according to the cyclic policy except that a larger condenser drum might be needed. One alternative is to use two condenser drums as mentioned in Section 3.3.2, such that the filling of the second is started at the same time as the dumping of the first one.

The main practical problem with the cyclic policy is that the feed composition must be known quite exactly since the amount of accumulate product H^{spec}_A is calculated based on this value. If H^{spec}_A is too low, less product is recovered. However, if H^{spec}_A is too large, it may not be possible to meet the specifications and the operating time goes to infinity as

3.8. CONCLUSIONS 89

illustrated in Figure 3.15. A good estimate of the feed composition is therefore required. The tolerance for errors will depend on the purity specifications.

In practice, the best operating procedure would be to adjust the condenser holdup on-line based on e.g. measurements of distillate composition as a function of time. If the purity is lower than expected, the condenser holdup may be reduced and vice versa. In particular, the condenser holdup may be decreased towards the end to ensure that the specifications are met.

It is also possible to combine different operating policies. The column can be run with the cyclic policy for e.g. N_{cyc} − 1 cycles and then with a reflux policy after the last cycle until the specifications are met.

Once the condenser holdup has been fixed, several alternatives for the practical implementation of the cyclic policy may be suggested:

1. ”Open-loop” operation where the times for each cycle t_{cycle,k} (obtained from optimization) is specified. (Alternatively, an average cycle time t_{cycle,average} can be used). This mode of operation is, however, very sensitive to changes and disturbances.

2. ”Feedback” operation where the cycle is stopped when a given composition or temperature (obtained from optimization) is achieved.

3. One may consider a ”feedback” operation where the cycle is stopped when a given approach to equilibrium is achieved. Since it may be difficult to measure ϵ = |x_1−y_2| as we have defined it in this paper, it is probably better to stop when dT_i/dt < ϵ_T . In words, when a temperature change in the column is less than a given bound. In this case, it is important to select a sensitive temperature (eg. a temperature in the middle of the column).

”Open-loop” operation is not recommended due to the high sensitivity to disturbances and changes in operating conditions. ”Feedback” operation based on an optimal distillate composition profile is probably the best way of implementing the cyclic policy since this procedure ensures a high product purity, however, possibly at the expense of a longer operating time (this has been found to be the case in simulations).

3.8 Conclusions

In this paper we have presented the cyclic operating policy in detail and compared it with the conventional operating policies for a number of separations. The cyclic policy was found to be favorable for difficult separations where a small amount of product is to be recovered. Normally, batch columns are designed with N ≈ 2N_{min} (q ≈ 0.5) and the constant reflux policy will be the most favorable. Batch columns are nevertheless often used for separations for which they are not designed (q > 0.5) and the cyclic policy may be favorable for these separations.

Notation D distillate flow kmol/hr H_A liquid holdup in the accumulator kmol H_B liquid holdup in the reboiler kmol H_C liquid holdup in the condenser kmol H_F amount of feed charge kmol H_j liquid holdup on tray j kmol H^o_j initial liquid holdup on tray j kmol H_R liquid holdup in the residue in column and reboiler kmol K_P gain for PI-controller L reflux flow kmol/hr L_j liquid flow from tray j kmol/hr L^o_j initial liquid flow from tray j kmol/hr N number of trays in the column section N_{cyc} number of cycles in the cyclic policy N_{min} minimum number of trays q a measure for the degree of difficulty of separation = N_{min}/N R internal reflux ratio, = L/(L + D) t time hr t_0 initial time hr t_f total operating time hr t_{fill,k} filling period for cycle k hr t_{totalreflux,k} total reflux period for cycle k hr t_{dump,k} dumping period for cycle k hr t_{cycle,k} cycle time = t_{fill,k} + t_{totalreflux,k} + t_{dump,k} hr V_j vapor flow from tray j kmol/hr V_N vapor flow from the reboiler kmol/hr x_A mole fraction of light component in accumulator x_B mole fraction of light component in reboiler x^s_D set point for the mole fraction of light component in distillate flow x_F mole fraction of light component in feed charge x_j mole fraction of light component in liquid on tray j x_R mole fraction of light component in residual in column/reboiler y_j mole fraction of light component in vapor on tray j Greek letters:

α relative volatility ϵ approach to equilibrium τ hydraulic time constant hr^{−1} τ_I integral time for PI-controller hr Scripts:

k cycle number

spec specified value

o initial value

References

[1] Barb, D.K. and C.H. Holland, ”Batch distillation”, Proceedings of the 7th World Petroleum Congress, 4, 31-44, 1967.

[2] Baron, G., S. Wajc and R. Lavie, ”Stepwise periodic distillation - I.”, Chem. Eng.

Sci., 35, 859-865, 1980.

[3] Block, B., ”Control of batch distillations”, Chem. Eng., Jan., 147-150, 1967.

[4] Cannon, M.R., ”Controlled cycling improves various processes”, Ind. Eng. Chem., 53(8), 629-634, 1961.

[5] Christensen, F.M. and S.B. Jørgensen, ”Optimal control of binary batch distillation with recycled waste cut”, Chem. Eng. J., 34, 57-64, 1987.

[6] Diwekar, U.M., R.K. Malik and K.P. Madhavan, ”Optimal reflux rate policy determination for multicomponent batch distillation columns”, Comp. Chem. Eng., 11, 629-637, 1987.

[7] Farhat, S., L. Pibouleau, S. Domenech and M. Czernicki, ”Optimal control of batch distillation via nonlinear programming”, Chem. Eng. Process, 29, 33-38, 1991.

[8] Gonzalez-Valasco, J.R., M.A. Gutierrez-Ortiz and J.M. Castresana-Pelayo, ”Periodic batch distillation, analysis and simulation”, Rev. latinam. ing. quim. quim. apl., 17, 83-92, 1987.

[9] Holland, C. D. and A. I. Liapis, ”Computer methods for solving dynamic separation problems”, McGraw-Hill Book Company, New York, 195-202, 1983.

[10] Logsdon, J.S. and L.T. Biegler, ”Accurate determination of optimal reflux policies for the maximum distillate problem in batch distillation”, AIChE Spring National Meeting 1992, New Orleans, paper 61d, 1992.

[11] Mujtaba, I.M. and S. Macchietto, ”Optimal control of batch distillation”, 12th IMACS World Conf., Paris, Vol. 2, 635-638, 1988.

[12] Mujtaba, I.M., ”Optimal operating policies in batch distillation”, Ph.D. Thesis, Imperial College, University of London, 1989.

[13] Mujtaba, I.M. and S. Macchietto, ” The role of holdup on the performance of binary batch distillation”, Proceedings PSE’91, Montebello, Canada, 1.19.1-1.19.15, 1991.

[14] Nowicki, L. and A. Gorak, ”Methode zur Simulation der periodischen Rektifikation mit vollständigem Rücklauf”, Chem.-Ing.-Tech., 60(7), 555-557, 1988.

[15] Perry, R.H. and D. Green, ”Perry’s Chemical Engineers’ Handbook”, 6th ed., McGraw-Hill Book Company, 1984.

[16] Vassiliadis, V. ”Computational solution of dynamic optimization problems with general differential-algebraic constraints”, Ph.D. Thesis, University of London, 1993.

92 CHAPTER 3. A CYCLIC OPERATING POLICY FOR BATCH . . .

Chapter 4

Comparison of Regular and Inverted Batch Distillation

Eva Sørensen and Sigurd Skogestad^1

Department of Chemical Engineering University of Trondheim-NTH N-7034 Trondheim, Norway

Unpublished

Abstract

Several new alternative strategies have been suggested to increase the productivity of batch distillation. One is the use of inverted columns where the feed is charged to the condenser drum instead of to the reboiler as for regular columns. In this paper we discuss the differences in dynamic behavior between a regular and an inverted batch column. Optimal results in terms of minimum operating time for separations in both columns are considered. Intuitively, one may think that an inverted column is best for separations with large amounts of light component in the feed. Surprisingly, we find the opposite: the inverted column is better in terms of less operating time when light component is present in only small amounts. The chapter concludes with a discussion of ”inverted” separations; removal of light component in a regular column versus removal of heavy component in an inverted column.

1Author to whom correspondence should be addressed, E-mail: skoge@kjemi.unit.no, phone: +47-73-594154, fax: +47-73-594080.

4.1 Introduction

Batch distillation is a very old unit operation in the chemical industry. During the last century, continuous distillation took over most of the processes where batch distillation was originally used. However, batch processes are becoming increasingly important again as a result of the expansion in the fine chemical and pharmaceutical industries. These industries are characterized by small amounts of products with high added value. Batch distillation has the advantage of being able to separate a number of products in a single column. A batch column can handle 1) multicomponent mixtures, 2) a wide range of feed compositions and 3) a varying degree of difficulty of separation (wide range of relative volatilities and product purities). The demand for efficiency and productivity is continuously increasing. However, the optimal operation is limited by the given operating strategy and the process equipment. Therefore there is a need for new or alternative strategies which can increase the productivity.

The use of inverted columns or ”regular batch columns turned upside down” has been suggested earlier in the literature. In the inverted case, the feed is charged to the condenser drum and further continuously added to the top of the column. The liquid from the bottom of the column is vaporized in the reboiler and a fraction is removed as product. The products are taken out with the heaviest component first, then the second heaviest etc. The true inverse of a regular batch column requires both the feed charge stored in the condenser drum and the product taken out, to be in vapor phase which is very unlikely. It is therefore normally assumed that the feed and the product are in liquid phase. However, this configuration is not the true inverse of the regular column as we will show in this paper.

The use of an inverted, or stripping, column was originally proposed by Robinson and Gilliland (1950). They stated that the main advantage with this configuration was that the most volatile components would be collected in the condenser drum in high purity. They briefly discussed the possibility of running the column first in a normal batch fashion to remove the lighter components and then inverted to remove the heavier constituents. They also discussed a combined operation where the feed was added to the middle of the column and the light and heavy components were taken off simultaneously over the top and bottom respectively.

The combined operation was studied by Hasebe at al. (1992) who denoted this column configuration a complex column. They also discussed the difference between regular and inverted columns. They claimed that a regular column always has a better separation efficiency than an inverted column if the separation conditions are the same and the relative volatility is constant (”inverted” separations). The conclusion was based on a comparison between the equilibrium curves and operation lines for a regular and an inverted column with all other conditions equal.

Mujtaba and Macchietto (1992) discussed use of a complex column to improved the operation of reactive batch distillation. They found that this column configuration improved conversion and product yield significantly when the reaction products had two extreme boiling points (highest and lowest in the reaction mixture). The use of an inverted column for cases where the reaction product had a higher boiling point than the reactants was suggested but no examples where given. Mujtaba and Macchietto (1994) discussed use of inverted and complex columns for an example with reactive batch distillation. For this example the inverted column gave a lower conversion than the regular column. This was explained in terms of the difference in relative volatility between the heavy components compared to between the light ones.

Chiotti and Iribarren (1991) presented simplified models for binary batch distillation in both regular and inverted columns. They included an intermediate cut which was recycled to the next feed charge. Their models were based on the assumption of pseudosteady-state in the column. Numerical integration was thereby avoided. They stated that the inverted column was more economical than the regular one for heavy products of high purity. They presented two numerical examples where they optimized the total annual cost for two separations in both an inverted and a regular column. Chiotti et al. (1993) extended these models to multicomponent mixtures. They also considered columns which could be used for both rectification (regular column) and stripping (inverted column) where the products were taken off both at the top and bottom of the column in given sequences. With their very simplified models they found that, for a ternary mixture, the inverted column was optimal when the purity specification for the heavy product was high. It should be noted that both in this paper and in the previous one, the optimal number of trays in the column was in most cases higher for the inverted column than for the regular one.

To the best of our knowledge, no comparison between regular and inverted columns in terms of optimal operation has been given in the literature so far.

In this paper, we will first briefly discuss the differences in dynamic behavior between a regular and an inverted batch column for separations with different feed compositions. Thereafter we consider the optimal operation of both columns in terms of minimum operating time for the same separations. Intuitively, one may think that an inverted column is best for separations with a large amount of light component in the feed, because one may somehow avoid to ”boil off” this large amount. However, as we shall see the opposite conclusion is true: the inverted column is preferable to the regular column, in terms of shorter operating time, when the light component is present in small amounts in the feed mixture. At the end of the paper, we will discuss the operation of the two columns for ”inverted” separations (removal of light component in a regular column versus removal of heavy component in an inverted column).

4.2 Comparison of dynamic behavior under total re- flux In this section we compare the behavior of an inverted and a regular column in terms of dynamic responses and rate of approach to equilibrium under total reflux operation (startup). The columns are shown in Figure 4.1. Note that the feed and the product are in liquid phase also in the inverted column. The ideal inverted column with feed and product in vapor phase is discussed at the end of this paper.

We will here compare the behavior when the same separation (in terms of feed composition x_F ) is performed in both columns. ”Inverted” separations (x_{F,light} in the regular

Figure 4.1: A regular and an inverted batch column.

Table 4.1: Operating parameters.

Column N α V_B H_F H_j H_B H_C kmol/hr kmol kmol kmol kmol Regular 10 2.0 10.0 10.0 0.001 H_F − NH_j − H_C 0.01 Inverted 10 2.0 10.0 10.0 0.001 0.01 H_F − NH_j − H_B

column equal to x_{F,heavy} in the inverted column) will be discussed later. We will denote the first component taken off as the ”withdrawn” component; i.e. light in the regular column and heavy in the inverted column. The ”withdrawal” end of the column is the top for the regular column and the bottom for the inverted column. Mole fractions are given for the light component unless specifically stated otherwise.

4.2.1 Example studied

A binary mixture with constant relative volatility is assumed. The operating parameters are given in Table 4.1. The dynamic models are given in Appendix. SPEEDUP (1993) is used for the simulations. In the regular column, the feed is charged to the reboiler and in the inverted column to the condenser drum. In both cases the feed is assumed to be liquid at its boiling point. The time and energy input to heat the feed charge to its boiling point is neglected. In any case this time is the same for the two columns since the feed is in liquid phase in both cases, but for an ideal inverted column the feed charge has to be completely evaporated. Initially, the column is assumed filled with liquid at its boiling point with a composition equal to that of the feed. (This assumption is not important for the results, see Chapter 2 of this thesis.) It is assumed that the vapor flow V_B can be manipulated directly.

4.2.2 Results

We have considered three different cases for startup under total reflux:

1. The light component is present in only a small amount, x_F = 0.1

2. The feed is equimolar, x_F = 0.5

3. The light component is present in a large amount, x_F = 0.9

The total reflux responses for the light component are shown for the three cases in Figure 4.2. We see that in the regular column, the light component will be transported upwards and accumulates in the top whereas in the inverted column the heavy component is transported to the bottom. Note that the time to reach equilibrium is very short due to the low column and condenser holdups in this example.

In both cases, the dynamic responses are fastest in the withdrawal end of the column. That is, in the top of the regular column and in the bottom of the inverted column. Note that the initial responses in Figure 4.2 are equal but in opposite direction for the top and bottom of the columns (dx_D/dt |_{t=0} in the inverted column equal to dx_B/dt |_{t=0} in the regular column and vice versa).

For the case with equimolar feed, x_F = 0.5 (middle plots), the responses for the regular and the inverted column are very similar but not quite equal in terms of being mirror images of each other. This is because the inverted column studied here is not the true inverse of the regular column since the feed is in liquid and not in vapor phase. (This is discussed in Section 4.4.)

Rate of approach to equilibrium. Next consider the rate of approach to equilibrium. For this comparison the responses are best shown in terms of normalized variables: x^{norm}(t) = x (t) − x^o x^{ss} − x^o (4.1)

From Figure 4.3 we see that both columns reach equilibrium slowest when the amount of ”withdrawn” component is small. (For instance when x_F = 0.1 in the regular column and x_F = 0.9 in the inverted column). The reason for this is that it takes a long time for the small amount of the ”withdrawn” component to moved from the feed end through the column, which is filled mostly with the other component, to the withdrawal end.

FEED END TRAYS WITHDRAWAL END

Figure 4.2: Time responses of compositions for regular and inverted column under total reflux.

FEED END TRAYS WITHDRAWAL END

Figure 4.3: Time responses for normalized compositions for regular and inverted column under total reflux.

4.3 Optimal operation

In this section, we consider the optimal operation in both a regular and an inverted column in terms of minimum operating time for given separations. We will show that the inverted column is in fact better than the regular column for separations where the light component is present in a small amount in the feed mixture.

4.3.1 The minimum time problem

The optimal operation in terms of minimum operating time can be stated as:

min_{R,RB} t_f (4.2)

subject to x_A ≥ x^{spec}_A (4.3) x_R ≥ x^{spec}_R (4.4) In words, find the optimal reflux ratio R (for the regular column) or reboiler ratio R_B (for the inverted column) which minimizes the operating time t_f subject to constraints on the compositions of accumulated light and heavy product. In the following examples, we have selected to use the same purity specifications for the two products, that is x^{spec}_A = 1 − x^{spec}_R = x^{spec} (4.5) The optimization parameters R and R_B are assumed piecewise continuously linear over two intervals giving a total of 5 optimization variables (R(t_0), R(t_1), R(t_f ), t_1 and t_f ). The optimization program DAEOPT developed at Imperial College, London (Vassiliadis, 1993) is used. It should be noted that since more than one optimization variable is involved, several local minima may exist.

4.3.2 Results

We consider 13 cases with different values for the feed composition and product specifications. Other operating parameters are as given before (Table 4.1). The minimum operating time is presented for the 13 cases in Table 4.2 and shown graphically in Figure 4.4. The corresponding optimal reflux and reboiler ratios are shown for three of the cases in Figure 4.5 and details on how the compositions change with time are shown in Figure 4.6 for one case.

From Table 4.2 and Figure 4.4 we see that the inverted column has indeed a shorter operating time than the regular column for some separations. More surprisingly, the inverted column is better for cases where the products are to be recovered at high purity from a feed low in light component whereas the regular column if found to be best for cases where the products are to be recovered at high purity from a feed rich in light component. The regular column is found to be better than the inverted column for all symmetrical separations, x_F = 0.5.

4.3. OPTIMAL OPERATION 101

Table 4.2: Minimum operating time t_f for varying purity specifications x^{spec} for regular and inverted column (Same purity specification x^{spec} for both products).

Purity Minimum operating time specification inverted column regular column x^{spec} t_f , hr t_f , hr Feed composition x_F = 0.1 0.925 1.043 0.409 0.950 1.369 1.024 0.975 2.264 2.940 0.980 2.532 4.448 0.990 4.041 >100 Feed composition x_F = 0.5 0.925 3.022 2.200 0.950 3.807 2.610 0.990 10.010 5.905 Feed composition x_F = 0.9 0.925 0.709 1.248 0.950 1.791 1.630 0.975 4.691 2.410 0.980 7.856 2.462 0.990 >100 3.192

Figure 4.4: Minimum operating time t_f as a function of purity specifications x^{spec} for a regular and an inverted column.

However, more importantly, for some specifications the inverted column gives a moderate operating time when the separation is not even possible in the regular column (x_F = 0.1 and x^{spec} = 0.999).

The reason why the inverted column is best when x_F is small is, as shown previously in Figure 4.3, that it takes a long time to ”move” a small amount of light component from

Figure 4.5: Optimal reflux ratio R and reboiler ratio R_B.

Figure 4.6: Composition of product in accumulator or residue (x_F = 0.1 and x^{spec} = 0.98.)

the reboiler to the top of the column when a regular column is used. In some cases the separation is not even possible in a regular column.

The reflux and reboiler ratios in Figure 4.5 are very close to 1 for separations where a small amount of product is to be withdrawn from the column leaving a large amount of the other product as residue (e.g. x_F = 0.1 in the regular column and x_F = 0.9 in the inverted column). In the opposite case, where a large amount is withdrawn, the ratios are low initially but increase with time as the column is gradually depleted of the ”withdrawn” product (e.g. x_F = 0.9 in the regular column and x_F = 0.1 in the inverted column).

The compositions of the products in the residual and the accumulator are given in Figure 4.6 for a case when the inverted column is best (x_F = 0.1 and x^{spec} = 0.98). For the regular column, the accumulator composition is slightly higher than the specification during most of the run and reaches the specified value at the final time. In the inverted column, the composition in the residue is slowly increasing as the heavy component is removed in the bottom.

4.3.3 Practical considerations

For cases with a small amount of light component, when an inverted column generally is optimal, the inverted column may also be an easier solution in practice because the end of the batch can be easily detected from temperature measurements. The temperature in the residue will decrease steadily during the batch (see Figure 4.6). For the same separation in the regular column, the end of the batch is difficult to detect based on temperature measurements at the ends of the column alone.

However, there are two main disadvantages with the inverted column. The first is that the reboiler holdup must be very low since the reboiler holdup in an inverted column has the same effect on operating time as the condenser holdup in a regular column, i.e. the operating time will normally increase with reboiler holdup (see Chapter 3). A sufficiently low holdup may be difficult to achieve in practice. Secondly, the holdup in the reboiler must be controlled using the reflux flow from the condenser drum as manipulated variable since the liquid flow from the column section to the reboiler can not be controlled directly. (In our simulations the liquid flow dynamics were neglected and the level control was assumed perfect.)

4.4 The performance of ”inverted” separations

So far we have considered the separation of the same feed mixture in a regular and an inverted column. The problem one is faced with in practice it the decision as to which column configuration is the best for a given feed mixture. Nevertheless, in this section we will compare what we denote ”inverted” separations: the removal of light component from a regular column compared to the removal of heavy component from an inverted column or vice versa. The feed compositions are mirror images of each other x_F (regular column)=1 − x_F (inverted column). This is done in an attempt to more fully understand the behavior of inverted columns.

Let us first go back to the optimal results in the previous section. By comparing the shape of the plots in Figure 4.4 it can be seen that the separation in the inverted column (dotted line in left plot) has a similar operating time profile as the separation in the regular column (solid line in right plot). The same comparison can be made for the reverse case. Also, the optimal reflux and reboiler ratios have a similar shape and value for ”inverted” separations (dotted line in left plot similar to dotted line in right plot in Figure 4.5). Nevertheless, the operating time for ”inverted” separations have different values, for example:

Inverted column: t_f = 2.264 hr for x_F = 0.1 and x^{spec} = 0.975 Regular column: t_f = 2.410 hr for x_F = 0.9 and x^{spec} = 0.975

In the following we will compare the regular and the inverted column for ”inverted” separations in terms of dynamic behavior under total reflux and during production. We will argue that the difference is due to the fact that both the feed and the product are in liquid and not in vapor phase in the inverted column. The inverted column studied so far is therefore not the true inverse of the regular column.

4.4.1 Comparison of dynamic behavior under total reflux

In Figure 4.7 we have plotted the dynamic responses in composition of the ”withdrawn” component for ”inverted” separations corresponding to the same examples as in Section 4.2 (light component in the regular column and heavy component in the inverted column). The tray responses (middle plots) are therefore from the bottom and up for increasing light composition for the regular column but from the top and down for increasing heavy composition for the inverted column.

We see that the steady state profiles are equal but the approach to equilibrium is different. The case with a small amount of light component in the regular column is found to approach equilibrium faster than the ”inverted” case with a small amount of heavy component in the inverted column (x_{F,withdrawn} = 0.1, upper plots). However, when the amount of ”withdrawn” component is increased, the rate of approach to equilibrium becomes fastest for the inverted column (bottom plots).

4.4.2 Operation of ”inverted” separations

Above we found that the steady state profiles under total reflux are the same for a regular and an inverted column for a given separation. However, the approach to equilibrium was different. How will this affect the product removal in the two columns? To answer this, consider the two following two cases:

1. A small amount of ”withdrawn” component is removed from the feed charge (x_F = 0.1 for the regular column and x_F = 0.9 for the inverted column).

2. A large amount of ”withdrawn” component is removed from the feed charge (x_F = 0.9 for the regular column and x_F = 0.1 for the inverted column).

The withdrawal and feed end compositions profiles are given in Figure 4.8 and 4.9 for the two cases. In both cases an initial total reflux period of 0.05 hr is used to reach steady state before the production period. Constant product flows are assumed. The specification for the withdrawal end composition is for the ”withdrawn” component in both cases, x^{spec}_{D,light} = x^{spec}_{B,heavy}. From Figure 4.8 it can be seen that, for the case with a small amount of ”withdrawn component”, the product composition for the inverted column drops below the specification x^{spec}_{B,heavy} = 0.9 very quickly. For the regular column however, the separation is satisfactory. For this case, the regular column has the fastest responses under total reflux as shown in Figure 4.7.

From Figure 4.9 we see that for the case with a large amount of ”withdrawn” product, the specification for the product composition is held longest for the inverted column. For this case, the inverted column has the fastest responses under total reflux as shown in Figure 4.7. However, note that if the product specification had been lower, for example 0.85, the regular column would have been best.

An explanation for the difference in dynamic behavior between the two columns can be found by considering the equilibrium and operating lines as suggested by Hasebe et al. (1992). Consider Figure 4.10 where the equilibrium and operating lines are plotted

FEED END TRAYS WITHDRAWAL END

Figure 4.7: Time responses of compositions of withdrawn component for a regular and an inverted column under total reflux (inverted separations).

Figure 4.8: Withdrawal and feed end compositions profiles for the withdrawn component. (x_F = 0.1 for the regular column and x_F = 0.9 for the inverted column, x^{spec}_{D,light} = x^{spec}_{B,heavy} = 0.9 and D = B = 0.5 kmol/hr.)

Figure 4.9: Withdrawal and feed end compositions for the withdrawn component. (x_F = 0.9 for the regular column and x_F = 0.1 for the inverted column, x^{spec}_{D,light} = x^{spec}_{B,heavy} = 0.97 and D = B = 5 kmol/hr.)

Figure 4.10: Equilibrium and operating lines for a regular and an inverted column (x^{spec}_{D,light} = 0.9 for the regular column and x^{spec}_{B,heavy} = 0.9 for the inverted column).

for the case with a small amount of ”withdrawn” component (Figure 4.8). In the plots, it is assumed that the columns are run with a constant product composition (constant distillate operating policy). Since the compositions are varying (see Figure 4.8), a new plot should be made for each instantaneous value of x_D or x_B. However, Figure 4.10 still gives a good representation of the separation taking place in Figure 4.8.

For the regular column, the product specification (x^{spec}_{D,light} ≥ 0.9) will be satisfied as long as the feed end composition of the light component is higher than x_{B,light} = 0.047. For the inverted column however, the feed end composition of the heavy component must be higher than x^{spec}_{D,heavy} = 0.085 for the product specification (x^{spec}_{B,heavy} ≥ 0.9) to be satisfied.

The same discussion on equilibrium and operating lines can be made for the case with a large amount of ”withdrawn” component (not shown).

Summary

In this section we have found that:

• The regular column has a faster approach to equilibrium than the inverted column for ”inverted” separations with a small amount of ”withdrawn” component in the feed (light in the regular column and heavy in the inverted column). Also, the regular column is able to maintain a high product composition for a longer period which will again result in either a larger amount of on-spec product or a shorter operating time for this column.

• For ”inverted” separations with a large amount of ”withdrawn” component in the feed (light in the regular column and heavy in the inverted column), the situation is the opposite. A faster approach to equilibrium and a longer on-spec period is found for the inverted column. The conclusion by Hasebe et al. (1992) that the regular column always has a better separation efficiency than the inverted column is thereby found to be wrong.

REGULAR COLUMN IDEAL INVERTED COLUMN

Figure 4.11: A regular and an ideal inverted batch column.

4.4.3 Ideal inverted column

Hasebe et al. (1992) explained the difference between regular and inverted columns to be due to the fact that the function f(x) = y(α, x) − x where y(α, x) is the vapor-liquid equilibrium equation, is not symmetrical around the vertical line x = 0.5. They stated that the regular column always has a better separation efficiency than the inverted column when the relative volatility is constant and the separation conditions are the same (here meaning ”inverted”). However, this is not the case as shown in the previous section. The main difference between the two columns is due to the fact that the inverted column is not the true inverse of the regular column since the feed and product is in liquid and not in vapor phase.

The true inverse of a regular batch column is denoted an ideal inverted column in the following. It is a column where the feed is charged as vapor to the condenser drum. This vapor is continuously condensed in a total condenser and fed to the top of the column as liquid. The liquid from the bottom of the column is completely evaporated in the reboiler. A fraction of this vapor is returned to the column and some is taken off as product.

In Figure 4.11, a regular column is compared to an ideal inverted column. The column configurations are clearly equivalent provided:

• The liquid feed in the reboiler of the regular column is vapor feed in the condenser of the ideal inverted column

• The liquid holdup in the condenser of the regular column is vapor holdup in the reboiler of the ideal inverted column

• The product is taken out as liquid in the top of the regular column but as vapor from the bottom of the ideal inverted column

• The trays are filled with liquid in the regular column but with vapor in the ideal inverted column

• The vapor holdup is neglected in the regular column but the liquid holdup is neglected in the ideal inverted column (with our model assumptions)

• The vapor flow is specified in the regular column but the liquid flow is specified in the ideal inverted column

Finally, for constant relative volatility the separation is equivalent provided the liquid mole fraction of light component in the regular column is the mole fraction of heavy component in the inverted column. This follows since y_{light}/x_{light} y_{heavy} /x_{heavy} = α = x_{heavy}/y_{heavy} x_{light}/y_{light} (4.6)

However, having both the feed charge and the product as vapor will not be very convenient. A more practical solution is therefore to have the feed as liquid in the condenser drum and to remove the product from the reboiler as liquid. This is the column studied so far in this paper and which we denote a practical inverted column. Note that the number of theoretical stages is equal for the regular and the two inverted columns:

Column: Theoretical stages: Regular N trays + reboiler = N + 1 Ideal inverted N trays + condenser = N + 1 Practical inverted N trays + reboiler = N + 1

Note that one may directly obtain operational data for the ideal inverted column from data for a regular batch column. One then needs to reverse the data as follows: L^{inv} = V^{reg}, y^{inv}_F = 1 − x^{reg}_F , y^{inv}_A = 1 − x^{reg}_A , y^{inv}_R = 1 − y^{reg}_R (4.7) (We use y_F , y_A and y_R to denote that these are vapor phase compositions.)

The data in the right column of Table 4.2 which are for a regular column with vapor flow V_B = 10 kmol/hr, will therefore correspond to data for an ideal inverted column with reflux flow L = 10 kmol/hr. For example, for the case with x_F = 0.9 and x^{spec}_A = 1−x^{spec}_R = 0.99 the minimum operating time is 3.19 hr when vapor flow is fixed at V_B = 10 kmol/hr. Thus, with y_F = 0.1 (feed is vapor), y^{spec}_A = 1 − y^{spec}_R = 0.01 and reflux flow L fixed at 10 kmol/hr, the minimum operating time in an ideal inverted column is 3.19 hr. (If we instead fixed the vapor flow at 10 kmol/hr then the operating time would be even shorter.) It is interesting to note from Table 4.2 that in a practical inverted column this separation needs 4.04 hr which is significantly higher.

4.5 Conclusions

In this paper we have compared a regular and an inverted column in terms of dynamic behavior and optimal operation. The inverted column is found to yield the shortest operating time for separations where the light component is present in a small amount in the feed. This is because in a regular column, the relatively small amount of light component must be moved through the column from the feed end to the withdrawal end which is more time consuming since a very high reflux ratio must be used.

Note that Robinson and Gilliland (1950), who originally proposed the use of inverted columns, stated that the main advantage was that the light component would be collected in the condenser drum in high purity. This is confirmed in this paper.

We have found that the steady state profiles are equal, but the approach to equilibrium is different, for ”inverted” binary separations (removal of light component in a regular column and of heavy component in an inverted column). This is because the inverted column is not the true inverse of the regular column since the feed and product are in liquid and not in vapor phase.

The use of an ideal inverted column is, however, more of academical interest. In practice, one is faced with the decision as to whether to use a regular or a practical inverted column configuration for a given feed mixture. We believe that this paper has at least indicated the answer to this question.

Notation

B bottom flow for inverted column kmol/hr D distillate flow for regular column kmol/hr H_A liquid holdup in accumulator kmol H_B liquid holdup in reboiler kmol H_C liquid holdup in condenser kmol H_F amount of initial liquid feed kmol H_j liquid holdup on tray j kmol H_R amount in residual kmol L reflux flow kmol/hr L_j liquid flow from tray j kmol/hr N number of trays in the column section (excl. reboiler and condenser) R internal reflux ratio =L/V_1 for regular column R_B reboiler reflux ratio =V_B/L_N for inverted column t time hr t_0 initial time hr t_1 switching time for operating variables hr t_f final operating time hr V_j vapor flow from tray j kmol/hr V_B vapor flow from the reboiler to the column section kmol/hr x_A mole fraction of light component in accumulator x_B mole fraction of light component in reboiler x_D mole fraction of light component in distillate x_F mole fraction of light component in feed x_j mole fraction of light component in liquid leaving tray j x_R mole fraction of light component in residual y_B mole fraction of light component in vapor leaving reboiler y_D mole fraction of light component in vapor distillate y_j mole fraction of light component in vapor leaving tray j Greek letters α relative volatility Scripts inv inverted column j tray number liq liquid norm normalized o initial conditions reg regular column spec specified value ss steady state vap vapor withdrawn withdrawn component (light in regular and heavy in inverted)

References

[1] Chiotti, O.J. and O.A. Iribarren, ”Simplified models for binary batch distillation”, Comp. Chem. Eng., 15(1), 1-5, 1991.

[2] Chiotti, O.J., H.E. Salomone and O.A. Iribarren, ”Selection of multicomponent batch distillation sequences”, Chem. Eng. Comm., 119, 1-21, 1993.

[3] Hasebe, S., B. Abdul Aziz, I. Hashimoto and T. Watanabe, ”Optimal design and operation of complex batch distillation column”, Proc. IFAC Workshop, London, Sept. 1992.

[4] Mujtaba, I.M. and S. Macchietto, ”Optimal operation of reactive batch distillation”, AIChE 1992 Annual Meeting, Miami Beach, Nov. 1992.

[5] Mujtaba, I.M. and S. Macchietto, ”Optimal operation of multicomponent batch distillation. - A comparative study using conventional and unconventional columns”, Proc. ADCHEM’94, Japan, May 1994.

[6] Robinson, C.S. and E.R. Gilliland, ”Elements of Fractional Distillation”, McGraw- Hill Book Company, Inc., New York, 4th ed., 1950.

[7] SPEEDUP Release 5.4 User Manual, Prosys Technology Ltd., 1993.

[8] Vassiliadis, V., ”Computational solution of dynamic optimization problems with general differential-algebraic constraints”, Ph.D. Thesis, University of London, 1993.

Appendix. Dynamic models

The dynamic models used in this study are valid under the following assumptions:

1) Staged batch distillation column (trays numbered from the top and down) 2) Perfect mixing on all trays 3) Negligible vapor holdup 4) Constant stage pressures and tray efficiencies 5) Equal vapor flows in the column 6) Total condensation with no subcooling in the condenser 7) Constant relative volatility 8) Constant molar liquid holdup on all trays (liquid dynamics are neglected) 9) Constant molar condenser holdup in the regular column (perfect control) 9) Constant molar reboiler holdup in the inverted column (perfect control)

The following differential and algebraic equations result (see Figure 4.1):

APPENDIX. DYNAMIC MODELS 113

Regular column Inverted column

reboiler dH_B/dt = L_N − V_B 0 = L_N − V_B − B d(H_Bx_B)/dt = L_N x_N − V_By_B H_Bdx_B/dt = L_N x_N − V_By_B − Bx_B R_B = V_B/L_N

column 0 = L_{j−1} + V_{j+1} − L_j − V_j 0 = L_{j−1} + V_{j+1} − L_j − V_j tray H_j dx_j/dt = L_{j−1}x_{j−1} H_j dx_j/dt = L_{j−1}x_{j−1} +V_{j+1}y_{j+1} − L_jx_j − V_j y_j +V_{j+1}y_{j+1} − L_jx_j − V_j y_j V_j = V_{j+1} V_j = V_{j+1}

cond- 0 = V_1 − L − D dH_C/dt = V_1 − L enser H_Cdx_D/dt = V_1y_1 − Lx_D − Dx_D d(H_Cx_D)/dt = V_1y_1 − Lx_D R = L/V_1

accum- dH_A/dt = D dH_A/dt = B ulator d(H_Ax_A)/dt = Dx_D d(H_Ax_A)/dt = Bx_B

equil- y_j =^{αxj}_{1+(α−1)xj} y_j =^{αxj}_{1+(α−1)xj} ibrium

The reflux ratio R for the regular column is the internal reflux ratio L/V_1, not the usual external ratio L/D. (This is better solved numerically since R_{internal} ∈ [0, 1] whereas R_{external} ∈ [0, ∞ >.) The reboiler ratio in the inverted column, R_B, is also defined as an internal ratio V_B/L_N . The external ratio is in this case given as R_{B,external} = V_B/B.

It is assumed that the vapor flow V_B can be manipulated directly. The heavy product flow B in the inverted column is assumed to be taken out from the reboiler as liquid with a composition equal to x_B.

114 CHAPTER 4. COMPARISON OF REGULAR AND INVERTED BATCH . . .

Chapter 5

Control Strategies for Reactive Batch Distillation

Eva Sørensen and Sigurd Skogestad^1 Department of Chemical Engineering University of Trondheim-NTH N-7034 Trondheim, Norway

Parts of this chapter has been presented at

AIChE 1991 Annual Meeting, Los Angeles, November 1991 (paper 140e)

and at NATO ASI on Batch Processing Systems Engineering, Turkey, June 1992

Submitted to Journal of Process Control

Abstract

A batch reactor may be combined directly with a distillation column by distilling off the light component product. This is done in order to increase the reactor temperature or to improve the product yield of an equilibrium reaction. The same amount of the light product should be removed as the amount being formed by the reaction at any time. A linearized model has been developed which describes the process behavior satisfactory for control analysis purposes. Controllability of a combined batch reactor/batch distillation column is found to depend strongly on operating conditions and on the time during the run. In general, controlling only the reactor temperature (one point bottom control), is difficult since the set point

1Author to whom correspondence should be addressed, E-mail: skoge@kjemi.unit.no, phone: +47-73-594154, fax: +47-73-594080.

must be specified below a maximum value in order to avoid break-through of intermediate component in the distillate. This maximum value is usually not known a priori. For the example considered in this study, control of both reactor temperature and distillate composition (two-point control) is also found to be difficult due to large interactions in the column. As with one point bottom control, the reactor temperature must be specified below a maximum value. However, energy can be saved since the heat duty can be decreased with time. Controlling the temperature on a tray in the column (one point column control) is found to give good performance for the given process with no loss of reactant and a high reactor temperature although no direct control of the reactor temperature is obtained.

5.1 Introduction

Batch distillation is used in the chemical industry for the production of small amounts of products with high added value and for processes where flexibility is needed, for example, when there are large variations in the feed composition or when production demand is varying. A batch reactor can be combined with a distillation column as shown in Figure 5.1. The objective is to increase the reaction temperature and to improve the product yield of equilibrium reactions in the reactor by distilling off one or more of the products, thereby driving the equilibrium towards the products.

The control objective when considering batch processes is usually either i) to minimize the operating time or ii) to maximize the product yield or quality. Most of the papers

Figure 5.1: Batch distillation column/reactor.

5.1. INTRODUCTION 117

published on batch distillation focus on finding optimal reflux ratio policies. However, sometimes the control objective is simply to obtain the same conditions in each batch. This was the case for the specific industrial application which was the starting point for our interest in this problem and which is to be presented later.

Few authors have considered the operation of batch distillation with chemical reaction although these processes are inherently difficult to operate and control. The analysis of such systems in terms of controllability has so far only been considered by Sørensen and Skogestad (1991, 1992). Roat et al. (1986) have developed a methodology for designing control schemes for continuous reactive distillation columns based on interaction measures together with rigorous dynamic simulation. However, no details about their model were given.

Modeling and simulation of reactive batch distillation has been investigated by Cuille and Reklaitis (1986), Reuter et al. (1988) and Albet et al. (1991). Cuille and Reklaitis (1986) developed a model and solution strategies for the simulation of a staged batch distillation column with chemical reaction in the liquid phase. Reuter et al. (1988) incorporated the simulation of a PI-controller in their model of a batch column with reaction only in the reboiler. The controller was used to control the top tray temperature using the distillate flow as manipulated variable. They stated that their model could be used for the investigation of control structure with the aid of Relative Gain Array analysis (RGA) but no details were given. Albet et al. (1991) presented a method for the development of operational policies based on simulation strategies for multicomponent batch distillation applied to reactive and non-reactive systems.

Egly et al. (1979, 1983) considered optimization and operation of a batch distillation column accompanied by chemical reaction in the reboiler. Egly et al. (1979) presented a method for optimization of batch distillation based on models which included the nonideal behavior of multicomponent mixtures and the kinetics of chemical reactions. The column operation was optimized by using the reflux ratio as control variable. Feeding one of the reactants during the reaction was also considered. In a later paper (1983), they also considered control of the column based on temperature measurements from different parts of the column. The optimal reflux ratio policy was achieved by adjusting the distillate flow using a non-linear control system. However, no details where given about neither the column/reactor nor the control system.

The purpose of this paper is to give an understanding of the dynamic behavior of reactive batch distillation and to show how this process differs from batch distillation without reaction. Also we want to investigate the possible difficulties in controlling a reactive batch distillation process and give some alternative control strategies based on an industrial example.

First, an industrial process, consisting of a batch reactor with a rectifying column on top, is presented. In this process the reaction is limited to the reactor/reboiler. Based on a staged equilibrium model, we present special features of reactive batch distillation. We show how a linearized model of the process can be used to describe the behavior in different operating points. Using this linear model we present a simple controllability analysis based on step responses. Several control strategies are presented. We consider two-point control, where both the top and the bottom part are controlled, as well as one point control, where only one part of the column/reactor is controlled. A Relative Gain Array (RGA) analysis is used in the investigation of control structures in two point control.

5.2 Process example

In this study we have developed a dynamic model for a combined batch reactor/batch distillation process consisting of a total mass balance, the mass balances for each component, the energy balance, linear tray hydraulics and Raoult’s law for the vapor-liquid equilibrium. A staged equilibrium model is used for the distillation column and the condenser holdup is assumed to be perfectly controlled. The dynamic model is given in Appendix A. It was solved and linearized using SPEEDUP (1992).

The basis for this study is an industrial equilibrium esterification reaction of the type

ξ_1R_1(aq) + ξ_2R_2(l) + ξ_3R_3(l) ⇀↽ P (s) + W (l)

where R_1 is a dibasic aromatic acid (Therephthalic acid with T_b = 767^0C), R_2 and R_3 are glycols (1,2-Propanediol with T_b = 188^0C and 1,6-Hexanediol with T_b = 243^0C), P is the solid polymer product and W is the side-product (Water with T_b = 100^0C). The overall reaction rate is described by the following rate equation:

r_B = r_{R1} = k_1c_{R1} (c_{R2} + c_{R3} ) − k_2c_W (5.1)

where k_r = k_{0,r} exp ( − E_r R_g ( 1 T_B − 1 T_0 )) (5.2)

The determination of the kinetic parameters (k_{0,r}, E_r and T_0) based on the industrial case study is given in Appendix B. The activation energy for the reverse reaction is the same as for the forward reaction, i.e. E_1 = E_2. The frequency factor for the reverse reaction k_{0,2} is one fourth that of the forward reaction k_{0,1}. However, the reverse reaction is usually negligible as the concentration of W in the reactor, c_W , will in most cases be very small (typically about 0.005 kmol/m^3 compared to about 4.7 kmol/m^3 for R_1) since the water is constantly removed by distillation. The reverse reaction will only have some influence at the very end of the batch when most of the reactants have been used up and also c_{R1} , c_{R2} and c_{R3} are small. A summary of the process data is given in Table 5.1. Note that some water is added initially to dissolve the heavier components. The physical properties data for the components (P^{vap}_{ji} , h^L_{ji}, h^V_{ji} and ρ_i) were taken from Daubert and Danner (1985).

The amount of reactant R_2 in the feed in the industrial unit was 20 % higher than necessary to yield complete conversion of the reaction. This was done to account for the possible loss of reactant in the distillate with the existing operating procedure. In this study no excess of R_2 was used.

This process has been studied earlier by Sørensen and Skogestad (1991, 1992, 1994). Compared to the process model used by Sørensen and Skogestad (1991, 1992), in this study the number of stages in the column is reduced from 6 to 5 and the excess of

5.2. PROCESS EXAMPLE 119

Table 5.1: Process data for the industrial case study.

Column: reboiler + 5 trays + total condenser + accumulator Reaction: 1.0 R_1 + 0.7 R_2 + 0.3 R_3 → P (s) + 2.0 W Activation energies: E_1 = E_2 = 18 kcal/mol = 7.5 · 10^4 kJ/kmol Frequency factors: k_{0,1} = 0.06 and k_{0,2} = 0.015 Reference temperature for k_r: T_0 = 500.0 K Pressure in column/reactor: P =1 atm Maximum heat input: Q_{R,max} = 0.85 · 10^6 kJ/hr = 236.1 kW Hydraulic time constant: τ =0.0018 hr =6.5 s Condenser holdup: H_C = 1.7 kmol Initial holdup on the trays: H^0_j = 0.1 kmol Initial feed: R_1: 10.40 kmol (Acid) R_2: 7.28 kmol (Alcohol) R_3: 3.12 kmol (Alcohol) P : 0.00 kmol (Polyester) W : 2.20 kmol (Water)

R_2 is no longer included. Furthermore, the model is extended to also include energy balances and a temperature- and concentration dependent reaction rate (see Appendix A). Optimization and on-line operation of the process using one-point column control was studied by Sørensen and Skogestad (1994). (An extended version of this paper is presented in Chapter 6 of this thesis).

The existing operating procedure was to use one-point top control; the temperature at the top of the column T_1 was kept constant at about 103^oC using the reflux flow L as manipulated variable. Simulations with the dynamic model in Appendix A gives an average distillate composition of 0.004 (about 2 weight%) of the reactant R_2 and thereby a loss of this component (about 1 % in total). Due to disturbances, such as varying heat input or pressure, this loss was often higher in practice. The vapor flow was maximized by using maximum constant heating of the reactor Q_{R,max} and the condenser level was controlled by the distillate flow D. The simulated temperature profile with this control strategy for the ideal case with no disturbances is given in Figure 5.2. The reactor temperature T_B is almost constant at the beginning but increases slightly as reaction proceeded. There is a sharp increase in temperature at the end of the reaction when the light reactant R_2 is almost used up. The conditions on tray 4 and 5 are practically equal since the column has more stages than needed for the desired separation. The simulated conversion at the end point (t=10.5 hr) is 0.957 due to the loss of R_2.

With the existing control scheme there is no direct control of the reactor temperature T_B and more severely, there is a varying loss of the reactant R_2. This leads to a varying quality of the product P (s) between batches.

For an equilibrium reaction, combining the reactor with the distillation column has two effects:

1. Increase the reactor temperature by removing the light component W as distillate.

Figure 5.2: Temperature profile with existing control strategy (one-point top control) without disturbances.

This will also increase the rate constants and thereby the reaction rate.

2. Drive the equilibrium reaction towards the products P and W by removing the side-product W as distillate.

For the example in this study, the rate of the reverse reaction is in most cases very low due to the low concentration of W in the reactor. The main effect will therefore be the increase in reactor temperature.

In operating the process, one of the main objectives is to keep the reactor temperature as high as possible in order to reduce the reaction time. One way of achieving this is to run the process under pressure but this was not possible for the industrial process studied in this example. However, the reactor temperature must not exceed 240^0C since this may lead to decomposition of the polymer product P .

5.3 Understanding reactive batch distillation

The conventional operating policies for normal batch distillation columns are:

1. Constant distillate composition x_D (or temperature T_1)

2. Constant reflux ratio R

3. Time varying or optimal reflux ratio R(t)

The constant distillate composition policy is usually implemented using feedback control with either reflux flow or distillate flow as manipulated variable. The reflux ratio policies are open loop, that is, predefined values are used without feedback from the process.

As long as the set point for the controlled variable x_D or the set variable R is high enough compared to the heat input Q_R, the separation in a regular batch column will be satisfactory. Overspecifying the set point, e.g setting the reflux ratio to a higher value than necessary, will merely result in a slightly longer operating time but the products being distilled will be purer than specified.

5.3. UNDERSTANDING REACTIVE BATCH DISTILLATION 121

Figure 5.3: Constant reflux ratio policy (R = 0.92). Top: Disturbances in heat input Q_R. Bottom: Reactor temperature profile T_B with (-) and without (··) disturbance in heat input Q_R.

In the case of reactive batch distillation, where a reaction is taking place either only in the reboiler/reactor or in the whole column, some of the components will be removed and some will be formed in addition to what is removed or fed as part of the separation. The obvious question is then: Can the same operating policies still be used as for regular batch distillation? The answer is yes for the constant distillate composition policy but no for the open-loop reflux policies and we will in this section explain why.

Constant reflux policy

The temperature profile for the reactor when the process is operated according to the constant reflux ratio policy is given in Figure 5.3. Simulations with and without disturbances are given. The disturbance is assumed to be in the reboiler heat duty Q_R (max. ±18 %). The temperature profile for the case with disturbances (solid line) deviates significantly from the ideal one without disturbances (dotted line). It should be noted that the loss of reactant R_2 is only 3.7 · 10^{−5} and 9.1 · 10^{−5} kmol for the undisturbed and disturbed case respectively. However, the reboiler temperature deviates up to 6^oC from the undisturbed one which will result in a varying quality of the polymer product P between batches.

In the case of reactive batch distillation, an open-loop operating policy (like reflux ratio policies) is therefore not good enough. Even though the separation in the column section may be satisfactory, the product quality might still vary (little reactant R_2 was lost in either case in Figure 5.3). Because of the reaction in the reactor, we need some sort of feedback control with the reactor/column conditions in order to reduce the effect

Figure 5.4: Reactor temperature profile when the removal of light side-product W in the distillate is 95 %, 100 % and 105 % of the amount formed at any time (simulations).

Table 5.2: Results for varying removal of light side-product W in the industrial case study.

removal as % loss of reactant conversion final batch product P , kmol energy consof formation R_2, kmol of R_1 time, hr (monomer block) umption, kJ 105.00 1.091 0.764 8.16 7.946 6.9 · 10^6 100.00 2.2 · 10^{−5} 0.990 14.30 10.296 12.2 · 10^6 95.00 3.8 · 10^{−6} 0.990 328.04 10.296 278.8 · 10^6

of possible disturbances on the reaction.

Effect of product flow

To understand the above results we consider the effect of the distillate (product) flow. Ideally, the same amount of light product should be removed in the separation as the amount being formed by the reaction at any time. If less is removed in the distillate, too much light product will be left in the column and the overall reaction rate will decrease due to the reduced temperature. If the distillate flow is too high, all the light product formed will be removed but in addition also some of the light reactants. Some of the reactants are thereby lost and the conversion will be reduced. Also in some cases these reactants must be removed from the distillate later.

This is shown in Figure 5.4 for the reversible reaction considered in this study. The reaction is run either until 99 % conversion or until less than 1 · 10^{−4} kmol R_2 is left in the reactor (note that these are simulated results). The loss of R_2, the conversion, the final operating time, the amount of product and the total energy consumption for each of the cases shown in Figure 5.4 are given in Table 5.2.

From Figure 5.4 it can be seen that when the distillate flow is too high (105 % removal), not only the light product W will be removed but also some of the reactant R_2. The reactor temperature increases as the reactant is removed and the reaction stops when all the light reactant is either reacted or removed. This loss of one of the reactants will not only result in a reduced amount of polymer product P , but also in a polymer which will have a different molecular structure than the specified product.

When the distillate flow is too low (95 % removal) not all of the light product W formed in the reactor is removed. The reactor temperature therefore decreases and the reaction becomes very slow. After 15 hr the conversion is still only 63 %.

For the case when the exact amount is removed (100 % removal), the temperature is decreasing during the batch. This is due to the amount of side-product W in the reboiler initially which is added to dissolve the heavier components. Since only the amount formed by the reaction is removed, the mole fraction of water in the reboiler will increase as the reaction proceeds and the reactants are used up. The temperature will therefore decrease. In fact, removing some of the initial water together with what is formed will speed up the reaction by increasing the temperature. However, care must be taken so that no reactant R_2 is lost (not shown).

For the reaction considered here the temperature dependency of the reaction rate is the dominant effect. If the reaction is considered to be irreversible (r_B = k_1c_{R1} (c_{R2} +c_{R3} )) the same results as presented in Figure 5.4 are obtained (not shown).

5.4 Controllability analysis

In this section we will describe some important features considering the dynamic behavior of reactive batch distillation using the process example. A linear model is developed for this purpose. Measurements, manipulated variables and disturbances are defined and the effect of operating point and of disturbances on the measurements are discussed.

5.4.1 Linear model

In order to investigate the controllability of a process using available tools, a linear model is needed. Based on the non-linear model described in Appendix A, a linear model can be developed by linearizing the equation system at a given operating point. For continuous processes normally only one operating point is considered; that of the steady state conditions. The linear model is then found by linearizing around this operating point and will be valid for small deviations from steady state. When considering batch processes there is no such steady state; the conditions in the reactor or column are changing with time and the model is linearized along a trajectory. A linearized model of the process can be described by the following equations:

dx/dt = Ax + Bu + Ed (5.3) y = Cx + Du + F d (5.4)

Where

x = [all states]^T y = [ΔT_B, Δx_{D,2}, ΔT_c, ΔT_1, ΔT_2, ΔT_3, ΔT_4, ΔT_5]^T u = [ΔD, ΔL, (ΔQ_R)]^T d = [ΔP_B, (ΔQ_R), Δξ_2, ΔE_1, Δk_{0,1}, Δk_{0,2}]

Figure 5.5: Linearization of a function f(time) at t = T_1, T_2, T_3 and T_4.

Note that the reboiler heat duty Q_R is assumed to be either a control variable or a disturbance. Laplace transformation yields:

y(s) = G(s)u(s) + G_d(s)d(s) (5.5)

All variables represent deviations from the nominal trajectory or the ”natural drift” along a trajectory with the flows and disturbances constant. It is the deviation from the natural drift which is important for control since this is the only thing the control system can affect. However, since this is a batch process which is never at a steady-state, the way we have reached the linearization point is also of importance since this will affect the states in the model. (Even when, at a given time, the values of the disturbances and outputs are identical). In this section we have derived the linear model from the trajectories given by the idealized case of 100 % removal of side-product W as presented earlier. The linear model is valid for small deviations from the nominal trajectory at the linearization time. This is illustrated in Figure 5.5 where a function f(time) is linearized at t = T_1, T_2, T_3 and T_4. The resulting linear models are denoted L_1, L_2, L_3 and L_4.

In defining the linear model we have assumed that the temperature in the reboiler T_B can be measured in addition to the amount of reactant R_2 in the distillate flow x_{D,2}. These are the two variables we are mostly interested in controlling. In addition we also assume that the temperature in the condenser and on all the trays can be measured. The manipulated variables are the distillate flow D, the reflux flow L and in some cases the heat input to the reboiler Q_R. The heat input is normally at its maximum value to reduce the operating time. In the study of one-point control it is assumed that Q_R is a possible disturbance. Other main disturbances are the pressure in the reactor P_B and the reaction parameters (stoichiometric coefficient, activation energy and frequency factors).

The linear and non-linear models are compared for a 10 % step in reflux flow L at time t = 6 hr in Figure 5.6. The linear model is seen to describe the responses well up til t ≈ 0.1 hr or 6 min. The linear model can therefore be used for control analysis purposes since in that case only the initial responses are of interest.

5.4.2 Effect of operating point

In Section 5.3 it was shown how the system changes with different product flows. It is rather obvious that the conditions in the column/reactor change when the operating

Figure 5.6: Effect of 10 % step in reflux flow L for linear and non-linear model on composition of R_2 in the distillate x_{D,2} and reactor temperature T_B (at time t = 6 hr with 100 % removal of side-product W ).

parameters, such as product flow, change. However, the conditions also change during the run.

Linear responses for the distillate composition and the reboiler temperature after a step in reflux flow are given at different operating points or selected times in Figure 5.7 (t = 0.5, 2, 4, 6, 8, 10, 12 and 14 hr). Note that the responses are the deviation from the nominal trajectory. The nominal case with 100 % removal of light side-product W is assumed. The effect on temperature increases with time and especially towards the end of the batch (t = 14 hr). The responses in distillate composition vary considerably with the largest response at the beginning of the batch (t = 0.5 hr). However, the responses in distillate composition are similar but differ in magnitude if plotted on logscale (not shown). The difference in responses is due to the changing conditions in the column/reactor. There is a light/heavy front in the column section which is lowered with time thus giving the reduced responses in distillate composition and the increased responses in reactor temperature.

The responses for all tray temperatures after the same step in reflux flow are given in Figure 5.8. The effect by the step is largest for tray 4 and 5 and almost negligible for the top of the column. Remember that the existing operating procedure was to control the temperature on tray 1 using the reflux flow as manipulated variable which is seen to be difficult due to the very small responses. The responses on tray 5 in different operating points are more or less equal except at the beginning and end of the batch (Figure 5.8,

Figure 5.7: Effect of 5 % step in reflux flow L for linear model on distillate composition x_{D,2} and reactor temperature T_B at different operating points (t = 0.5, 2, 4, 6, 8, 10, 12 and 14 hr for the case with 100 % removal of side-product W ).

Figure 5.8: Effect of 5 % step in reflux flow L on condenser and tray temperatures for linear model at different operating points (t = 0.5, 2, 4, 6, 8, 10, 12 and 14 hr for the case with 100 % removal of side-product W ). (Note that the scaling differs).

Figure 5.9: Effect of 5 % step in reflux flow L on the logarithmic distillate composition X_{D,2} for linear model at different operating points (t = 0.5, 2, 4, 6, 8, 10, 12 and 14 hr for the case with 100 % removal of side-product W ).

bottom right plot). For all the other trays the responses decrease constantly with time.

It must be stressed that the responses in Figure 5.8 depend strongly on the nominal conditions at the operating point. Here we found the linearized models based on the case with 100% removal of side-product W . Different nominal conditions may give other responses than the ones in Figure 5.8. (See Chapter 6 where tray 3 is found to have the largest responses for optimal nominal conditions.) However, the top tray is always found to have a very limited response to steps in the manipulated variables.

Reducing the non-linearity in distillate composition

An interesting feature in Figure 5.7 is that the responses in distillate composition x_{D,2} to step changes have a similar initial shape if plotted on a log-scale. This is actually a general property for binary distillation (Skogestad and Morari, 1988). The inherent nonlinearities in this variable can therefore be reduced by using a log transformation on the distillate composition x_D: X_{D,light} = − ln (1 − x_{D,light}) (5.6) which in deviation variables becomes ΔX_{D,light} = Δx_{D,light} 1 − x^∗_{D,light} and ΔX_{D,heavy} = Δx_{D,heavy} x^∗_{D,heavy} (5.7)

where x^∗_{D,light} and x^∗_{D,heavy} are nominal values. The responses for the distillate composition X_{D,heavy} = X_{D,2} after the transformation is given in Figure 5.9. These initial responses, which are of primary importance for control, are very similar for the various operating points and the non-linearity is thereby reduced compared to Figure 5.7. From Figure 5.7 there is no obvious transformation that can be suggested to deal with the non-linear effect for the reactor temperature.

Figure 5.10: Effect on distillate composition X_{D,2} and reactor temperature T_B of 10 % steps in various disturbances (at t=6 hr with 100 % removal of side-product W ).

5.4.3 Effect of disturbances

We have identified one of the main disturbances to be the reboiler heat duty Q_R in those cases where it is not used as a manipulated variable (one-point top or column control). Also the pressure in the reactor P_B and the reaction parameters; the stoichiometric coefficients for the alcohols (ξ_2 and ξ_3 = −1 + ξ_2), the activation energy for the reaction (E_1 = E_2) and the frequency factors for the forward and reverse reaction (k_{0,1} and k_{0,2}) are assumed to be disturbances. The selected reaction parameters are used to represent uncertainty in the reaction mechanism.

Linear step responses in reactor temperature and distillate composition by 10 % steps in the disturbances are given in Figure 5.10. For this operating point, the reboiler heat duty Q_R is the largest disturbance with the largest expected effect. Also the pressure P_B and the frequency factor for the forward reaction k_{0,1} have some effect. Similar responses are also found for the other operating points (not shown).

5.4.4 Important considerations for control

In the previous sections we have shown the importance of feedback control for reactive batch distillation and explained why conventional batch distillation operating policies can not be used in the reactive case. Also we have identified the following problems in operating a reactive batch distillation process:

1. The same amount of side-product being formed should be removed at any time.

2. The system’s response to changes vary with time as the conditions in the column/reactor change.

3. The trays in the column have different and varying sensitivity to changes.

4. The responses are generally non-linear.

These factors must be taken into account when deciding the control strategy.

5.5 Control strategies

The varying loss of reactant R_2 in the distillate and the lack of direct control of the reactor temperature were the major problems with the existing operating practice using one-point column control. In the control part of this study the following alternative control strategies are considered:

• One-point bottom control (controlling the reactor temperature directly)

• Two-point control (controlling both the distillate composition and the reactor temperature)

• One-point column control (controlling the temperature on a tray in the column)

The control parameters for the PI-controllers used in the simulations are given in Table 5.3. All controllers were tuned (using the linearized model at t=6 hr with 100 % removal of side-product W ) such that the closed-loop gain was one at frequency 60 rad/hr, giving a response time of 1 min. However, for two-point control the X_{D,2} − L loop had to be de-tuned to a response time of 3 min to reduce the interactions in the column. Note that the logarithmic composition X_{D,2} was used instead of x_{D,2} for two-point control.

Table 5.3: Control parameters used in simulations for the study of control strategies.

bottom control: K_p = 3.0 and τ_I = 0.1 hr (T_B → L) two-point control: K_p = −2.15 and τ_I = 0.1 hr (X_{D,2} → L) K_p = −0.12 and τ_I = 0.1 hr (T_B → Q_R) column control: K_p = 0.25 and τ_I = 0.1 hr (T_5 → L)

5.5.1 One-point bottom control

The objective with one-point bottom control is to keep the reactor temperature constant at the highest possible temperature as this will maximize the rate of reaction for a temperature dependent reaction. The reflux flow L is used as manipulated variable and the heat input to the reactor is kept at its maximum value (Q_R = Q_{R,max} = 0.85 · 10^6 kJ/kmol). Consider the following cases:

I T^{set}_B = 210^oC II T^{set}_B = 215^oC III T^{set}_B = 220^oC The temperature profiles for each case are given in Figure 5.11. The loss of R_2, the conversion, the final operating time, the amount of product and the total energy consumption for each of the cases shown in Figure 5.11 are given in Table 5.4.

For cases I and II the conditions are more or less constant with time, whereas case III has a changing temperature profile with large variations at the beginning of the run but more or less stabilizing midway through. For case I the front between light and heavy

Figure 5.11: One-point bottom control. Temperature profiles for different set point.

Table 5.4: Results for one-point bottom control for cases with different set points for the reactor temperature T^{set}_B .

set point loss of conversion final product P energy case reactor temp- reactant of R_1 batch kmol consumperature,^0C R_2, kmol time, hr (mon. block) tion, kJ I 210.0 4.3 · 10^{−6} 0.990 15.35 10.296 13.05 · 10^6 II 215.0 3.0 · 10^{−5} 0.990 12.77 10.296 10.85 · 10^6 III 220.0 0.749 0.897 10.31 9.329 8.77 · 10^6

component is low in the column, more light component than necessary is held back and the reaction rate decreases. For case II the front between light and heavy component is higher in the column and the reaction rate therefore increased. For case III the set point for the reactor temperature is too high and there is a loss of reactant R_2 during the first couple of hours of the run. This is the same effect as described in Section 5.3.

Figure 5.12: One-point bottom control. Composition of R_2 in distillate x_{D,2} at different T^{set}_B for the first five hours of the batch.

If the reactor temperature is too low and too little side product is removed, the reaction becomes slow as shown in Table 5.4 (case I). If it is too high and too much is removed, the conversion is reduced due to the loss of reactant (case III).

In other words, there is a maximum set point for the reactor temperature in order to maximize the reaction rate but at the same time avoid loss of the reactant R_2. This maximum value will depend on the relative amounts of the reactants in the feed, on the reaction mechanism and on the disturbances in the system. This is illustrated in Figure 5.12 which shows how the mole fraction of R_2 in the distillate x_{D,2} changes when the set point for the temperature controller in the reactor is increased from T^{set}_B = 216.5^oC to T^{set}_B = 217.0^oC. An increase of 0.5^oC causes the mole fraction of reactant R_2 to increase by a factor of 25. However, the loss of reactant is only temporary and x_{D,2} is reduced to an acceptable level after about 1 hr. The break-through is caused by the fact that when the specified temperature is above a certain maximum value where most of the light component W is removed, a further increase in temperature is only possible by removing the light reactant R_2. If the set point temperature is specified below the maximum value, in this case T^{set}_B ≈ 216.0^oC, good control of the system is achieved (T_B ≈ T_{N,set} and x_{D,2} < 1 · 10^{−5}). The system can, however, become unstable at the end of the batch depending on the choice of control parameters in the PI-controller. This is because the controllers are tuned using the linear model at t = 6 hr. Since the conditions are changing with time, the system may become unstable when the conditions are very different from this operating point.

Another alternative for raising the reaction temperature, and thereby the reaction rate for a temperature dependent reaction, is to let the set point follow a given trajectory, e.g. a linear increase with time. Again, the maximum reactor temperature to avoid breakthrough will limit the possible increase and break-through is inevitable if it is specified too high (not shown).

5.5.2 Two-point control

By using two-point control it may be possible to control both the top and the bottom part of the column by implementing two single control loops in the system. In this way energy consumption can be reduced since it will no longer be necessary to keep the reboiler heat duty at its maximum value. In the case of the esterification process, it is desirable to control not only the reactor temperature T_B but also the composition of the distillate x_{D,2}, i.e. the loss of reactant R_2.

Two different control configurations are considered for the batch column:

LV -configuration Controlling the condenser level H_C using the distillate flow D leaving the reflux flow L and the reboiler heat duty Q_R to control the distillate composition X_{D,2} and the reactor temperature T_B:

manipulated variable: controlled variable: D H_C L X_{D,2} or T_B Q_R X_{D,2} or T_B

DV -configuration Controlling the condenser level H_C using the reflux flow L leaving the distillate flow D and the reboiler heat duty Q_R to control the distillate composition X_{D,2} and the reactor temperature T_B:

manipulated variable: controlled variable: L H_C D X_{D,2} or T_B Q_R X_{D,2} or T_B

Note that the logarithmic distillate composition X_{D,2} is used in both cases.

Analysis of two point model

Open-loop step responses for both configurations are given in Figure 5.13 and 5.14. The term ”open-loop” should here be put in quotes because we are not talking about an uncontrolled column, but assume that the condenser level is perfectly controlled (H_C ↔ D or H_C ↔ L). We consider the effect of the remaining independent variables on the distillate composition and reactor temperature. From Figure 5.13 it can be seen that, for the LV-configuration, the responses in X_{D,2} and T_B to the chosen steps in L (+1 kmol/hr) and Q_R (+0.05 kJ/hr) are similar but in opposite direction. For the DVconfiguration in Figure 5.14, the responses to a step in D are similar to the step in L for the LV-configuration but in the opposite direction. However, the responses to a step in Q_R are very small and also there is an inverse response in X_{D,2}. This is a general property for distillation (Skogestad, 1992).

In a distillation column there are large interactions between the top and the bottom part of the column. A change in conditions in one end will lead to a change in the other end as well. Because of these interactions, a distillation column can be difficult or almost impossible to control. The interactions in a system can be analyzed by various tools (see e.g. Wolff et al., 1992), amongst them the RGA, or Relative Gain Array. Systems with no interactions will have a RGA-value of 1. The larger the deviation is from 1, the larger

Figure 5.13: Linear open-loop step responses for LV-configuration (at t=6 hr for 100 % removal of side-product W ).

are the interactions and the more difficult is the process to control. Pairing control loops on steady-state RGA-values less than 0 should be avoided.

The magnitude of the 1,1-element of the RGA for both the LV - and DV -configuration is given as a function of frequency in Figure 5.15. For the LV -configuration the RGA is very high at low frequencies (when the linear system is approaching a steady state). This shows that the interaction reduces the effect of the control input (L, Q_R) and makes control more difficult. RGA for the DV -configuration is generally lower at all frequencies. This difference between configurations is the same as one would observe in a continuous distillation column.

Nevertheless, the control characteristics from the RGA-plot for the LV -configuration are not quite as bad as they may seem. For control, the steady-state values are generally of little interest (particularly in a batch process since the process will never reach such a state). The region of interest is around the system’s closed-loop bandwidth (response to changes), which is in the frequency range around 60 rad/hr corresponding to a response time of about 1 min. We note that the RGA is closer to 1 at these frequencies and also the difference between the two configurations is much less.

From the high-frequency RGA, which is close to 1, we find that for decentralized control, the loop pairing should always be to use the reboiler heat duty to control the reactor temperature. Either the reflux flow or the distillate flow should be used to control the distillate composition or the loss of reactant R_2. This is in agreement with physical intuition. The following possible pairing is suggested:

Figure 5.14: Linear open-loop step responses for DV-configuration (at t=6 hr for 100 % removal of side-product W ). Note that the y-axis scaling is 100 and 10 times smaller for changes in Q_R compared to the LV -configuration.

Figure 5.15: RGA(1,1) for LV- and DV-configuration for linear model (at t=6 hr for 100 % removal of side-product W ).

Figure 5.16: Two-point control. Reactor temperature T_B, distillate composition X_{D,2}, heat input Q_R and reflux flow L for LV-configuration (set points T^{set}_B = 215^0C and x^{set}_{D,2} = 2.5 · 10^{−6}).

manipulated variable: controlled variable: L or D H_C L or D X_{D,2} Q_R T_B Non-linear simulation of two-point model

Closed-loop simulations confirm that two-point control may be used if fast feedback control is possible. However, as in the case for one-point bottom control, we still have the problem of specifying a reasonable set-point for the bottom temperature to avoid breakthrough of reactant R_2 in the distillate. An example of two-point control of the process using the LV-configuration is given in Figure 5.16 and Table 5.5 with the following set point for the controllers: T^{set}_B = 215^0C and x^{set}_{D,2} = 2.5 · 10^{−6}. (In order to reduce the non-linearity in the model we control the transformed distillate composition X_{D,2} instead of x_{D,2}.)

Table 5.5: Results for two-point control (LV -configuration).

set point set point loss of conversion final product P energy reactor temp- distillate reactant of R_1 batch kmol consumperature,^0C composition R_2, kmol time, hr (mon. block) tion, kJ 215.0 2.5 · 10^{−6} 4.9 · 10^{−5} 0.990 12.79 10.296 9.04 · 10^6

It can be seen that only a minor break-through of reactant occurs during the run. Both the distillate composition x_{D,2} and the reactor temperature T_B are kept approximately at their set points through most of the batch but deviate towards the end. It should be noted how the heat duty decreases with time which shows that energy can be saved using two-point control. (Compare the results in Table 5.5 with case II in Table 5.4 where T^{set}_B = 215^oC and Q_R is fixed at 0.85 · 10^6 kJ/kmol and the total energy consumption is 10.9 · 10^6 kJ with approximately the same operating time as in Table 5.5).

It is difficult to achieve tight control of both ends of the column at the same time not only due to the interactions in the column (RGA≈ 5 at frequency 60 rad/hr). Another problem is that the set points for the two loops can not be specified independently. If the reactor temperature is specified too high, the control system will not be able to maintain the specified purity in the top and the column will become unstable (not shown). ”Decoupling” the column sections by introducing more trays in the column will reduce the interaction problem.

5.5.3 One-point column control

With the existing operating practice presented in Section 5.2 the temperature at the top of the column was controlled. The set point was T^{set}_1 = 103^0C which gave a composition of 0.4 % of reactant R_2 in the distillate. By lowering the set point to e.g 100.1^0C the distillate would be purer, but the column would become very sensitive to measurement noise, and this system would not work in practice.

One alternative is to measure the composition x_{D,2} and use this for feedback as in twopoint control in the previous section. However, implementing an analyzer (or possibly an estimator based on the temperature profile) is costly and often unreliable. A simpler alternative is to place the temperature measurement further down in the column since this measurement is less sensitive to disturbances. Also, the response to changes in the manipulated variable is larger (see Figure 5.8). In this investigation the temperature on tray 5, the tray above the reactor, is chosen as the new measurement to be used instead of the one on the top tray. This is because the effect of changes in the manipulated variable L is large and most constant with time for this tray (see Figure 5.8).

The reboiler heat duty is kept fixed at its maximum value (Q_{R,max} = 0.85 · 10^6 kJ/hr). With this control configuration (T_5 ↔ L) there is no direct control of the reactor temperature. However, with an appropriate choice of set point T^{set}_5 , loss of reactant R_2 can easily be avoided and one of the main causes of the operability problems is thereby eliminated.

The temperature profile for one-point column control with set point T_{5,set} = 170^0C is shown in Figure 5.17 and the results are given in Table 5.6.

Table 5.6: Results for one-point column control.

set point temp- loss of reactant conversion final batch product P , kmol energy conserature,^0C R_2, kmol of R_1 time, hr (monomer block) umption, kJ 170.0 3.6 · 10^{−5} 0.978 12.22 10.171 10.39 · 10^6

The conditions are ”stable”, i.e. no break-through of reactant R_2, throughout the

Figure 5.17: One-point column control. Temperature profile with T^{set}_5 = 170^oC.

batch. The reactor temperature increases towards the end but reaches the maximum reactor temperature before complete conversion. This can be avoided by adding a small excess of reactant R_2 initially to account for the fact that some of this reactant will be located on the trays in the column and will therefore not be accessible for the reaction. Note that this control procedure, with Q_R fixed at its maximum, will yield the highest possible reactor temperature. This may be important in some cases when the reaction is slow.

5.5.4 Comparison of control strategies

In this section three alternative control strategies have been presented:

1. One-point bottom control (controlling the reactor temperature directly)

2. Two-point control (controlling both the distillate composition and the reactor temperature)

3. One-point column control (controlling the temperature on a tray in the column)

It was found that with the one-point bottom strategy, good control of the reactor temperature was achieved if the set point temperature was specified below a maximum value. This is illustrated in Figure 5.18 for the case with disturbances in the reboiler heat duty. The disturbances are the same as in Figure 5.3. The maximum reactor temperature is however, difficult to estimate a priori. In practice the set point must therefore be specified low enough to ensure an acceptable performance. This will of course result in a slower reaction and a longer operating time.

Two-point control allows both the reactor temperature and the distillate composition to be controlled. Energy will be saved compared with one-point control as the heat duty can be reduced. Two point control of the process including the disturbances in reboiler heat duty is given in Figure 5.19. Also in this case good control is achieved. However, both the reactor temperature and the distillate composition deviate from their set points towards the end of the batch.

The existing operating practice, controlling the temperature at the top of the column, is poor, sensitive to noise and leads to a varying loss of reactant R_2 and thereby varying

Figure 5.18: One point bottom control with disturbances in Q_R. Reactor temperature T_B, distillate composition x_{D,2}, heat input Q_R and reflux flow L with set point T^{set}_B = 215^0C. (Dotted line: Set point.)

Figure 5.19: Two point control (LV-configuration) with disturbances in Q_R. Reactor temperature T_B, distillate composition x_{D,2}, heat input Q_R and reflux flow L with set point T^{set}_B = 215^0C and x^{set}_{D,2} = 2.5 · 10^{−6}. (Dotted lines: Set points.)

5.6. CONCLUSIONS 139

Figure 5.20: One point column control with disturbances in Q_R. Reactor temperature T_B, distillate composition x_{D,2}, heat input Q_R and reflux flow L with set point T^{set}_5 = 170^0C. (Dotted line: Undisturbed case).

product quality. The measuring point should therefore be moved from the top tray and further down in the column. The proposed new strategy of one-point column control, where the temperature on tray 5 is controlled, has several advantages:

• No loss of reactant R_2 (compared to controlling the top temperature)

• Need not worry about maximum attainable reactor temperature (compared to controlling the reactor temperature directly by one-point bottom control)

• No interactions with other control loops (compared to two point control)

The temperature profile for one-point column control with disturbances in the system is given in Figure 5.20. It can be seen that also with this control strategy, the deviations in the reactor temperature are small compared with the open-loop strategy in Figure 5.3. The deviations are larger than for one point bottom or two point control. Nevertheless, if the reactor temperature can be allowed to deviate about ±0.5^0C, one point column control is the simplest and most efficient control strategy.

5.6 Conclusions

A combined batch reactor/distillation process has been presented in this paper. The need for feedback control for reactive batch distillation has been discussed. It has been shown that the same amount of light product should be removed in the separation as the amount being formed by the reaction at any time.

A linearized model has been found to describe the process behavior satisfactory for control analysis purposes. The effect of operating point and disturbances has been discussed based on the linearized model. It has been found that the system’s response to changes vary with time as the conditions in the column/reactor change. Also the responses are generally non-linear.

Different control strategies have been presented and were found to give good control of the process also in the presence of disturbances. Controlling the temperature on a tray in the column (one point column control) is found to give good performance for the given process with no loss of reactant and a high reactor temperature although no direct control of the reactor temperature is obtained.

Notation

A system matrix B system matrix C system matrix c_i concentration of component i in the reactor kmol/m^3 D system matrix D distillate flow kmol/hr d disturbance vector E_r activity coefficient for reaction r kJ/kmol E system matrix F system matrix G(s) transfer function G_d(s) transfer function for disturbances h^L_j liquid enthalpy on tray j kJ/kmol h^L_{ji} liquid enthalpy of component i on tray j kJ/kmol h^V_j vapor enthalpy on tray j kJ/kmol h^V_{ji} vapor enthalpy of component i on tray j kJ/kmol H_A liquid holdup in the accumulator kmol H_j liquid holdup on tray j kmol H^0_j initial liquid holdup on the trays =0.1) kmol H_N liquid holdup in the reactor/reboiler kmol H_C liquid holdup in the condenser kmol k_r rate constant for reaction r k_{0,r} frequency factor for reaction r K_p controller gain L reflux flow kmol/hr L_j internal liquid flow kmol/hr L^0_j initial liquid flow (=15) kmol/hr N number of theoretical stages n_c number of components n_W amount of water in reactor kmol P pressure atm P_B reactor/reboiler pressure atm P^{vap}_{ji} vapor pressure of component i on tray j atm Q_C condenser heat duty kJ/hr Q_R reboiler heat duty kJ/hr r_B reaction rate kmol/hr R_g ideal gas constant = 8.314 kJ/kmol, K R internal reflux ratio = L/V_N t time hr t_f final operating time hr T_b boiling point temperature K T_B reactor/reboiler temperature K T_j temperature on tray j K T_0 reference temperature K u control vector V_j vapor flow from tray j kmol/hr V average reactor volume m^3 x state vector x_{j,i} mole fraction of component i in liquid on tray j x_{D,i} mole fraction of component i in distillate X_{D,2} logarithmic mole fraction of comp. R_2 in distillate = − ln(1 − x_{D,2}) y_{j,i} mole fraction of component i in vapor from tray j y measurement vector

Greek letters Δ deviation from nominal operating point τ hydraulic time constant h^{−1} τ_I integral time for controller hr ξ_i stoichiometric coefficient of component i ρ_i liquid density of component i kmol/m^3

Scripts B reactor/reboiler C condenser i component number j tray number r reaction number set set point ∗ nominal value

References

[1] Albet, J., J.M. Le Lann, X. Joulia and B. Koehret: ”Rigorous simulation of multicomponent multisequence batch reactive distillation”, Proc. COPE’91, Barcelona, Spain, 75-80, 1991.

[2] Cuille, P.E. and G.V. Reklaitis: ”Dynamic simulation of multicomponent batch rectification with chemical reactions”, Comp. Chem. Eng., 10(4), 389-398, 1986.

[3] Daubert,T.E. and Danner, R.P.: ”Data compilation tables of properties of pure compounds”, Design Institute for Physical Property Data, AIChE, Hemishere Publishing Corporation, 1985.

[4] Egly, H., V. Ruby and B. Seid: ”Optimum design and operation of batch rectification accompanied by chemical reaction”, Comp. Chem. Eng., 3, 169-174, 1979.

[5] Egly, H., V. Ruby and B. Seid: ”Optimization and control of batch rectification accompanied by chemical reaction”, Ger. Chem. Eng., 6, 220-227, 1983.

[6] Encyclopedia of Chemical Processing and Design, Vol. 39, Dekker, p. 282, 1976.

APPENDIX A. DYNAMIC MODEL 143

[7] Holland, C.D., ”Fundamentals of multicomponent distillation”, McGraw-Hill Book Company, New York, 1981.

[8] Reuter, E., G. Wozny and L. Jeromin: ”Modeling of multicomponent batch distillation processes with chemical reaction and their control systems”, Proc. CHEM- DATA’88, Gothenburg, 322-329, 1988.

[9] Roat, S.D., J.J. Downs, E.F. Vogel and J.E. Doss: ” The integration of rigorous dynamic modeling and control system synthesis for distillation columns: An industrial Approach”, Presented at CPC’3, 1986.

[10] Skogestad, S. and M. Morari: ”Understanding the dynamic behavior of distillation columns”, Ind. & Eng. Chem. Research, 27(10), 1848-1862, 1988.

[11] Skogestad, S.: ”Dynamics and control of distillation columns - a critical survey”, presented at IFAC-symposium DYCORD’92, Maryland, 1992.

[12] SPEEDUP Release 5.3 User Manual, Prosys Technology Ltd., 1992.

[13] Sørensen, E. and S. Skogestad: ”Controllability analysis of a combined batch reactor/distillation process”, AIChE 1991 Annual Meeting, Los Angeles, paper 140e, 1991.

[14] Sørensen, E. and S. Skogestad: ”Control strategies for a combined batch reactor/batch distillation process”, presented at the NATO Advanced Study Institute, Batch Processing Systems Engineering, Antalya, Turkey, May-June 1992.

[15] Sørensen Leversund, E., S. Macchietto, G. Stuart and S. Skogestad: ”Optimal control and on-line operation of reactive batch distillation”, Comp. Chem. Eng., 18 Suppl., S391-S395, 1994 (supplement from ESCAPE’3, Graz, July 1993).

[16] Table of Chemical Kinetics. Homogeneous Reactions., Circular of the International Bureau of Standards 510 (1951).

[17] Wolff, E.A., S. Skogestad, M. Hovd and K.W. Mathisen: ”A procedure for controllability analysis”, presented at the IFAC Workshop on interactions between process design and control, Imperial College, London, Sept. 6-8, 1992.

Appendix A. Dynamic model

The equations used in this study to describe the dynamic behavior of the combined batch reactor/batch distillation column consist of the total mass balance, the mass balance for each component, the energy balance, tray hydraulics and phase equilibrium and are valid under the following assumptions:

1. Staged batch distillation column with trays numbered from the top

2. Perfect mixing and equilibrium on all stages

3. Constant stage pressures and tray efficiencies 4. Negligible vapor holdup 5. Negligible changes in liquid enthalpies (dh^L/dt ≈ 0) (algebraic energy balance) 6. Total condensation with no subcooling in the condenser 7. Chemical reaction limited to the reboiler 8. Raoult’s law for the vapor-liquid equilibrium 9. Immediate heat input 10. Constant molar holdup in the condenser (perfectly controlled) 11. Linear tray hydraulics Below, j denotes the stage number and i the component number. The following differential and algebraic equations result: reboiler, i = 1, n_c and j = B: dH_B/dt = L_{N −1} − V_B + nc∑ i=1 ξ_ir_B (5.8) d(H_Bx_{Bi})/dt = L_{N −1}x_{N −1,i} − V_By_{Bi} + ξ_ir_B (5.9) 0 = L_{N −1}(h^L_{N −1} − h^L_B) − V_B(h^V_B − h^L_B) + Q_R (5.10) r_B = r_B(c_i, T_B) (5.11) c_i = x_{Bi}H_B ∑n_c i=1 x_{Bi}H_B ρ_i (5.12)

column tray, i = 1, n_c, j = 1, N:

dH_j /dt = L_{j−1} + V_{j+1} − L_j − V_j (5.13) d(H_j x_{ji})/dt = L_{j−1}x_{j−1,i} + V_{j+1}y_{j+1,i} − L_jx_{ji} − V_j y_{ji} (5.14) 0 = L_{j−1}(h^L_{j−1} − h^L_j ) + V_{j+1}(h^V_{j+1} − h^L_j ) − V_j(h^V_j − h^L_j ) (5.15) condenser, i = 1, n_c and j = C:

0 = V_1 − L − D (5.16) H_C · d(x_{D,i})/dt = V_1y_{1,i} − Lx_{D,i} − Dx_{D,i} (5.17) 0 = V_1h^V_1 − Lh^L_C − Dh^L_C − Q_C (5.18) L = R · V_1 (5.19) accumulator, i = 1, n_c and j = A: dH_A/dt = D (5.20) d(H_Ax_{Ai})/dt = Dx_{Di} (5.21) linearized tray hydraulics, j = 1, N and B:

L_j = L^0_j +

H_j − H^0_j τ (5.22)

equilibrium, i = 1, n_c, j = 1, N and B:

y_{ji} = k_{ji}x_{ji} (5.23)

restriction, i = 1, n_c, j = 1, N and B: nc∑ i=1 y_{ji} = 1 (5.24)

physical properties, i = 1, n_c, j = 1, N and B: k_{ji} = P^{vap}_{ji} (T_j) P (5.25)

h^L_j = nc∑ i=1 x_{ji} · h^L_{ji}(x_{ji}, T_j) (5.26)

h^V_j = nc∑ i=1 y_{ji} · h^V_{ji}(y_{ji}, T_j) (5.27)

ρ_i = ρ_i(T ) (5.28)

The solid polymer product forms a separate phase and is therefore not included in the model. The initial conditions are total reflux and no reaction. Note that the reflux ratio is given as the internal reflux ratio R = R_{internal} = L/V_1 since this is better solved numerically (R_{internal} ∈ [0, 1] while R_{external} ∈ [0, ∞ >). Appendix B. Kinetic parameters

Very little data about the reaction were given by the chemical company who provided the case study. Several hundred reactions were assumed to take place in the reactor during the batch. Although, in this study only the overall reaction is considered. The rate of the overall reaction was assumed to be approximately equal to the total amount distilled off divided by the total operating time. The kinetic parameters used in this study were selected based on literature data for reactions similar to the one studied here.

Activation energies for esterification between aromatic carboxylic acid and alcohol are reported in the range 13.8-27.5 kcal/mole for mono acids and alcohols and excess alcohol during reaction (Table of Chemical Kinetics, 1951). For the reactions most similar to the reaction investigated in this study, the activation energy is E_1 ≈ 18 kcal/kmol. Therefore

E = 18 · 4.184 · 10^3 = 7.5 · 10^4 kJ/kmol

The frequency factor for the overall reaction can be found from the rate equation (Eq. 5.1) assuming only forward reaction since k_{1,0} = k_1 when T = T_0. Only the forward reaction is considered since most of the water is removed by distillation and the reverse reaction will therefore be very slow. The reference temperature used is:

T_0 = 500.0 K

The rate of reaction was found from experiments (chemical company) to be: dn_W dt = ξ_W r_BV Δn_W Δt_f ≈ ξ_W r_BV r_B = Δn_W Δt_f 1 ξ_W V r_B = 1.25 · 1 2 · 1 = 0.625 kmol/hr Here V is the average volume in the reactor, ξ_W the stoichiometric coefficient for water and Δn_W /Δt_f the total amount of water distilled off divided by the total operating time.

The initial concentrations have been calculated from the reactor feed charge and average densities and are given in Table 5.7.

Table 5.7: Initial reactor concentrations.

Comp. M_W T_m T_b density amount volume concentration kg/kmol K K kmol/m^3 kmol m^3 kmol/m^3 R_1 166.133 700.15 1040.00 9.1 10.4 1.099 4.481 R_2 76.095 213.15 460.75 11.0 7.28 0.664 3.137 R_3 118.176 315.15 516.15 6.6 3.12 0.470 1.344 W 18.015 273.15 373.15 51.2 2.2 0.004 0.948 Total 23.0 2.321

The frequency factor at initial conditions is

k_{0,1} = r_B c_{R1} (c_{R2} + c_{R3} ) = 0.625 4.48 (3.14 + 1.34) k_{0,1} = 0.03

However, it is assumed that the concentrations in the reactor will decrease with time. The following frequency factor is therefore used in this study:

k_{0,1} = 0.06 (5.29)

(Note that in Chapter 6, k_{0,1} = 0.03).

The given data indicate that a temperature increase of ΔT = 19^0 C is necessary in order to double the reaction rate for the forward reaction.

No expression or data for the reverse reaction has been given in the literature. Since the amount of water in the reboiler will be very low due to the distillation, the rate is usually assumed to be negligible. In this study however, the reverse reaction is to be included. The following assumptions are made:

1. The rate of the overall reverse reaction can be expressed as r_{reverse} = k^′_{0,2}c_W c_P ≈ k_{0,2}c_W where the approximation holds since water will be the limiting reactant.

2. The activation energy for the reverse reaction is the same as for the forward reaction

E_2 = E_1 = 7.5 · 10^4 kJ/kmol

3. The frequency factor for the reverse reaction is one fourth that for the forward reaction k_{0,2} = 0.25k_{0,1} = 0.015

The last two assumptions are the same as those made for the esterification reaction between acetic acid and ethanol (Holland, 1981).

The heat of polymerization for poly(butylene terephthalate) is ΔH (kJ/kmol) ≈ 0 (Encyc. of Pol. Sci. and Eng., 1990). It is therefore assumed that the heat of polymerization for poly(propylene/hexylene terephthalate), which is assumed to be the polymer product P , is approximately equal to zero.

148 CHAPTER 5. CONTROL STRATEGIES FOR REACTIVE BATCH . . .

Chapter 6

Optimal Control and On-line Operation of Reactive Batch Distillation

Eva Sørensen^2, Sandro Macchietto^2, Graham Stuart^2 and Sigurd Skogestad^1

(1) Department of Chemical Engineering, University of Trondheim-NTH, N-7034 Trondheim, Norway (2) Centre for Process Systems Engineering, Imperial College, London SW7 2BY, England

Extended version of paper presented at ESCAPE-3 in Graz, Austria, July 1993

Accepted for publication in Computers & Chemical Engineering Abstract While both the dynamic modeling, and to a lesser extent, the optimization of reactive batch distillation have been studied in the past, issues related to control and on-line operation of such a process have not been properly addressed. In this study, a-priori optimal profiles of the operating variables are established for an industrial reactive distillation process. The optimal profiles are found either by maximizing the profitability or minimizing the operating time subject to constraints on the reboiler temperature and the accumulator composition. The control properties at optimal and non-optimal conditions are assessed. An one-point column control scheme with a PI-controller is designed to implement the optimal profiles. The controller performance is tested using a simulation model including disturbances in the reaction model and reboiler heat duty. The fully automatic operation of the process according to the optimal policies is demonstrated in conjunction with both a continuous controller and a real time control system.

1Author to whom Correspondence should be addressed, E-mail: skoge@kjemi.unit.no, phone: 47-73-594154, fax: 47-73-594080.

6.1 Introduction

Batch distillation is used in the chemical industry for the production of small amounts of products with high added value and for processes where flexibility is needed. A batch reactor can be combined with a distillation column as shown in Figure 5.1. This combined unit operation, called reactive batch distillation, especially suits those chemical reactions where reaction equilibrium limits the conversion in a normal reactor to a low-to-moderate level. By continuously separating low-boiling products from the reactants and other products while the reaction is in progress, the reaction can proceed to a much higher level of conversion. Also, removal of a light product results in a decrease in its concentration in the liquid phase which will increase the temperature and thereby the reaction rate.

While both the dynamic modeling of reactive batch distillation, and to a lesser extent, its optimization has been studied in the past (Egly et al. (1979), Cuille and Reklaitis (1986), Albet et al. (1991), Mujtaba and Macchietto (1992)), issues related to controllability and control of such a process have not been properly addressed. Some attention to the implementation of optimal control profiles for batch distillation has been given by Quintero-Marmol and Luyben (1992) and Bosley and Edgar (1992). So far, only Sørensen and Skogestad (1992) have considered controllability of reactive batch distillation (see also Chapter 5 of this thesis).

This study addresses several aspects of optimal control of a reactive batch distillation process with reference to a specific industrial application. The control objective is either

Figure 6.1: Batch distillation column/reactor.

6.2. REACTIVE BATCH DISTILLATION MODEL 151

to maximize profitability or to minimize operating time. There are constraints on the maximum allowable reboiler temperature to avoid thermal decomposition of the product and on the minimum loss of volatile reactant in the distillate. Manipulated variables for control are the heat input to the reactor and the internal reflux ratio, Q_R and R respectively. It is assumed that the condenser duty, Q_C, is used for pressure control and the distillate flow, D, for condenser level control. Of particular interest are:

1. Establishing a-priori optimal profiles of the operating variables, 2. Assessing the controllability properties at the optimal conditions, 3. Designing controllers to implement the optimal profiles and 4. Verifying stability and control performance of the controller.

6.2 Reactive batch distillation model

The dynamic model used in this study is valid under the following assumptions:

1. Staged batch distillation column with trays numbered from the top down (accumulator= A, condenser = C, reboiler B) 2. Perfect mixing and equilibrium on all trays 3. Constant stage pressures and tray efficiencies 4. Negligible vapor holdup 5. Negligible changes in liquid enthalpies (dh^L/dt ≈ 0) (algebraic energy balance) 6. Total condensation with no subcooling in the condenser 7. Chemical reaction limited to the reboiler 8. Raoult’s law for the vapor-liquid equilibrium 9. Immediate heat input 10. Constant molar holdup in the condenser (perfectly controlled) 11. Constant molar holdup on the trays (optimizations) 12. Linear tray hydraulics (simulations) The molar holdup on the trays was assumed constant for the open-loop optimization while a more complex model including linear tray hydraulics was used for simulations and control studies. The linear hydraulics model has the form L_j = L^o_j + (H_j − H^o_j )/τ , where L^o_j and L_j are the initial and current liquid flows and H^o_j and H_j the initial and current molar tray holdup respectively. The parameter τ is the hydraulic time constant.

152 CHAPTER 6. OPTIMAL CONTROL AND ON-LINE OPERATION . . .

Table 6.1: Process data for the industrial case study.

Column: reboiler + 5 trays + total condenser + accumulator Reaction: 1.0 R_1 + 0.7 R_2 + 0.3 R_3 ↔ P (s) + 2.0W Reaction rate: r_N = r_{R1} = k_1c_{R1} (c_{R2} + c_{R3} ) − k_2c_W Rate constants: k_r = k_{r,0} exp ( − E^rR_g ∗ (_1

T_B −^1T_0 )) Activation energies: E_1 = E_2 = 18 kcal/mol = 7.5 · 10^4 kJ/kmol Frequency factors: k_{0,1} = 0.03 and k_{0,2} = 0.25 · k_{0,1} =0.0075 Reference temperature: T_0 = 500.0 K Pressure in column and reactor: P =1 atm Hydraulic time constant: τ=0.0018 h = 6.5 s Initial holdups (reboiler, trays, and condenser): 20.6, 0.1, 1.7 kmol Initial reboiler composition: x^o(W, R_2, R_3, R_1) = [0.0097, 0.3444, 0.1505, 0.4854] Initial tray compositions, j = 1, N: x^o(W, R_2, R_3, R_1) = [0.999999, 0.000001, 0.0, 0.0] Value of product P: C_{prod} = 50 $/kmol Cost of steam: C_{heat} = 3 $/10^6 BT U = 2.844 · 10^{−6} $/kJ Total cost of raw material: C_{raw} = 200 $ Charging and cleaning time: t_s = 0.5 hr Total reaction time: specified or optimized, t_f hr Reboiler heat duty: specified or optimized, Q_R ∈ [0, 0.9] · 10^6 kJ/hr Reflux ratio: specified or optimized, R ∈ [0, 1.0]

The reaction considered is a condensation polymerization reaction between a dibasic aromatic acid (R_1: Terephthalic acid) and two glycols (R_2: 1,2-Propanediol and R_3: 1,6- Hexanediol) which form a polymer (P: Poly(propylene/hexylene)-terephthalate) and Water (W). The polymer forms a separate, solid phase and is therefore not included in the distillation model. High conversion is achieved by distilling off the water. The physical properties data for the liquid components were taken from Coulson and Richardson (1983) for Water and 1,2-Propanediol and from Daubert and Danner (1985) for 1,6-Hexanediol and Terephthalic acid. A summary of the process data are given in Table 6.1.

The same process was also studied in Chapter 5 of this thesis. It should be noted that the parameters used in this chapter are slightly different from the ones in Chapter 5. The rate constants are only half the values used in Chapter 5; k_{0,1} = 0.03 here instead of 0.06. Also the initial amounts are slightly different.

6.3 Optimal a-priori operation

The optimal reflux ratio and reboiler heat duty can be found based on some optimization criterion. In this study the optimization problem has been solved according to a maximum profit or minimum time control objective. In general, an optimal control problem can be stated as (Vassiliadis, 1992): min ẋ(·),x(·),y(·),u(·),v,x(t_0),t_f Φ(ẋ(t_f ), x(t_f ), y(t_f), u(t_f ), v, t_f) (6.1)

subject to g(ẋ(t), x(t), y(t), u(t), v, t_f, t) = 0 (6.2) h_1(ẋ(t_f ), x(t_f ), y(t_f ), u(t_f), v, t_f ) = 0 (6.3) h_2(ẋ(t_f ), x(t_f ), y(t_f ), u(t_f), v, t_f ) ≥ 0 (6.4)

where g are the dynamic model equations and h_1 and h_2 are the equality and inequality constraints respectively. In addition there are upper and lower bounds on the state (x, y), design (v) and control (u) variables and also on the final time (t_f ). The optimal control problem is solved by parameterization of the control vector u into a finite number of variables which are optimized using a standard nonlinear optimization technique (SQP). The method includes two levels. The first level performs an integration of the differential and algebraic equations for fixed values of the decision variables. The second level optimizes these decision variables and satisfies end point constraints. A complete solution of the dynamic model for each trial value of the decision variables is required. Note that the term optimal control does not involve control in the sense we discuss control later in this paper. The solution to the optimal control problem is a set of optimal operating parameters which may subsequently be used as set points for the actual controllers in on-line operation.

In the following we will consider two formulations of the maximum profit problem where zero cost of raw material is assumed in the first but not in the latter. Also, a minimum time control objective is considered.

6.3.1 Maximum profit problem I - zero cost of raw material

The optimal operating policy in terms of maximum profit can be determined by optimizing the overall hourly profit [$/hr]:

max R,Q_R,t_f P $ = ( C_{prod}A_{prod} − C_{heat} ∫ t_f 0 Q_R(t)dt ) t_f − C_{fixed} (6.5) where C_{prod} is the value of product P ($/kmol monomer block), A_{prod} is the amount of product P at t_f (kmol), C_{heat} is the cost of steam to the reboiler ($/kJ), Q_R is the reboiler heat duty (kJ/hr), t_f is the final time (hr), C_{fixed} are the fixed costs ($/hr) and P^$ is the profitability ($/hr). Zero cost of raw material is assumed (see Section 6.3.2 where this cost is included). Note that since the initial charge is fixed, and we assume all unreacted feed is recycled to the next batch at no cost, this will not affect the location of the optimum. We use C_{fixed} = 0 since the optimum will also be independent of the fixed costs. A single discretization interval is used with constant parameters resulting in three variables (R, Q_R and t_f ) for the optimization. The constraints are:

Figure 6.2: Temperature profiles for a) optimal and b) sub-optimal conditions (Maximum profit problem I - zero cost of raw material).

1. Negligible loss of reactant R_2 in the accumulated distillate

x_{A,W} (t_f ) ≥ 0.999 (6.6)

2. Reboiler temperature below 240^oC = 513.15 K to avoid thermal decomposition of the end-product T_B(t_f ) ≤ 513.15 K (6.7)

Simulations have shown that the reboiler temperature is highest at the end of the reaction, so keeping the endpoint temperature constraint is sufficient. If this was not the case, the constraint on the reboiler temperature could be added as a path constraint instead of as an end-point constraint.

With the process data given in Table 6.1 the optimal values are:

Optimal parameters Optimal results R Q_R t_f P (t_f ) x_{A,W} (t_f ) T_B(t_f ) χ_{R1}(t_f ) kJ/hr hr $/hr K 0.950 0.747 · 10^6 22.1 19.9 0.9997 494.4 0.97

The parameter χ_{R1} is the conversion of reactant R_1. Solutions with different values of the monomer product, e.g. C_{prod} = 100 $/kmol or C_{prod} = 25 $/kmol, give almost the same optimal results.

The temperature profiles for the process, given the optimal operating parameters, are presented in Figure 6.2.a. The reboiler temperature is more or less constant during the whole batch but the temperature in the top section of the column increases slowly. There is a sudden increase in temperature on all trays immediately after the optimal final time. The end of the reaction in the real plant can therefore be easily detected using temperature measurements on any one of the trays or in the reboiler.

When using sub-optimal values for R and Q_R (e.g. R = 0.954 and Q_R = 0.691 · 10^6 kJ/hr), a different response is obtained (Figure 6.2.b). The constraints are still satisfied but the previous optimal conversion is only reached at t=25.8 hr. The profitability is

15% lower, at 16.9 $/hr. The temperatures for this sub-optimal operation are lower than under optimal conditions showing that we are over-refluxing the column. Also, detection of the termination conditions based on temperature alone is much more difficult.

Note that the optimum with respect to time is very flat. Indeed, ending the batch after 16 hr (25% time saving) still yields 99% of the optimal profitability with a conversion of R_1 of 0.71. The reason for this insensitivity to the value of t_f , is that we have assumed that there is no cost involved in recycling the unreacted feed since the cost of raw material is neglected.

6.3.2 Maximum profit problem II - fixed cost of raw material

Next consider a slightly different objective function where the cost of raw material is taken into consideration. Also a charging and cleaning time of t_s = 0.5 hr is included:

max_{R,QR} P^$ = ( −C_{raw} + C_{prod}A_{prod} − C_{heat} ∫ t_f 0 Q_R(t)dt ) t_f + t_s − C_{fixed} (6.8) where C_{raw} is the total cost of raw material ($) and t_s is the charging and cleaning time (hr). With this objective function and the process data given in Table 6.1 the optimal values are given below for the case with one discretization interval and constant or linear operating parameters where t_o = 0 is the start of the batch and t_f the final time:

Optimal parameters Optimal results R Q_R t_f P (t_f ) x_{A,W} (t_f ) T_B(t_f ) χ_{R1}(t_f ) kJ/hr hr $/hr K constant 0.933 0.545 · 10^6 23.0 10.99 0.9990 508.5 1.00 linear 0.9317(t_o) → 0.533(t_o) → 23.0 10.993 0.9990 508.0 0.998 0.9325(t_f ) 0.548(t_f ) · 10^6

The temperature profiles for both cases are given in Figure 6.3. With the cost of raw material included in the objective function, the optimum is no longer flat. When compared to the optimal results from the previous problem (Eq. 6.5), it can be seen that both the reflux ratio and the reboiler heat duty are reduced. However, the total operating time is increase from 22.1 hr to 23 hr. The reboiler heat duty is reduced by more than 25%. This is because the relative influence of the energy consumption is larger when the cost of raw material is included with the same costs as in the previous problem. Note that the reaction is now run almost to complete conversion. As a result, the final reactor temperature has increased.

The optimal solutions for constant or linear operating parameters are very similar. However, the energy consumption is slightly reduced for linear parameters. Optimal solutions with up to 4 intervals have also been found with optimal profitabilities slightly higher than those presented here (not shown).

Figure 6.3: Temperature profiles for optimal conditions with constant (dotted lines) and linear operating parameters (solid lines) (R and Q_R) (Maximum profit problem II- fixed cost of raw material).

6.3.3 Minimum time problem

Above the optimal performance of the process was defined in terms of maximum profit. Alternatively, a minimum operating time can be used as optimization criterion:

min_{R,QR} t_f (6.9)

where t_f is the minimum operating time, subject to the same constraints on the maximum loss of reactant R_2 and maximum reactor temperature (Eq. 6.6-6.7). In addition there is a constraint on the minimum conversion

χ_{R1} ≥ 0.99 (6.10)

With the process data given in Table 6.1, the optimal solution to the minimum time problem is given below for the case with one discretization interval and constant operating parameters:

Optimal parameters Optimal results R Q_R t_f P (t_f ) x_{A,W} (t_f ) T_B(t_f ) χ_{R1}(t_f ) kJ/hr hr $/hr K 0.957 0.9 · 10^6 22.1 10.576 0.9990 508.5 0.99

In Figure 6.4, the temperature profile for the minimum time solution is compared to the optimal profile from the maximum profit problem with fixed cost of raw material (Eq. 6.8). The reboiler heat duty is now at its maximum value which is as expected since the objective is to run the batch in minimum time regardless of costs. As a result, the reflux ratio is also increased to maintain the specified product purity. However, the profitability is slightly decreased which is mainly due to the higher energy consumption but also to the lower conversion (χ_{R1} (t_f ) = 0.990 versus χ_{R1} (t_f ) = 0.998 for the maximum profit problem). The temperatures profiles in the column are slightly increased compared to the maximum profit solution.

6.4. IMPLEMENTATION OF THE OPTIMAL POLICIES 157

Figure 6.4: Temperature profiles for optimal conditions with constant linear operating parameters R and Q_R. (−: Minimum time problem, ··: Maximum profit problem II - fixed cost of raw material).

6.4 Implementation of the optimal policies

Since the formation of product resembles a continuous feed to the reboiler (Sørensen and Skogestad, 1992), the issues involved in control of a reactive batch column are more similar to conventional continuous distillation control than to batch distillation control. In a conventional batch column one may usually implement the optimal values of R and Q_R in an ”uncontrolled” open-loop fashion. However, for reactive distillation the operation is usually much more sensitive to the exact value of the reflux ratio R. A slightly too low R may result in a distillate flow which is larger than the amount of light component (W ) formed in the reaction, and the difference must be provided by loss of the intermediate boiling reactant (R_2). Therefore there is a need to implement the optimal policy in some feedback fashion which maintains control of the distillate composition.

We propose to keep Q_R constant at its optimal value and adjust R to control the temperature on some tray inside the column. The temperature measurement should be placed on a tray with a large response to changes in the controller input. By controlling the temperature on one of the trays one will also to some extent indirectly control the reactor temperature since there is a strong coupling between the compositions in the column (Sørensen and Skogestad, 1992). (See Chapter 5 of this thesis for a discussion of controllability and control strategies for reactive batch distillation.)

6.5 One-point column control

We now consider implementing the optimal solution to the maximum profit problem I (where cost of raw material was neglected). Various disturbances are introduced in the simulation model to test the sensitivity to process changes (Figure 6.5.a). The disturbances are assumed to be in:

1. Reboiler heat duty Q_R

2. Frequency factors for the forward and reverse reaction, k_{0,1} and k_{0,2}

Figure 6.5: a) Disturbances in the process and b) temperature profiles for the uncontrolled process (dotted lines: undisturbed profiles).

Figure 6.6: Linear temperature responses for a 1% step in reflux ratio R (dynamic model linearized at t = 15 hr with the optimal temperature profile in Figure 6.2.a.)

3. Stoichiometric coefficients of the alcohols (reactant 2 and 3) in the rate equation

Disturbances 2 and 3 are used to represent some uncertainty in the reaction mechanism.

First consider the uncontrolled case where R is kept constant. The temperature profiles (Figure 6.5.b solid lines) deviates significantly from the optimal profiles (Figure 6.5.b dotted lines). The disturbances yield breakthrough of the intermediate component resulting in some loss of reactant R_2 (x_{A,W} = 0.989 for the accumulated distillate) and the batch therefore does not satisfy the specifications. More severely, the reboiler temperature deviates up to 12^o C from the optimal one which may result in a varying quality of the product P between batches.

Next consider implementing the optimal policy in a feedback fashion by varying the reflux ratio R to keep a selected tray temperature constant. The reflux ratio R is the manipulated variable and Q_R is kept at its optimal value. The temperature measurement is placed on tray 3. The selection of measurement point is based on a comparison of the responses in tray temperatures to changes in the controller input R. Figure 6.6 illustrates typical responses at a given operating point. (See Chapter 5 of this thesis for a further discussion of controllability of reactive batch distillation.) Note that the tray responses found here are different from the ones presented in Chapter 5 where it was recommended

6.5. ONE-POINT COLUMN CONTROL 159

Figure 6.7: Temperature profiles using a) continuous controller and b) real time control system.

to place the temperature measurement on tray 5. This is because the nominal temperature profiles in Figure 6.6 are different from the ones studied in Chapter 5.

The set point for the temperature controller is then the optimal temperature profile for tray 3 as a function of time (fitted to a polynomial). A time delay of 15 seconds was added to the temperature measurement and the controller settings used are K_p = −0.01 and τ_i = 0.1. The controller is tuned using a linearized model at given operating points (see Chapter 5).

As can be seen from the results in Figure 6.7.a. (solid lines), good control is achieved. The deviation in the reboiler temperature from the optimal profile (dotted lines) is small during most of the batch, but increases up to 20^o C towards the end. The optimal conversion (χ_{R1} = 0.97) is reached at t = 21.2 hr. After this time the reboiler temperature starts drifting away from the optimal value. For the controlled process (solid lines), the reboiler temperature is decreasing instead of increasing as for the optimal process (dotted lines). This is because the controller maintains the temperature on tray 3 at its set point as given by the optimal profile. The uncontrolled temperature on tray 3 increases with time as the reaction proceeds. But due to the disturbances, the reaction rate is quicker than under optimal conditions. Keeping the temperature at the optimal set point will therefore hold light component back in the lower part of the column causing the reboiler temperature to decrease.

Detecting the end of the reaction based on the criteria from the optimal temperature profile, that the reaction is ended when the temperatures start rising rapidly, can not be applied in this case. However, the fact that the reboiler temperature is drifting away from the optimal in either direction is an indication that the reaction is ended. The end point can therefore be estimated to when the reboiler temperature deviates from the optimal value on either side by an amount greater than, for example 5^oC.

The simulated process was also interfaced to an industrial real-time control system Paragon (1991). All controllers were implemented using Paragon’s own facilities. Instead of using a polynomial to describe the simulation temperature set point profile, only 16 measurement points were used. The sampling time was 1 minute. As shown in Figure 6.7.b, good control is achieved and the responses are very similar to those obtained with the simulated continuous controller.

6.6 Conclusions

The optimal operating values for reflux ratio and reboiler heat duty have been determined according to the maximum profit and minimum time control objective for a batch distillation column with reaction in the reboiler. The optimal policy must be implemented using feedback control to avoid loss of reactant (”break-through”) in the distillate waste product. We select to control an intermediate column temperature which location is selected based on a sensitivity analysis of the optimal temperature profiles. The column has been controlled using both a simple continuous PI-controller and a real time control system, with disturbances in the reaction parameters and in the reboiler heat duty. Good performance has been achieved in both cases. For this industrial application it has been found that the end of the reaction can be detected based on temperature measurements in the reboiler. An alternative to feedback control is an open-loop policy with over-refluxing but this may lead to significant cost penalties.

Notation

A_{prod} amount of product P kmol c_i concentration of component i in the reactor kmol/m^3 C_{fixed} fixed costs $/hr C_{heat} cost of steam $/kJ C_{prod} value of product P $/kmol C_{raw} total cost of raw material $ E_r activity coefficient for reaction r kJ/kmol g dynamic model equations in the general optimization problem h_1 equality constraints in the general optimization problem h_2 inequality constraints in the general optimization problem H_j liquid holdup on tray j kmol H^o_j initial liquid holdup on the trays =0.1 kmol k_r rate constant for reaction r k_{0r} frequency factor for reaction r K_p PI-controller gain L reflux flow kmol/hr L_j internal liquid flow kmol/hr L^o_j initial liquid flow =15 kmol/hr L_D distillate flow kmol/hr N number of theoretical stages n_c number of components P pressure atm P^$ profitability $/hr Q_R reboiler heat duty kJ/hr r_N reaction rate kmol/hr R_g ideal gas constant = 8.314 kJ/kmol, K R internal reflux ratio = L/V t time hr t_o start time hr t_f final operating time hr t_s charging and cleaning time hr T_B temperature in reactor K T_0 reference temperature K u control variables in the general optimization problem v design variables in the general optimization problem V_j vapor flow from tray j kmol/hr x^o initial composition x_{A,W} mole fraction of component W in the accumulator x state variables in the general optimization problem y algebraic variables in the general optimization problem

Greek letters Δ deviation from nominal operating point τ hydraulic time constant h^{−1} τ_I integral time for PI-controller hr Φ objective function in the general optimization problem ξ_i stoichiometric coefficient of component i χ_{R1} conversion of reactant R_1

Scripts i component number j tray number r reaction number

References

[1] Albet, J., J.M. Le Lann, X. Joulia, and B. Koehret, ”Rigorous simulation of multicomponent multisequence batch reactive distillation”, Proc. COPE’91, Barcelona, Spain, 75-80, 1991.

[2] Bosley, J.R. Jr. and T.F. Edgar, ”Application of nonlinear model predictive control to optimal batch distillation”, Preprints DYCORD’92, Washington D.C., 271-276, 1992.

[3] Coulson, J.M. and J.F. Richardson, Chemical Engineering, Vol. 6, Pergamon, Oxford, 1983.

[4] Cuille, P.E. and G.V. Reklaitis, ”Dynamic simulation of multicomponent batch rectification with chemical reactions”, Comp. Chem. Eng., 10(4), 389-398, 1986.

[5] Daubert,T.E. and R.P. Danner, ”Data compilation tables of properties of pure compounds”, Design Institute for Physical Property Data, AIChE, Hemishere Publishing Corporation, 1985.

[6] Egly, H., V. Ruby and B. Seid, ”Optimum design and operation of batch rectification accompanied by chemical reaction”, Comp. Chem. Eng., 3, 169-174, 1979.

[7] Mujtaba, I. and S. Macchietto, ”Optimal operation of reactive batch distillation”, AIChE 1992 Annual Meeting, Miami Beach., 1992.

[8] Paragon 500/550 I/O Hardware Drivers, Intec Controls Corporation, Walpole, Massachusetts, 1991.

[9] Quintero-Marmol, E. and W.L. Luyben, ”Inferential model-based control of multicomponent batch distillation”, Chem. Eng. Sci., 47(4), 887-98, 1992.

[10] Sørensen, E. and S. Skogestad, ”Control strategies for a combined batch reactor/batch distillation process”, Presented at the NATO ASI, Batch Processing Systems Engineering, Antalya, Turkey, 1992.

[11] Vassiliadis, V., ”A differential-algebraic optimal control problem solver”, Centre for Process Systems Engineering, Imperial College, London, 1992.

Chapter 7

Discussion, Conclusions and Directions for Future Work

7.1 Discussion

This thesis addresses different aspects of operation and, to a lesser extent, control of batch distillation columns. The research has been motivated by the need for more economical operating policies for batch columns. With an increased demand for flexibility and productivity in the fine chemical and pharmaceutical industries, optimal operation of batch distillation has become increasingly important. However, the operating policy and the process equipment limit the attainable performance. This thesis has therefore aimed at finding other ways of operating conventional batch columns. Alternatives to the traditional column configuration have also been considered.

Increased product quality has been an incentive to gain a better understanding of the behavior of reactive batch distillation, which subsequently may lead to improved control of this integrated process. A batch reactor is combined with a distillation column in order to increase productivity. However, combined processes are often difficult to operate due to interactions between the units. In this thesis, the dynamic behavior and controllability of an industrial case study has been studied. It suggests alternative control strategies to the conventional top-temperature control strategy which is found to be less suitable for batch columns. The thesis concludes with a discussion of optimal operation of the same case study. On-line operation according to an optimal policy is demonstrated in conjunction with both a continuous and a real time control system.

In this thesis, relatively simple dynamic models have been considered. This is mainly due to limitations in the optimization software. No commercial optimization programs have been available, and the program used is complicated and not very user friendly. However, modeling issues have not been a priority as long as the models have sufficed to illustrate important principles.

Controllability and control strategies of reactive batch distillation have only been considered in relation to a specific industrial process. It can be argued that at least controllability should be considered for other applications as well. However, there was not enough time to treat this in full.

7.2 Conclusions

The main contributions of this thesis are summarized below:

Chapter 2 discusses optimal startup of batch distillation columns. The actual duration of the startup period is found to be of limited significance unless the startup time is very different from the optimal value. A short cut formula is presented which can provide an estimate for the required startup time based on operating parameters which are normally known a priori. Alternative methods of reducing the startup time, by changing the operating procedure or the process equipment, have been considered. Neglecting the initial filling of the column section and the condenser is a normal assumption in the optimization literature. It is established that this is acceptable in most cases if the objective is to describe the duration and not the actual trajectories of the startup period.

Chapter 3 is the first major work to investigate the cyclic operating policy. This policy is compared to conventional operating policies and is found to significantly reduce the operating time for difficult separations. Both an optimal and a simplified cyclic policy is presented. The simplified policy is easy to calculate and implement and is found to yield solutions very close to those from the very time consuming rigorous dynamic optimization. The effect of condenser holdup on operating time is discussed.

Chapter 4 presents a comparison between regular and inverted batch distillation. In an inverted column, the feed is added to the condenser drum and the product is withdrawn from the reboiler. This column configuration is found to yield a shorter operating time than the conventional regular configuration for separations where the light component is present in a small amount in the feed mixture. For some mixtures where the separation is not possible in a regular column, good performance can be achieved in an inverted column. The operation is viable, but more work is needed.

Chapter 5 is the first work to treat controllability and control strategies for reactive batch distillation. An industrial esterification process is used as an example. When a reactor is combined with a distillation column, the reaction will act as a continuous feed during the batch. The same amount of light component should be removed as the amount being formed by the reaction at any time. The controllability of the process is studied, based on linearized models at different operating points. It is found to be very non-linear and also to depend strongly on the operating conditions and on the time during the batch. The importance of feedback control is demonstrated. Several control strategies are presented as alternatives to the conventional top-temperature control strategy which is found to be less suitable for batch columns.

Chapter 6 treats optimization according to the maximum profit and minimum time control objective of the same reactive batch distillation example as in Chapter 5. The optimal policy is implemented using feedback control with disturbances included in the dynamic model to study the performance of the controller. Both a continuous PI-controller and a real time control system have been used and good performance has been achieved in both cases. For this industrial application, the end of the reaction can be detected based on temperature measurements in the reboiler.

An overall conclusion for Chapters 2, 3 and 4 is that conventional batch distillation is not well suited for difficult separations or for separations where the amount of light component in the feed charge is small. For such separations, inverted columns or cyclic operation may be preferred.

7.3 Directions for future work

7.3.1 Continuation of the work in this thesis

Optimal operation and control of batch distillation columns have been considered in this thesis. However, several aspects have not been treated in full. The following topics should be further investigated:

1) The short cut formula for estimation of startup time needs to be evaluated for industrial separations. Improvements in the derivation of the formula are most probably needed. (Chapter 2.)

2) Filling the condenser drum with light product initially to reduce the startup time was considered for one case problem using a constant reflux ratio policy. The possible benefits from this procedure need to be elaborated further (Chapter 2.)

3) In the discussion of the cyclic operating policy, the influence of condenser holdup was briefly considered but can be further investigated. (Chapter 3.)

4) A further discussion is needed on the practical implementation of the cyclic policy. (Chapter 3.)

5) The use of inverted columns was discussed for one set of operating parameters but must be further investigated before definite statements can be made about its merit. (Chapter 4.)

6) Only simple control strategies were considered for the control of a reactive batch distillation example. However, it would be worthwhile to also consider other strategies, for example cascade control or gain scheduling. (Chapters 5 and 6.)

7.3.2 Optimization of batch distillation

This thesis has discussed possible operating modifications for improving the optimal operation of a single batch column. Both the boilup rate and the condenser holdup have been used as degrees of freedom. However, there are still many aspects of optimal operation that have not been considered.

1) Many applications, and especially azeotropic separations, are run under variable pressure. This parameter clearly affects the optimal operation of the process and should be considered for optimization.

2) Off-cuts are often produced in batch distillation. These are either recycled to the feed of the next batch or re-processed separately. Even for simple mixtures there are several alternative operations possible. With complex trade-offs as a result of the many degrees of freedom available, there is ample scope for optimization.

3) Addition of feed during the batch is often done in practice. Optimization of the amount of additional filling and the charging times should be considered. This also applies to the addition of reactant during the course of reactive batch distillation.

4) Batch columns are often used for mixtures for which they are not designed. The product must in some cases be concentrated in several steps when the separation abilities of the given column is not sufficient. Again, there are several trade-offs and a proper procedure for optimal operation may increase the productivity of this type of separations.

5) The column characteristics have been pre-specified in all the work in this thesis. The process equipment clearly limits the optimal performance and there is therefore ample scope for optimal design of batch columns.

7.3.3 Alternative operating policies and configurations

The optimal operation of a given column is limited by the operating policy and the process equipment. Alternative operating policies and configurations should therefore be considered.

1) In this thesis a new operating cyclic policy has been presented. However, this policy is sensitive to variations in the feed mixture. A combination of operating policies may be a possible way to exploit the benefits from the cyclic policy and at the same time ensure a flexible operation.

2) Other column configurations have been presented in the literature. In complex columns, the feed is added to the middle of the column and the products are withdrawn from the top and the bottom either simultaneously or alternately. This configuration should be compared to the conventional one in terms of flexibility and productivity. Also, control aspects must be considered. Placing several columns in series, where the top flow of one column acts as a bottom feed to the next, may be beneficial for multicomponent mixtures. However, this configuration is very sensitive to disturbances. Good operating and control strategies are therefore needed.

7.3.4 Controllability and control of batch distillation

This thesis has discussed controllability and control strategies for reactive batch distillation. An industrial process was used as an example. However, there is a need for further research in this area.

1) Dynamic behavior and controllability of reactive batch distillation where the reaction takes place in the whole column, should be considered and in particular, the influence of the reaction parameters.

2) Controllability of regular batch distillation has been studied briefly by the author, although no results have been presented in this thesis. The controllability is found to depend on the operating conditions and the time during the batch as for the reactive example studied in this thesis. However, a systematic analysis is needed in order that general conclusions can be made.

3) The choice of type and placement of measurements is clearly of importance but is seldom given much consideration. Placement of temperature measurements, for example, should be based on a controllability analysis of the process.

4) Most industrial batch columns have rather simple control systems. More advanced systems, such as multivariable feedback controllers, Model Predictive Control etc., might increase the operability of the columns.

7.3.5 Application of methods to industrial problems

Research on specific processes is of limited use if the methods developed can not be applied in practice. Although experiments on operating columns often yield case-specific results, it is important to confirm results found from simulations by performing experiments on a real column. In particular, the results on the cyclic operating policy and the inverted column configuration presented in this thesis need to be verified by experiments. In addition, one may in some cases discover new and interesting effects through experiments which may have been overlooked in a simulation model. Nevertheless, one should also be aware of the possibility for alternative separations methods which may be more beneficial than batch distillation for certain separations.

7.3.6 Azeotropic batch distillation

This thesis has been limited to a discussion of ideal mixtures. However, batch distillation is often used in industry for separation of azeotropic mixtures which are inherently difficult to separate. The order of product fractions may also vary with feed composition. There is obviously a need for research in this area. Of particular importance is the selection of entrainers which may be added to break the azeotropes and the decision where and when these should be added.

168 CHAPTER 7. DISCUSSION, CONCLUSIONS AND DIRECTIONS FOR . . .