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18 Abstract

The design and optimization of a natural gas to hydrocarbon liquids (GTL) process is
23 considered, mainly from the view of maximizing the variable income during operation.
25 Auto-thermal reforming (ATR) is used for synthesis gas production. The kinetic model
for Fischer-Tropsch (FT) reactions is the one given by Iglesia et al. for a Cobalt based FT
30 reactor. For the product distribution, three alternative expressions for the chain growth
32 factor o are compared.

35 Keywords
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45 1. Introduction

a7 A GTL (gas to liquids) plant consists of three main sections (Figure 1): Synthesis gas
production, Fischer-Tropsch (FT) reactor and FT products upgradingl. In this process,
52 natural gas is first converted to synthesis gas (“syngas”; a mixture of hydrogen and

54 carbon monoxide) which is further converted to a range of hydrocarbons in an FT reactor.

57 “Corresponding author. Tel.:+47 73594154; fax.:+47 73594080
58 E-mail address: skoge @ntnu.no
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There are different routes for syngas production: auto-thermal reforming (ATR), steam
reforming, combined reforming and gas heated reforming®. We have considered ATR
which to be claimed the most economical route for syngas production3’4.

Flue Gas
Tail Gas Recycle

Synthesi Product i
gatural ynthesis | Syngas Synthesis Raw Final
as Gas Prep. Product | Upgrading | Product

Off-gas for Fuel
Fig. 1- A simple Flowsheet of a GTL process'

FT reactions can take place on either iron or Cobalt catalysts in four different types of
reactorz; fixed bed, slurry bubble column (SBCR), fluidized bed and circulating fluidized
bed reactor.

The currently largest operating GTL plant is the Oryx plant in Qatar with a production
capacity of 34,000 bbl/day liquid fuels. This plant includes two parallel trains with two
Cobalt based slurry bubble column reactors, each with the capacity of 17,000 bbl/day
operating at low temperature FT conditions. Shell is also commissioning a world scale
GTL plant (Pearl GTL plant) in 2011 with the capacity of 260,000 bbl/day; 120,000
bbl/day upstream products and 140,000 bbl/day GTL products’. This plant is located
close to Oryx GTL plant. Shell uses fixed bed reactor for the FT synthesis. Pearl GTL
plant has 24 parallel fixed bed reactors each with the production capacity of 6,000
bbl/day’®.

In the current study, based on available information in open literatures, we study a single

train with a capacity of approximately 17,000 bbl/day. The natural gas feed condition is

2
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assumed to be fixed at 8195 kmol/h (164.2 MMSCFD), 3000 kPa and 40°C. The
composition of natural gas in mole basis is:

— CH4: 95.5%

— CyHg: 3%

— C3Hs: 0.5%

— n-C4Hjp: 0.4%

- N2:0.6%
The upgrading section is not included. The main objective of this work is to develop a
detailed model that gives the effect of the main operational decision variables on the
variable income while satisfying operational constraints. The decision variables include
the H,O to hydrocarbon feed ratio to the pre-reformer, the Oxygen to hydrocarbon feed
ratio to the ATR, the recycle tail gas fraction to the syngas and FT reactors, the purge
fraction and the CO, removal fraction. The UniSim commercial process simulator’ is
used to simulate the process. The simulator uses detailed steady-state mass and energy
balances, and we chose to use the SRK equation of state for the thermodynamic
properties. The UniSim files are available from the authors.
Another modeling and simulation study for a GTL plant was recently published by Bao et
al® where the focus is on optimal process design. They assume a fixed value for the
H,/CO ratio of 2 and a fixed chain growth probability (« ) for the FT reactions. On the

other hand, our focus is on optimal operation, and our model allows for varying

(optimized) H,/CO ratio and uses a model with varying « .

2. Modeling and process description

The overall flowsheet for the process studied is shown in Figure 2.

3
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Fig. 2- Overall process flowsheet with final optimized data ( @, model, wax price=0.63 USD/kg)

Industrial & Engineering Chemistry Research

2937 kmol/hr

Natural Gas
8195 kmol/hr
3000 kPa, 40 °C
CH,:0.955

3000 kPa [

Tail Gas
12673 kmol/hr

Compressor

Pure Oxygen

.3 210¢
Steam o 8 210C ‘
© 2000 kPa —
— 675°C 2 MP Steam Light Purge to fired
Heater Ends heater (as fuel)
S Water 392 kmolhr
Pre-Reformer MP Steam Liquid o [3Phase o
Fired Separatofl To Upgrading Unit
Natural Gas Heater 1030 °C. - 721 kmol/r, 30°C
(fuel) % (141.4 m¥hr)
Autothermal Syngas | £ vol. mole fraction
Reformer 35100 kmolh§ & LPG: 0.0468
(ATR) ] Naphtha/Gasoline: 0.3839
MP Saturated ‘I?\;:?: 202::2215
Steam v Water Other: 0.0235
48887 kmol/hr 38°C Water )
252 °C, 4000 kPa 4743 komi/hr 8589 kmol/hr
Jxlra Steam
‘ 27020 kmol/hr
To fired heater (not shown)
to produce superheat steam
5204 kmol/hr 16663 kmol/hr
455 °C, 3000 kPa 400°C, 4000kPg | Asu | 10kPa

C2He:0.030 CO, Water
C3Hg0.005 from ASU,
nCitrs0.004 gzss kmol/m2 936 kmolfr 9736 kmole |
N2:0.006
FT Reactor vapor
i —>
200°C v 2

CHy: 0.0587
CO: 0.1454
Hy 02142
N2 01173

Turbines|
Superheated
Steam

2.1. The synthesis gas section

The syngas part is similar to the configuration proposed by Haldor Topsgz)e3 with
operating pressure of 3000 kPa and includes a pre-reformer, a fired heater and a ATR:

1.

and temperature. The exit temperature is between 100 and 300°C lower than the desired

For n>2, C,H +nH,0 - (n +%)H2+nCO

CO+3H, <> CH +H,0
CO+H,0 <> CO,+H,
The exit temperature of the adiabatic pre-reformer will depend on the inlet composition

ATR inlet temperature, which means that a fired heater is needed.

2. The fired heater is used to supply the required energy for:

4
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The pre-reformer is used to avoid cracking of heavier hydrocarbons in the
subsequent ATR. It is assumed that all hydrocarbons heavier than methane are
converted according to eq.(1). In addition, the methanation and shift reactions
(eq.(2) and eq.(3)) are assumed to be in equilibrium3’9. In our case, the reactor is

assumed to be adiabatic with the feed entering at 455°C". The reaction scheme is
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Preheating the following streams to 455°C:

e fresh natural gas (pre-reformer feed)

e recycle hydrocarbons from FT reactor (pre-reformer feed)
Superheated process steam (pre-reformer feed) and superheated steam for
driving the turbines of compressor in the oxygen plant and the much
smaller recycled tail gas compressor. Note that saturated steam is first
produced in a boiler by heat exchange with the hot outlet stream of the

ATR and is then superheated in the fired heater. The energy consumption

in the oxygen plant is assumed 400% 10 This power is supplied by
on

superheated steam from the fired heater, which is expanded from 400 bar
and 400°C to 0.1 bar in the ASU turbine (75% efficiency assumed).
Preheating the outlet gas from the pre-reformer to 675°C (optimized
value, see below)

Preheating oxygen to 200°C>

10% of the total fired heater duty is assumed to be used to supply

superheated steam for other mechanical equipment in the process.

The required fuel for the fired heater is supplied by the combustible components in

the purge stream plus some fresh natural gas. An efficiency of 98% is assumed for the

combustion of fuels'!.

3. The ATR converts methane in the stream from the fired heater to syngas by

reacting it with steam and oxygen. It is modeled as an adiabatic equilibrium

reactor according to the following reactions'';

Oxidation of methane: CH, +%Oz < CO+2H,0 4
Steam reforming of methane: CH, + H,0 <> CO+3H, (5)
Shift Reaction: CO+H,0 <> CO, +H, (6)

5
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The oxygen is supplied by the air separation unit (ASU) and is blown into the ATR. For
GTL applications with a Cobalt based Fischer Tropsch reactor, a typical H, to CO ratio in
the fresh syngas is about 2 * but the exact value will be obtained as a part of the
optimization of the process. The hot syngas leaving the ATR is cooled down to ambient
temperature for water removal before going to the CO; capture unit.

Note that large amounts of water is produced in the subsequent FT reactor, so there is no
strict limitation on the water content of cooled syngas, but it is removed for economic
reasons to reduce the flow to the FT reactor. The CO, removal plant is modeled as a
component splitter, where only CO; is removed.

With our natural gas feed rate, the hot syngas from the ATR is used to produce about
49000 kmol/hr medium pressure saturated steam (40bar, 252°C) in the boiler. 34% of this
MP steam is superheated in the fired heater to be used in the Oxygen plant, and 11% is
superheated in the fired heater to be used as the process steam into the pre-reformer. The
remaining “extra” 55% of the saturated steam is a byproduct of the plant (These values
correspond to the optimal model mentioned further in Table 5) .

2.2. Fischer Tropsch section

The syngas is sent to the Fischer-Tropsch (FT) reactor where the highly exothermic FT
reactions take place'. The reactor is assumed isothermal with a temperature of 210°C
(483K). The reactions are typically written in the following form

nCO+2nH, — (-CH,-), +nH,0 (7)
where (-CH,-), denote the olefin and paraffin main products. In addition, CH, formation

is unavoidable

CO+3H, —» CH,+H,0 8)

6
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The FT product distribution can be described by the well known Anderson-Schulz-Flory

(ASF) model

w, =n(l-a) a""’ 9)

where w,(n>1) is the weight fraction of C, and « is chain growth probability. The

water- gas shift reaction is negligible because it is not catalyzed on Cobalt catalystB.

Figure 3 illustrates the meaning of the chain growth graphically. The probability of chain
termination is 1-« . Three different methods for calculating the chain growth probability
a are described in section 3. To simulate the reaction scheme, we use the reaction rates
for CO consumption and CH, formation proposed by Iglesia et al.'* together with the

carbon mass balance as given by the ASF distribution model. (see Appendix for details).

co
probahility
CH, ——%» cH, l-a
o
1-a a(l—a)

o

1-& -1
— o (l-a)
cI’II.IZI’I*‘l anzn{z

Fig. 3- Probability of chain growth to different hydrocarbons in FT reactions®

Iglesia’s reaction rates on Cobalt catalyst are valid at 473 to 483 K, 100 to 3000 kPa,
H,/CO=1-10, and described as below.

7.334x107B, P, laol,
I =
M 1433x10°P, M.

1.331x10° P, %o p 06
o LY (11)
1133x10°P.

(9] Teactor S

where pressure is in Pa.

(10)

S
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The simulated reactor is a slurry bubble column reactor (SBCR), which is well-known for
good heat removal. The following lumps are defined as FT products in our model'’: C;,
C,, LPG (C3-Cy), Gasoline/Naphtha (Cs-Cy;), Diesel (C2-Cy) and Wax (C;4). Note that
for each carbon number, both olefins and paraffins are produced and the factor y
determines the olefins/paraffins ratio (see Appendix for details).

An equilibrium three-phase separator operating at 38°C and 20 bar is used for the FT
products separation. As for the other units, the SRK equation of state is used for the
thermodynamic equilibrium. In all cases, the H,O mole fraction in the raw product (outlet
hydrocarbon stream of the separator) is less than 0.07% .

The pressure drop in the individual equipment of the syngas and FT units is ignored. This
assumption has the same effect on all the three alpha-cases, because the relative change

of objective function in different price scenario is important and not the absolute value.

3. Calculation of chain growth probability «

Three different methods for obtaining & have been considered. Note that in all cases, the
ASF model using « is applied for n>1, whereas methane (n=1) is found from the
reaction rate by Igelsia.

3.1. Using rates of Iglesia (¢, )

From the proposed reaction rates for CO (eq. (10)) and CHy4 (eq. (11)), the selectivity of
CHy, as a function of partial pressures of H, and CO in FT reactor can be found (left hand

.
“: can be found as a

side of eq.(12)). Next, from (A-9) in the Appendix, the selectivity,

Teo

function of « (right hand side of eq. (12)).

8
ACS Paragon Plus Environment

Page 8 of 33



Page 9 of 33 Industrial & Engineering Chemistry Research

Ten, _ Fa, w, x 2000

0.6

co Feo 16x[™ 42w (—i+——)+ 25w (Li+——)]
16 1+730 1+y28 1+7352 1+7350

(1-a)* x2000

12)

20al-a) e T 51 —20-307 . 2001 —ay (L L
(2 ))(1 +730 1+728) ( X )(1 +7352 1+7350)

©CoO~NOUTA,WNPE
~

16 (1 a)’ 1
16

13 In spite of the complicated appearance of eq.(12), it can be easily solved for a . We call
15 this solution ¢, in the rest of the paper. From its definition, & is in the range of [0,1] and
18 interestingly eq.(12) has only one real root in this range. Figure 4 shows the value of the
20 real roots for a wide range of variation in the selectivity. Out of 19 roots, 16 are always

imaginary and 2 out of 3 real ones are always greater than 1.

27 1.6

29 QWWW%
1.5 H******** . - |
- S

32 1.4+ -

U

1.1+ -

w
\I
Value of real roots

43 0.9 -

0.7 | | | | | |
48 0.02 0.025 0.03 0.035 0.04 0.045 0.05 0.055 0.06 0.065 0.07
49 Left hand side value in eq.12

51 Fig. 4- Real roots & as a function of the selectivity (1.2 < Hy/CO < 2.15)

53 3.2. Using modified function of Yermakova and Anikeev («,)

55 The following function has been proposed by Yermakova and Anikeev'® and modified by

57 Song et al."’
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a=(0.2332—2 1 0.633)[1-0.0039(T —533)] (13)
Yeo t Vu,

Here y., and y, are mole fractions in the FT reactor and T is reactor temperature (K).

The given range of operating conditions are H,/CO ratio from 0.5 to 4 and temperature

from 423 K to 803 K . In the rest of this paper this value for « is denoted a,.

3.3. Constant « («,)

A constant « of 0.9 is frequently proposed in the literature at typical operating conditions
of a low temperature Cobalt based FT slurry bubble column reactor'®'’. We call this

valuea, =09 .

4. Single-pass Fischer Tropsch reactor

We simulated the FT reactor individually (single pass) with only CO and H; in the feed,

and show in Figures 5, 6 and 7 how the product distribution depends on the feed %

ratio with models «,, «, and «, for the chain growth probability. The operating pressure

and temperature for the reactor are assumed to be 2000 kPa and 210°C. Table 1 shows

the corresponding conversion rates of CO, H, and production rates of methane and other

hydrocarbons for L
Cco

Table 1- FT reactor performance at % =2 feed when ¢,, a, or «, is used

Parameter 2 a, 2
CO conversion, % 83.56 | 86.52 | 86.97
H, conversion, % 9098 | 91.82 | 91.97
CH, formation (kg/kg., hr) 0.0106 | 0.011 | 0.011
Other hydrocarbons formation (kg/kg., hr) | 0.1877 | 0.1924 |0.1924

10
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1
2
3 H
4 In Figure 8, the value of @ (¢,,a, and «,) is given as a function of C—g. We see that o,
5
6
7 is generally significantly higher than «,. «, is closest to the commonly used value of
8
10 o, =09 and in addition the trend in Figure 6 («,) seems more realistic than Figure 5 (¢, ).
11
ig However, we will use both functions and also the constant « assumption in the
14 . oL
15 following optimization.
16
17 1.00
18 | e
19 0.80 - —i—wt% C3-C4
20 —=—wt% C5-C11

g 0.70 1 —x—wit% C12-C20
21 2 0.60 —e—C21+
22 g "
23 ‘: 0.50 A
24 gﬂ 0.40
25 F 030 -
26 0.20
27 0.10
28 0.00
29 1.00 1.20 1.40 1.60 1.80 2.00 2.20
30 H2/CO
31 Fig. 5- FT reactor product distribution with ¢, from Iglesia reaction rates
32
33
34 1.00
35 0.90 ——wt% CH4
36 0801 :.:le EZ-M
37 g 0.70 7 —=—wt% C5-C11
gg *é 0.60 - —%—wt% C12-C20

= i ——wt% C21+
40 “E-' 0.50
41 .:..f 0.40
42 E 030
43 0.20 -
44 0.10 . —k
45 0.00 S # — e S S
46 1.00 1.20 1.40 1.60 1.80 2.00 2.20
j; H2/CO
49 Fig. 6- FT reactor product distribution with ¢, from Yermakova and Anikeev
50
51
52
53
54
55
56
57
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|
8L 0,80
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=
Q0075 -
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H2/CO

H
Fig. 8- Chain growth probability ( @ ) as a function of C—é (feed) for different @ models

5. Definition of optimal operation for overall process

The operational objective is to maximize the variable income (operational profit) with

respect to the operational degrees of freedom subject to satisfying the constraints. Each of

these is defined next.

5.1. Objective function
The objective function to be maximized is:

Variable income (P) = sales revenue — variable cost

12
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The natural gas feedrate to the process side is fixed at 8195 kmol/h, but note that the
natural gas used as fuel in the fired heater will vary, mainly depending on the amount and
composition of the purged tail gas.

Sales revenue

We use the average price over the last 4 years in the Rotterdam market for Gasoline,
Diesel and Fuel 0il®. The wax price is set equal to the fuel oil price. For LPG there is a
large price variation depending on specifications and location, and an average price of the

selling prices in different countries has been assumed.

This gives the following prices: LPG (C5-C;) = 0.9%‘3, Gasoline/Naphtha (Cs-C,;) = 0.73%‘3,

Diesel (C1p-Cao) = 0.71 52 Wax (C,,,) = 0.39 Y52
kg kg
Variable cost

Variable cost=cost of raw materials + cost of energy + cost of CO, removal a5)
The raw materials are natural gas, water (steam) and oxygen.

- Natural gas price: 0.5 M[ﬁt]i 2! with our gas composition this corresponds to
u
0.023 %52
kg
UsD 22

CO; removal cost: 50

ton

Water: cost set to zero.

Energy: cost set to zero (assume excess energy available). Also, we did not include
any credit for the “extra” saturated medium-pressure steam generated by the ATR

hot effluent.

13
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- Oxygen: It is assumed that the GTL plant must supply the required superheated
steam for the oxygen plant, and in addition pay for the used oxygen with a price

that decreases somewhat with increased oxygen usage.

m .
: Zf )03 , Poz —0.11 USD
my; kg O,

The price policy makes the income for the O, plant less dependent on the operation in the

Py, =Pg, ( (16)

GTL plant and also encourages the GTL plant to use more oxygen. The exponent of -0.3

implies that the oxygen price decreases by a factor of 2 if we use ten times more oxygen.

The capacity of the reference oxygen plant at 43.82 k& s estimated based on the data
sec

from Holdor Tops¢e3’23.

5.2. Operational Degrees of freedom (steady-state)

The overall plant has 6 operational degrees of freedom at steady-state which can be

chosen as the following. The chosen degrees of freedom are the ones, which have

significant effect on objective function value and their optimal value is not clear from

process understanding. The temperature for the FT reactor is assumed fixed at 210°C.

The FT reactor operating pressure is assumed constant at 20 bar, which is the assumed

maximum pressure for the reactor due to material constraints.

] H,0

C(hydrocarbon)

0%
C(hydrocarbon)

(fresh + recycled),

(into ATR),

3- Fired heater duty,
4- CO;, recovery percentage,
5- Purge ratio,

6- Recycle ratio to FT reactor

14
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5.3. Operational constraints
We consider the following constraints during the optimization;

1. Molar ratio Héo >0.3 in feed to syngas unit. This is to avoid soot formation in the

©CoO~NOUTA,WNPE

ATR. Haldor Topsge reports’ soot free pilot operation at % ratios even as low

as 0.2 but we conservatively use a lower bound of 0.3.

17 2. ATR exit temperature <1030°C . This temperature is an average of some the
reported operating outlet ATR temperatures by Haldor Topsge that ensures soot-
22 free 0peration3.

Inlet temperature to ATR < 675 C . This is a material constraint®*.

27 4. The purge ratio is optimally around 2% but for simulation purposes (to avoid

convergence problem) it has bounded at a higher value (5% for «, model and 3%

32 for , and «, models).

6. Optimization results

38 The optimization (maximize P with respect to the degrees of freedom and constraints)
40 was repeated using the three different & models ((12), (13) and constant« ). For each o
model, two price scenarios for the final products are considered. The first is the one
45 mentioned earlier and the second is when the price of the wax is assumed to be twice as

47 highi.e. 0.78 UTS:’

50 The UniSim “Mixed” method is used for optimization. This method initially uses the
52 BOX method which is based on the Downhill Simplex algorithm and then a SQP method

55 to locate the final solution’.

15
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The results are reported in Tables 2, 3 and 4. For models ¢, and «; there is almost no
effect of the wax price. The results with &, model seem more reasonable because a quite
large sensitivity to the wax prices is expected. The H, to CO ratio (both in fresh syngas
and in inlet stream into the FT reactor) are compared as these usually are considered the
main parameters in determining the product distribution of GTL processes. The carbon
efficiency in the Tables is defined as the ratio of carbon in the products and carbon in the
natural gas feed, including natural gas used as fuel in the fired heater.

Table 2- Optimal operation when model ¢; is used

Wax H,0 0, CO | pocvele | Purge | Ho H, Carb Objective
price C c recovery ;CI{*C%C oftail | €O co a, . fﬁdcriezg function
scenario (fresh+recycle) (into ATR) gas fresh into FT y (USD/hr)
USD
0.39 e 0.9080 0.5185 97.51% | 82.00% 5% 2.06 1.80 0.7747 70.00% 41667
D
0.78 % 0.8059 0.5150 93.24% | 84.90% 5% 2.02 1.67 0.7849 70.33% 43037
Table 3- Optimal operation when model &, is used (recommended)
Wax H,0 [o) ) H, H jecti
. — - CO: Recycle Purge | H, = Carbon ObJecFlve
price c C recovery to FT of tail co co a, officienc function
scenario (fresh+recycle) (into ATR) gas fresh into FT y (USD/hr)
0.39 % 0.8036 0.5226 93.00% 73.50% 3% 2.19 222 0.83 72.23% 44292
0.78 % 0.5100 0.5283 46.00% 86.00% 3% 1.88 1.39 0.92 75.94% 54795
Table 4- Optimal operation with fixed a; =0.9
H,0 0, H, H jecti
Wa X é e €0, Recycle Purg'e - = Carbon Objec'llve
price recovery to FT of tail co co a, efficienc function
scenario (fresh+recycle) (into ATR) gas fresh into FT y (USD/hr)
0.39 UTS; 0.441 0.5047 90.78% 79.08% 3% 2.08 1.98 0.90 75.92% 38470
USD
0.78 e 0.4406 0.5076 91.00% 77.08% 3% 2.07 1.97 0.90 75.87% 54680

In all cases, we get the following three optimally active constraints:

- The purge ratio is active at its minimum (5% for «, model and 3% for «, and «,).

- The fired heater outlet temperature is active at the maximum, 675°C.

16
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- The ATR outlet temperature is active at the maximum, 1030°C. Since the outlet
temperature of ATR is quite high (1030°C), the equilibrium assumption is
reasonable.

One can imagine that the fired heater outlet temperature is set by the fired heater duty,
and the ATR outlet temperature is set by the oxygen feedrate. This leaves three
unconstrained optimization degrees of freedom (H,O/C feed ratio, recycle ratio to FT
reactor, and CO, recovery fraction), for which, the optimal values result from the
optimization. For each of these three degrees of freedom, controlled variables need to be
identified. This is the topic of ongoing work (in preparation).

We now use the «, model in a more detailed study using an average wax price of

USD ... . .
0.63 ot The results of the optimization for this case are shown in Table 5.
g
Table 5- Optimal nominal values ( &, model), wax price=0.63 %

g
H,0 o, Purge H, H, Objective
¢ ¢ €0, Recycle of tail co co az Carbon function

(fresh+recycle) (into ATR) recovery to FT fresh into FT efficiency
gas (USD/hr)

0.6389 0.5233 75.76% | 76.83% | 3% 2.1 2.01 0.87 74.24% 48402

Figure 9 shows the dependency of the profit function with respect to the six degrees of
freedom around the nominal optimal point. It shows that the profit value is sensitive to

change in the active constraints; purge ratio (Figure 9d), ATR inlet and outlet

H,0 (Figure 9a)

temperatures (Figure 9e and 9f). The unconstrained degrees of freedom; c

and tail gas recycle ratio to FT (Figure 9b) have also significance effect on the objective
function while the objective function is almost flat with respect to the change in CO,

recovery (Figure 9c).
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The amount of light hydrocarbons carried along with the recycle vapor stream leaving the
three-phase separator depends on the conversion in the FT reactor, the H,/CO ratio at the
outlet of syngas unit and chain growth probability. For example, in the nominal case the
tail gas composition on molar basis is: CHas: 35.87%, H:21.42%, CO: 14.54%, N,:
11.73%, CO;,: 8.38%, H,0O: 0.24% and other hydrocarbons: 7.82%.

The CHy in the tail gas should be recycled to the syngas unit, whereas the un-reacted CO
and H; should be recycled to FT reactor for further conversion, while the inert N, should
be purged. The optimal values for recycle and purge are determined by the optimization
as shown in Table 5. Note that there is no constraint on the inert fraction. The recycled
tail gas to the syngas unit needs to be compressed to 30 bar (Compressor in Figure 2).
The compressor work duty is only 1.15 MW, which is small compared to the fired heater
duty of 326 MW (thermodynamically, the equivalent work is about 54 MW) .

We will use this model for our future study to find the best controlled variables and
propose control structure in a systematic manner for different operational regions. In
addition, economical studies including consideration of different configurations of syngas

unit, CO, removal location etc. will be considered.
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35 Fig. 9- Dependency of the variable income with respect to the decision variables and active
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38 7. Conclusion
39
22 A gas to liquids process (GTL) has been simulated and optimized to describe the effect of
42 .. . . . .
43 decision variables on the plant variable income. Auto-thermal reforming (ATR) was
44
45 chosen for syngas production and a Cobalt based slurry bubble column reactor was
46
j; simulated using proposed Fischer-Tropsch reaction rates by Iglesia et al. Three different
49 .. . ey .
50 criteria for Fischer-Tropsch products distribution have been considered and the one
51
52 roposed by Yermakova and Anikeev can very well describe dependencies in the overall
prop y y P
53
gg process. The achieved model will be used for further control and economical studies.
56
57
58
59
60
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Appendix

The proposed reaction rates by Iglesia et al. are as below':

1.08x107° P, P, mol
Foy = Hi25 co CH, ) (A-1)
‘ 1+3.3x107P,,  g-atom surface metal. s
1.96x10° B, “*P., mol,,

= A-2
1+3.3x107°P,, ( g-atom surface metal. s) (A-2)

) . . 2
To convert these values to more common units, the following assumptions are made 3

rCO

- The catalyst density is 2000 kg/m’,

- The weight fraction of Cobalt in the catalyst is 20% and 10% of the Cobalt is
exposed as surface atoms,
- The catalyst volume fraction in the reactor is 10 %.

This gives the following values for r., and r, :

. _L196x10°F, Ry molg, Qletomsutuce et Vvl 0270y K007,
@ 1433x10°B,,  gatomsurface metal. s moly, . 58997, v Ca. n, (A-3)
010n7, . Vamol,,  1331x10°B, Py oo,
o o, ™ 13a0°E, i
. :1.08x10*1>,,£>m“05 Mol o Qlgtomsufacenetal Um0l 0y ) 02T s (2000x10‘g,;,,_)x
© 1433x10°FR, gatomsurface metal. s molg, . 58981, 1a grCat. m, (A-4)

(0.10m;‘)x( Varol :7.334x1(r'°17,21>w°'°5 famol,,
; 10000, 1433x10°P, nt,.$

reactor eactor ™

Selectivity to different hydrocarbons in FT reactions is described by well-known ASF

ideal model as (A-5):

w, =n(l-a)a"" (A-5)
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where w, is the weight fraction of C, and « is chain growth probability. Note thatw, is

fraction of carbon atoms reacted totally which ends up in product with n C-atoms. This is
almost (which is assumed here) but not completely the same as weight fraction®.
Based on mass balance:

mass of consumed carbon as CO = mass of produced carbons (C, ) as FT products

The rate of CO consumption is correlated with weight fraction of the produced

hydrocarbons as (A-6).

kmol ., « 12kg kg cu, 12kg .

L X FT reactor volume(n") =, VW K8 s | ) B
0 ms«aum ™ Tkmol,, ' 8 total hydrocarbons (B i 16kg cH,
k 1 2x12kg .. k 2x12kg,.
Wit K8 rat nyarocarmons T )X | Wy Sen x——x =8 +wy( Se xLx e +
K8 et tydrocarsns 17 30kg C,H, K8 rat tyarocarbons 1 +7 28kg C,H,
I k 2% k 3x12k (4-6)
- 1 3x1 . . 1 .
Worat (K8 wrat narocarbons 1 1) % | Wi ( Ban, x——x =8 +wy( Ban )% L= e +
' | 8ot myarocarsons 1+7 44kgc K et tyarocarsons 1+7 42kgc
et
[ k k
Wioiat K8 otat nyarocarmons T AF)X | Wao( Booits )X L x 20x12kgc +wy( Seuts x—Lx 20x12hg. +
L K8 urat hyavocarsons 1+ 282kg CoHyy kSt idrocarbons 1TV 280kg, CooHy
[ k k
Wioiat K8 tat nyarocarpons 1 )X | Was( Boaty )X . x 25~ 2hg. +wys( B )X L x 25 x12hg.
K8 at yarocarvons 17 352K8 e, K8 it marocarsons 147 350Kg ¢,
where w,, =(1-w, —w, —...—wy) (A-7)

and 7 is Olefin to Parrafin ratio. 20 reactions (C;-Cyg) for paraffins and 19 reactions for

Olefins (C,-Cy) are defined with weight fraction of w, and the rest of the hydrocarbons

are estimated with Cps as Wax (C;;4) with weight fraction of W,s. Simplification of
eq.(A-6) yields weight of total hydrocarbons (&g, s /hr ) in the product as eq.(A-8).

We choose reactor volume=2000m’ which gives reasonable CO and H; conversion in our

model.
7., %2000
Woorat (K et nyarocarbons  17) = W T 1 7 lco T 1 71 (A-8)
L 2w (——+ )+ + 25wy ———+ —— )]
16 1+y30 1+y28 “1+y352 1+y350

By having w,,,, production rates of all hydrocarbons (paraffins and olefins) can be

described as below.
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g, = 1 _ — — — - x—x 1y 2000 (A-9)
16 Ly 30x[ﬁ+2w2(——+L—)+...+25w25(——+i— Ly
16 14730 1+y28 4y 352 147350
L LTI e = — X X200 (A-10)
SUNEE A P S T Y SN B AL S RS N SN B AL | 4
16 14730 1+y28 147352 1+ 350
o, =L - 2 — x Ly %2000 (A-11)
LI AT DL SIS AL S | N I A S
16 2 14y30 1+y28 147352 147350
o, = W 1 e L S, X x 2000 (A-12)
352 Ly 352x[m+2w7(——+—7/ —)+...+25wﬁ(——+—7/ — 7
16 “1+y30 1+y28 T 14+y352 1+y 350
rCZSHm:WZSXWmmX Yy _ - : 1(1_W1 _1W2_"'_W25) i —x 4 X g % 2000 (A-13)
SEUE R 1 AL, SIS ALY SR . VY LS S AL I B b 4
16 14730 1+728 147352 147350

7 (Olefins to Paraffins ratio) is assumed to be in average value of 0.35 for all
hydrocarbons'*.
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Fig. 1- A simple Flowsheet of a GTL process1
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