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ABSTRACT

The simulation of reactive distillation processes requires binary phase equilibrium
data and information about the reaction kinetics and equilibrium. The phase
equilibrium data for the binary reacting sub-systems are difficult to measure
experimentally since the products of reaction affect the binary equilibrium as soon as
they are formed. A novel apparatus has been constructed to measure these data for
reaction rates with half-life time of 30 minutes and below. Experimental data are
presented for compounds of ethanol and isopropanol with formic acid at 40 — 60°C as
a model reaction for reactive distillation. The synthesis of ethyl formate is realized at
these temperatures in technical columns. The proposed method can be applied to
obtain binary interaction parameters of reactive compounds for commonly used g--
models, if the half-life time of the non-catalyzed reaction at the desired temperature is
above 10 minutes.

INTRODUCTION

Conventional chemical production processes are usually performed in a sequence
manner i.e. first reaction and then the distillation. In certain cases this sequence may
be replaced by a reactive distillation in order to lower the production costs or to
improve the purity of the products. Therefore, the (catalyzed) reaction must have
sufficient reaction rates at the conditions where distillation is practicable. Several
advantages can be achieved by this combined process, the most important are:

e reduced downstream processing for separation of the product from residual
components,

o utilization of the heat of reaction directly for evaporation of liquid phase,

e increasing of the selectivity by removal of product(s), in case of parallel or
consecutive reactions



e overcoming of azeotropic limitations,
e lowering of resident time since the concentrations of reactants and thus the
product yield is higher.

On the other hand the process implies new limitations, such as reactive azeotropes
and multiple steady states (and hence an increased effort of process control). A
reliable phase equilibrium model is crucial for the process synthesis or to carry out a
feasibility study. The emphasis of that study would be to determine whether the
reactive distillation is preferable.

The simulation of a reactive column needs both as input: reaction kinetics or
equilibrium constants and binary vapor-liquid equilibrium data for well-known g--
models. These data are usually not available because the reaction prevents the
experimental determination of binary phase equilibrium data, using standard
measurement technique. For example, by a literature search for compounds of
organic acids with alcohols, only 64 isothermal or isobar vapor-liquid equilibrium
(VLE) data sets were found in the DECHEMA data base [1] which were measured
either in chemical equilibrium or at very low temperatures. Only four of them were
found to be thermodynamically consistent with the Redlich-Kister area test [1].

In this work, our method of determining the binary phase equilibria of reactive
systems is described. As example systems, the esterification of formic acid with
ethanol and formic acid with isopropanol is examined. These reactions have half-life
times of some minutes up to several hours, depending on the temperature and the
amount of formic acid present in the system.

The measuring method applied in this work follows a proposal by Patel and Young [2]
for calorimetry. It is shown that this method is appropriate for the certain class of
reaction systems used in the reactive distillation.

THEORETICAL BACKGROUND

Phase equilibrium calculations
For description of the VLE, a y-¢ model was chosen:
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The activity coefficient v; is calculated from a model for the Gibbs excess enthalpy gF.
The Wilson model [3] was chosen according to the strongly non-ideal nature of the
system:
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where v(L,i and vbj are the molar volumes of liquid i and j as given in [1] and 2, are
the binary interaction parameters of the model.

To calculate the liquid fugacity it is also necessary to include the standard state

fugacity f5, which is the fugacity of the pure liquid component i at system pressure

and temperature. It can be expressed by
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where oy is the fugacity coefficient of the component i at saturated vapor pressure

v vei(P-PsY)) . : : .
Psi' , and exp —RT is the Poynting correction, which accounts for the
expansion or compression of the liquid from saturated vapor pressure to system

pressure.

The fugacity coefficient ¢’ is calculated with the virial equation of state by the method
of Hayden and O’Connell [4] to get the second virial coefficient. They assume that
the vapor is ideal except for association between molecules, usually due to hydrogen
bonding. The method incorporates the "chemical theory of dimerization”. Therefore, it
accounts for strong association and solvation effects, including such as found in
systems containing organic acids like in the present system.

Reaction Space

The possible phase equilibrium conditions of a quaternary mixture can best be
depicted in a tetrahedron. All points within the tetrahedron are possible phase
equilibrium compositions for a system without reaction. When one or more reactions
occur, the degree of freedom Fg is reduced by the number of independent chemical
equilibrium reactions, see Gibbs phase rule (5):

Fe=2+C-Ph-R (9)

where C is the number of components, Ph is the number of phases and R is the
number of independent chemical equilibrium reactions.

In a quaternary system with two phases and one reversible reaction (the back-
reaction is independent), the degree of freedom is two. This number is identical to the
dimension of the concentration space in which the equilibrium conditions are fulfilled.
This part of the concentration space is called reaction space [5]. The geometrical
shape of the reaction space varies with the type of reaction, the position of the
chemical equilibrium (i.e. the quantity of the equilibrium constant K,) and the
presence of inert components.

The stoichiometric reaction mechanism is

vaA + vgB & vcC + vpD, (6)



where A and B are the reactants (alcohol and organic acid), C and D are the
products (ester and water) and v; are the stoichiometric coefficients. The latter are
unity for the esterification reactions considered here. If the equilibrium constant K,
(see eq. (7)) has a quantity about unity and an ideal mixture behavior (i.e. also Ky=1),
the reaction space forms a saddle area as depicted in Figure 1.
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where a; are the activities

a; = XY;- (8)
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Figure 1: Reaction space of an equimolar reaction A+B <> C+D

The saddle area is stretched between the non-reacting binary systems A-C, A-D, B-C
and B-D. The arrows represent the stoichiometric lines which show the change in
concentration caused by the forward reaction. Since the reaction does not change
the number of moles, all stoichiometric lines are parallel. Their endpoints represent
the chemical equilibrium concentrations corresponding to the initial composition of
the components A and B. All reactions which are started by mixing of pure A and B
yield stoichiometric lines within the triangle outlined by A, B, (C/D=1/1).

The backward reaction (not depicted here for clarity reasons) would, if started by
mixing of pure C and D, produce stoichiometric lines directing from the C-D-border to
the chemical equilibrium surface.



EXPERIMENTAL

Chemicals

Isopropanol and ethanol used for experimental procedure were of analytical grade
(purity 99,9%, Merck). Formic acid was given with 98% purity (Merck). For calibration
of the gas chromatograph, ethyl formate, isopropyl formate (both with purity > 98%,
Merck) and distilled water were used. The chemicals were processed without further
purification except for degassing.

Equipment and experimental procedure
The experiments were carried out in a 550 cm? static equilibrium cell which is located
in a thermostatic oil bath at a given temperature with an accuracy of +0.1 K. The set
up is given in Figure 2 and explained below.
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Figure 2: Experimental set-up for measuring VLE data of fast reacting systems

Stainless steel 1.4435, Teflon and glass have been used for construction. The
temperature inside the cell was measured by a platinum resistance thermometer PT-
100 (Conatex) with an accuracy of +0.01 K. The pressure was measured using a
calibrated high accuracy sensor head (MKS Baratron Type 121A connected to the
signal conditioner Type PDR-D-1) attached to the top of the cell. The sensor head
and the connecting line from the cell to the sensor were thermostated at
398.15 K + 0.1 K. The sensor was calibrated by the ambient pressure (measured with
a mercury manometer), high vacuum (10 Pa) and the vapor pressure of pure water,
methanol, ethanol and formic acid at a temperature range of 313.15 to 353.15 K.



According to these measurements, the experimental pressure is assessed to be
reliable within £0.5% of the measured value.

Phase equilibrium is reached quickly by mixing the two phases intensively using a
stirrer head with magnetic coupling (bmd 075, Blichi GmbH). The measurement
starts by injection of the necessary amount of alcohol in order to obtain a desired
mole fraction of the mixture. The alcohol is degassed and filled into the injection
cylinder (manufactured by the Laboratory for Thermophysical Properties of the
University of Oldenburg). When the equilibrium temperature of the oil bath is
established, the vapor pressure of pure organic acid is measured. At the time t, the
predefined amount of alcohol is injected into the cell within less than 2 seconds by
means of the pressure pump, powered with 1 MPa from a nitrogen vessel. The
precision of the injection is controlled by a linear transducer (Haidenhain, type
ND221) with an accuracy of £10 um which is calibrated to determine the injected
mass of alcohol at a given temperature. With the addition of a second component,
the equilibrium is disturbed due to the heat of mixing and heat of reaction. We
checked with non-reacting mixtures like acetic acid + water and methanol + water
that the cell reaches phase equilibrium after 60 s of mixing. During the ongoing
reaction, pressure and temperature are monitored continuously, liquid and vapor
samples are taken in short intervals and the gas phase is analyzed immediately. An
example for the recorded temperature and pressure curves during a typical reaction
experiment (formic acid with ethanol at xjp=0.5, T=60°C) is given in Figure 3.
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Figure 3: Curve shape of an experiment with a low boiling organic acid in the cell
and alcohol injected.

The liquid samples are withdrawn every minute at the pump circuit by connecting an
evacuated sample vial. The reaction is stopped immediately in the sample vial by
addition of 5g 1,4-dioxane per 1g sample liquid and cooling down to 263 K. The stop
of the reaction was verified by comparing the analysis of a sample right after
withdrawing with the analysis of the same sample after 10 hours. Since the results
were identical, liquid samples are analyzed after the experiment by use of a gas
chromatograph HP-GC 5890A Series |l with split/splitless-injector, TCD and FID
detector and a six port valve (for gas phase sampling). A HP-FFAP capillary column,
length = 25 m, i.d. = 0.53 mm, film thickness 0.1 um is used with helium 5.0 as carrier



gas (Messer-Griesheim). An auto injector type G1895A, Agilent Technologies is
installed in order to inject samples.

Online gas phase samples were taken additionally every 12 minutes during the
experiments although they are not essential to obtain the binary VLE curves. When
xi, P and T are known, y; can be calculated by fitting a g5-model and a convenient
vapor phase model to the experimental pressure data at given x; and T. The deviation
of the calculated pressure to the measured value is minimized by adjusting the binary
interaction parameters of the g5-model. However, experimental y; data can be used
to verify the model quality.

Obtaining binary VLE Parameters

Since it is not possible to measure the reacting binary phase equilibrium directly,
another method has to be used for regressing binary interaction parameters. In our
method the phase equilibrium is measured during the reaction right from the
beginning. Liquid samples are taken as frequent as possible especially during the
first minutes of the reaction. This yields quaternary VLE data which are measured as
close as possible to the reacting binary.

To apply a phase equilibrium model at these conditions the interaction parameters of
all occurring binaries in the system have to be taken into account. Most of the
required binary data are available in literature (see Figure 4 for formic acid — ethanol
system) so that Wilson parameters could be regressed. Missing parameters were
estimated using modified UNIFAC [6]. In case of the formic acid — isopropanol
system, VLE data for all binary systems (except acid — alcohol) were available.
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Figure 4: Six Pairs of Interaction Parameters in Quaternary Esterification System

The Wilson model was applied to calculate the activity coefficients although it is not
capable of LLE calculation. Since no phase split occurred in the liquid samples taken
during experiments (which are the basis for VLE calculations), the model was used



mainly at homogeneous phase equilibrium conditions. However, the ester - water
binary shows a liquid-liquid immiscibility which has to be calculated by the g-model
as well. The constant pressure within the mixing gap can be fitted by a very slight
slope so that a sufficient approximation is achieved (see Figure 5).
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Figure 5: Comparison of Wilson regression to experimental
LLE data (experimental data by Marsh [8])

This estimation is necessary since it is possible that during the optimization
procedure the phase split area is modified in a way that some data points lie within
the mixing gap (of the model). In this case, the NRTL or UNIQUAC equations would
produce unreasonable results if used without checking the number of phases by a
flash algorithm. A flash calculation will be implemented in our model in future work.
For a compilation of all used Wilson interaction parameters see Table 1 and Table 2.



Table 1: Wilson Parameters used in Formic Acid - Ethanol System [1]

WILSON 1) 2) 3) 4) 5)
Formic Formic Ethyl
Comp. 1 Ethanol Ethanol Acid Acid Formate
Comp. 2 Ethyl Water Ethyl Water Water
Formate Formate

R/cal/(molK) | DECHEMA | DECHEMA | UNIFAC DECHEMA | FITTED EXP
1.98721

WILSON12 712.7894| 173.3876 115.7602| -1073.6764 3262.02
WILSON21 186.8666| 890.3253 297.3702] 1074.6210 2374.16
Temp/°C 45.00 40.00 - 45.00 46.85
WILSON12 339.1783 -1157.1753
WILSON21 881.1112 1159.0655
Temp/°C 55.00 60.00

1) Nagata I.; Ohta T.; Ogura M.; Yasuda S.; J. Chem. Eng. Data 21 (1976) 310
2) Mertl I.; Collect. Czech. Commun. 37 (1972) 366

4) 45°C Udovenko V.V., Aleksandrova L.P., Zh. Fiz. Khim. 34, 1366 (1960)

4) 60°C Vrevsky M.S., Glagoleva A.A., Zh. Russ. Fiz. Khim. Obshch. 59, 608 (1927)
5) Marsh K.N.; J.Chem.Eng.Data 41 (1996) 1219

Table 2: Wilson Parameters used in Formic Acid - Isopropanol System [1]

WILSON 1) 2) 3) 7 5)
Isopropanol | Isopropanol | T 2rmic Formic Isopropyl
prop prop Acid Acid Formate
Isopropyl Water Isopropyl Water Water
Formate Formate

R/cal/(molK) | DECHEMA | DECHEMA | DECHEMA | DECHEMA | FITTED EXP
1.98721

WILSON12 625.7902 385.2801 227.5687| -1073.6764 3890.37
WILSON21 127.8289| 1178.1219] 202.2207] 1074.6210 2093.03
Temp/°C 55.00 35.01 55.00 45.00 0.00
WILSON12 642.8480 -1157.1753
WILSON21 1218.7931 1159.0655
Temp/°C 55.03 60.00

1) Tunik E.K., Zharov V.T., Viniti 1242 (1980)

2) Sada E., Morisue T., J. Chem. Eng. Jap. 8, 191 (1975)

3) Tunik E.K., Zharov V.T., Viniti 1242 (1980)

4) 45°C Udovenko V.V., Aleksandrova L.P., Zh. Fiz. Khim. 34, 1366 (1960)

4) 60°C Vrevsky M.S., Glagoleva A.A., Zh. Russ. Fiz. Khim. Obshch. 59, 608 (1927)
5) Stephenson, R.; Stuart, J., J. Chem. Eng. Data, 31, 56-70 (1986)

To obtain the desired binary interaction parameters for the organic acid — alcohol
pair, only these two are fitted to the P,T,x; data of the quaternary mixture while all
other parameters remain unchanged. Since the VLE data were taken close to the
binary conditions, the resulting parameters are most suitable for calculating the
binary VLE.




The vapor phase association was taken into account by the chemical theory. The
degree of association is represented by the rn; parameter which is taken from
Prausnitz [7] for binary i and j (see Table 3). If no association coefficients were
available they were estimated basing on data available for similar components.

Table 3: Binary Interaction Parameters for Chemical Theory [4]

Nii Isopropanol Formic Acid Isopropyl Formate = Water
Water' 1.55 2.5 1.3 1.7
Isopropyl Formate? 1.3 0.53

Formic Acid’ 2.5 4.5

Isopropanol’ 1.32

N Ethanol  Formic Acid Ethyl Formate  Water
Water' 1.55 25 1.3 1.7
Ethyl Formate' 1.3 0.53

Formic Acid'’ 2.5 4.5

Ethanol’ 1.4

' Prausnitz [7]

2 estimated by analogy to other esters (ethyl formate and several acetates)

Further pure component parameters used for calculation of y, and ¢’ with the
Wilson model and the chemical theory are given in Table 4.

Table 4: Pure Component Parameters for Wilson Model and Chemical Theory

Isopropanol Formic acid Isopropyl Formate Water
vi /(cm*mol)'  76.92 37.91 100.95 18.07
Mw / (g/mol)’  60.096 46.03 88.1 18.02
T, IK? 508.32 574 513.03* 647.37
P, / bar? 47.64 61 41.1* 221.2
rg> 2.726 1.48 3.39° 0.615
dm?® 1.66 1.52 1.89° 1.83
Ethanol Ethyl Formate
VI(_)i /(Cm3/mo|)1 5868 8088
Mw / (g/mol)’  46.07 74.08
T, IK? 516.26 508.5
P / bar? 63.8 47.4
rg® 2.25 2.8
dm?® 1.69 1.7

" DECHEMA data base [1]
2 \/DI-Warmeatlas [9]
® Prausnitz et al [7]

* calculated by method of Lydersen [10]

® estimated by comparison with n-pro

pyl formate

The three coefficients A;, B; and C; of the Antoine equation used for calculation of the
pure component vapor pressure are listed in Table 5.



Table 5: Antoine Coefficients A;, B; and C; for pure components

P&v/bar:exp(Ai B J_1o13.25

C+T/K 760

Ai Bi Ci
Isopropanol’ 18.6929 3640.20 -53.54
Formic Acid’ 16.9882 3599.58 -26.09
Isopropyl Formate? 17.6710 3585.41 -16.68
Water’ 18.3036 3816.44 -46.13
Ethanol’ 18.9119 3803.98 -41.68
Ethyl Formate' 16.1611 2603.30 -54.15
"Reid et al. [11]

2 DECHEMA data base (Gmehling et al. 1977)

RESULTS
P,T,x data were measured during the reactions of
isopropanol + formic acid

and
ethanol + formic

-> isopropyl formate + water
- ethyl formate + water
at 40°C and 60°C. Figure 6 and Figure 7 exemplary show experimental liquid

compositions of the isopropanol — formic acid system at both temperatures. A
complete set of all measured data is given by Tischmeyer [12].

Isopropyl Formate (3) 1
Water (4) 1

T=40°C
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Figure 6: Liquid compositions of the Isopropanol — Formic Acid Reaction at 40°C



Isopropyl Formate (3)
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Water (4)

T=60°C
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Figure 7: Liquid compositions of the Isopropanol — Formic Acid Reaction at 60°C

Since the esterification reactions are auto-catalyzed by formic acid, the reaction rate
rises with the amount of acid present in the system. On the right side of the diagrams
at high acid concentrations the reaction has a half-life time of some 10 minutes.
Therefore it is difficult to get a sufficient amount of liquid samples close to the
reacting binary, especially at a elevated temperatures.

At high isopropanol concentrations the half-life time rises to several hours, chemical
equilibrium is reached after more than 15 hours. Since this information is not
essential to the determination of the desired VLE parameters the experiments were
stopped after about 8 hours which yields the short reaction paths at the left side of
both diagrams.

Figure 8 exemplary shows the measured pressure over time curves for the
isopropanol — formic acid system at 40°C. Initial isopropanol concentrations change
between xjp =0.1 up to 0.8. The discrete pressure points correspond to the time
points where liquid samples were taken.
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Figure 8: P(t) diagrams for the Isopropanol — Formic Acid System at 40°C

The respective liquid concentrations x4 to x4 at these time points and the measured
temperatures are used to calculate the system pressure and vapor concentrations by
use of equation (1) with the Wilson g¥ model for liquid phase and the chemical theory



for vapor phase. The relative deviation of all experimental to calculated pressure data
is then minimized during the model fitting procedure by variation of the binary
interaction parameters of the reacting pair. Binary parameters for the Wilson model
were obtained at 40°C and 60°C for all reacting systems. In case of the ethanol —
formic acid binary, experimental h®-data measured by Zhao et al. [13] were also
included in the regression. The resulting binary parameters are given in Table 6.
Vapor phase data are not reproduced here due to problems in the determination of
the compositions.

Table 6: Regressed binary Interaction Parameters for the Wilson Model

Component i Isopropanol Ethanol

Component j Formic Acid Formic Acid
Temperature / °C 40 60 40 60

Wilson A;; -978.3222  -1200.0105 | -489.8492  -156.5872
Wilson A; 681.7373  1346.5472 | -57.8520 -325.6978

AP, OVer all data 1.8% 3.1% 12.3% 4.4%

AP, over all data 6.7% 8.8% 31.0% 12.0%

AP, .an @nd AP, are the relative mean and maximum deviations of the calculated

pressure and measured data. The ethanol - formic acid reaction at 40°C was the first
one examined. The apparatus (especially the accuracy and speed of liquid sampling)
was advanced and improved after completing the measurement of this phase
equilibrium. Since each experiment consists of approximately 9 reaction runs with
about 12 liquid samples each, the amount of data points to be fitted by the model is
immense. Deviations larger as compared to standard VLE measurements were
inevitable.

In Figure 9 and Figure 10 the resulting binary phase equilibria of the reacting acid —
alcohol pairs can be seen. Both show a minimum pressure azeotrope at low to
medium alcohol concentrations which shifts to lower alcohol concentrations at higher
temperatures.
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CONCLUSIONS

Quaternary P,T,x data have been measured for the reacting systems isopropanol +
formic acid and ethanol + formic acid (40°C to 60°C). A static cell with the possibility
of adding thermostated, degassed components and immediate mixing as well as a
quaternary regression method have been used. Wilson g5-model parameters for the
reacting binary systems were obtained. Calculated values and experimental data are
in very good agreement in three out of four cases. The new regressed parameters for
the chosen g -model can be recommended for accurate computation of the
equilibrium conditions e.g. in simulation processes.

Further measurements will be carried out on the systems isopropanol + formic acid at
80°C and ethanol with propionic acid. Therefore the vapor phase sample system will
be improved in order to obtain complete VLE data sets.

The results show that the applied method can be recommended to determine the
binary interaction parameters of reacting systems with half-life times down to 10
minutes. Temperature deviations due to mixing effects (exothermic reactions) are
covered by the regression method since each data point is evaluated at its own
temperature.

NOMENCLATURE

latin letters:

a activity -
aiz,az1  binary interaction parameters for g5-models

A, Bi, Ci Antoine Coefficients, P(bar) and T(K) -

dm dipole moment Debye

Enij energies of activation for reaction ij -

f fugacity Pa

g Gibbs energy per mole J/mol

gij energies of interaction between an i-j pair of J/mol
molecules

Rmix enthalpy per mole J/mol

K12 reaction rate constants of the esterification mol/s

K2+ reaction rate constants of the hydrolysis mol/s

Ka chemical equilibrium constant in terms of activities -

K chemical equilibrium constant in terms of fugacities -

Kx chemical equilibrium constant in terms of -
mole fractions

Mw molecular weight g/mol

n number of components -

n; number of moles of component / -

P pressure Pa

ptv vapor pressure Pa

r reaction rate mol/s

R universal gas constant J/mol K

rg radius of gyration nm

t time S



to time of mixing, start of the reaction S
T temperature K
v molar volume m3/mol
X liquid mole fraction -
y vapor mole fraction -
X transformed liquid coordinate -
Y transformed vapor coordinate -
greek letters:

OLij non-randomness constant for binary ij interactions -
A; Wilson coefficient as defined in equation (2) -
A Wilson binary interaction parameters cal/mol
Vi stoichiometric coefficient of component i -
¢ fugacity coefficient -
Y activity coefficient -
n Hayden O’Connell association parameter -
indices, superscript:

+ standard state conditions

E excess

L liquid

V vapor

VLE in phase equilibrium

VLE+CE in phase and chemical equilibrium

indices, subscript:

0 pure component

A..D Components A..D

C critical

i0 initial composition of component i
[ component i

j component j

max maximum

mean arithmetic mean

mix mixture

© after time > @

REFERENCES

1. Gmehling, J.; Onken, U. (1977), Vapor-Liquid Equilibrium Data Collection,
DECHEMA Chemistry Data Series, Vol. |, Part 1, Frankfurt.

2. Patel, N.C.; Young, M.A. (1993), Measurement and Prediction of Vapor-Liquid
Equilibria for a reactive system: Application to Ethylene Oxide + Nonyl Phenol.
Fluid Phase Equilib. 83, 79 — 92.

3. Wilson, G.M.; (1964), Vapor-Liquid Equilibrium. XI A New Expression for the
Excess Free Energy of Mixing. J. Am. Chem. Soc., Vol. 86, 127-130.



10.

11.

12.

13.

Hayden, J. G.; O’Connell J. P. (1975), A Generalised Method for Predicting
Second Virial Coefficients, J. Ind. Eng. Chem. Process Des. Dev. 14 (3), 209-
216.

Bessling, B.; Schembecker, G.; Simmrock, K.H. (1997), Design of Processes with

Reactive Distillation Line Diagrams. Ind. Eng. Chem. Res. 36, 3032-3042.

Weidlich. U.; (1985), Experimentelle und theoretische Untersuchungen zur
Erweiterung der Gruppenbeitragsmethode UNIFAC, PhD Thesis, Dortmund.

Prausnitz, J.M.; Anderson, T.F.; Grens, E.A. (1980), Computer Calculations for
Multicomponent Vapor-Liquid and Liquid-Liquid Equilibria. Prentice Hall Inc.,
Englewood Cliffs, New Jersey.

Marsh, K.N., (1996) J.Chem.Eng.Data, 41, 1219.

VDI-Warmeatlas: 8. Auflage., VDI-Gesellschaft Verfahrenstechnik und
Chemieingenieurwesen (1997), Springer-Verlag, Berlin Heidelberg.

Lydersen, A. L.(1955), Estimation of Critical Properties of Organic Compounds.
Univ. Wisconsin Coll. Eng., Eng. Exp. Stn. Rep. 3, Madison, Wis.

Reid, R.C., Prausnitz, J.M. & Poling, B.E. (1987), The Properties of Gases and
Liquids, 4th ed. New York, Mc-Graw Hill, Inc.

Tischmeyer, M.; (2002), PhD Thesis, Technical University Berlin, Germany, to be
published.

Zhao J.; Bao J.; Hu Y.; (2002), J. Chem. Thermodyn. 21 (1989) 811.



	Navigation and Printing
	Table of Content
	Index
	Index of Authors
	Organizing Committee, International Scientific Committee
	International Board of Referees
	Impressum
	back to last view
	print

	Preface
	Plenary Lectures
	PL1 WHAT CAUSED TOWER MALFUNCTIONS IN THE LAST 50 YEARS?
	PL2 MODELLING SIEVE TRAY HYDRAULICS USING COMPUTATIONAL FLUID DYNAMICS
	PL3 CHALLENGES IN THERMODYNAMICS
	PL4 EXPERIENCE IN REACTIVE DISTILLATION

	Topic 1 Basic Data
	1-1 COMPUTER AIDED MOLECULAR DESIGN OF SOLVENTS FOR DISTILLATION PROCESSES
	1-2 LARGE-SCALE DATA REGRESSION FOR PROCESS CALCULATIONS
	1-3 IONIC LIQUIDS AND HYPERBRANCHED POLYMERS – PROMISING NEW CLASSES OF SELECTIVE ENTRAINERS FOR EXTRACTIVE DISTILLATION
	1-4 PREDICTION OF DIFFUSIVITIES IN LIQUID ASSOCIATING SYSTEMS ON THE BASIS OF A MULTICOMPONENT APPROACH
	1-5 KINETICS OF CARBON DIOXIDE ABSORPTION INTO N-METHYLDIETHANOLOAMINE SOLUTIONS
	6-1 THERMODYNAMIC PROPERTIES OF DIMETHYL SULFOXIDE + BENZENE OR + ISOPROPYLBENZENE MIXTURES
	6-2 DETERMINATION AND PREDICTION OF THE ISOBARIC VAPOR-LIQUID-LIQUID EQUILIBRIUM DATA
	6-3 MASS TRANSFER COEFFICIENTS IN BATCH AND CONTINUOUS REGIME IN A BUBBLE COLUMN
	6-4 A COMPARATIVE STUDY OF INTERFACIAL AREA OBTAINED BY PHYSICAL AND CHEMICAL METHODS IN A BUBBLE COLUMN
	6-5 DETERMINATION OF BINARY VAPOR LIQUID EQUILIBRIA (VLE) OF REACTIVE SYSTEMS

	Topic 2.1 Equipment / Internals
	2.1-1 DISTILLATION COLUMNS WITH STRUCTURED PACKINGS IN THE NEXT DECADE
	2.1-2 CHARACTERISATION OF HIGH PERFORMANCE STRUCTURED PACKING
	2.1-3 MODIFICATIONS TO STRUCTURED PACKINGS TO INCREASE THEIR CAPACITY
	2.1-4 CRYSTALLIZATION FOULING IN PACKED COLUMNS
	2.1-5 FUNCTIONALITY OF A NOVEL DOUBLE-EFFECTIVE PACKING ELEMENT
	2.1-6 RASCHIG SUPER-RING A NEW FOURTH GENERATION PACKING OFFERS NEW ADVANTAGES
	2.1-7 PLATE DAMAGE AS A RESULT OF DELAYED BOILING
	6-6 NEW HIGHSPEED MASS-TRANSFER TRAYS
	6-7 DIFFUSIONAL AND HYDRAULIC CHARACTERISTICS OF  KATAPAK-S
	6-8 THE MVG TRAY WITH TRUNCATED DOWNCOMERS: RECENT PROGRESS
	6-9  MASS TRANSFER AND HYDRAULIC DETAILS ON INTALOX® PhD™ PACKING

	Topic 2.2 Equipment / Flow
	2.2-1 EFFECT OF BED LENGTH AND VAPOR MALDISTRIBUTION ON STRUCTURED PACKING PERFORMANCE 
	2.2-2 THE EFFECT OF MALDISTRIBUTION ON SEPARATION IN PACKED DISTILLATION COLUMNS
	2.2-3 INFLUENCE OF VAPOR FEED DESIGN ON THE FLOW DISTRIBUTION
	2.2-4 ENTRAINMENT AND MAXIMUM VAPOUR FLOW RATE OF TRAYS
	2.2-5 EXPERIMENTAL CHARACTERISATION AND CFD SIMULATION OF GAS DISTRIBUTION PERFORMANCE OF LIQUID (RE)DISTRIBUTORS AND COLLECTORS IN PACKED COLUMNS
	2.2-6 PROGRESS IN UNDERSTANDING THE PHYSICAL PROCESSES INSIDE SPINNING CONE COLUMNS 
	2.2-7 SYSTEM LIMIT: THE ULTIMATE CAPACITY OF FRACTIONATORS
	6-10 COMPUTATIONAL FLUID DYNAMICS FOR SIMULATION OF A GAS-LIQUID FLOW ON A SIEVE PLATE: MODEL COMPARISONS
	6-11 NUMERICAL CALCULATION OF THE FLOW FIELD IN A BUBBLE COLUMN CONSIDERING THE ABSORPTION OF THE GAS PHASE
	6-12 MASS TRANSFER IN STRUCTURED PACKING
	6-13 EXPERIMENTAL STUDY OF RIVULET LIQUID FLOW ON AN INCLINED PLATE
	6-14 EFFECT OF THE INITIAL GAS MALDISTRIBUTION ON THE PRESSURE DROP OF STRUCTURED PACKINGS
	6-15 A NEW PRESSURE DROP MODEL FOR STRUCTURED PACKING

	Topic 3.1 Process Synthesis
	3.1-1 SYNTHESIS OF DISTILLATION SEQUENCES FOR SEPARATING MULTICOMPONENT AZEOTROPIC MIXTURES
	3.1-2 DESIGN TECHNIQUES USED FOR THE DEVELOPMENT OF AN AZEOTROPIC DISTILLATION PROCESS WHICH USES A BINARY ENTRAINER FOR SEPARATION OF OLEFINS FROM ACIDS AND OTHER OXYGENATES
	3.1-3 DESIGN AND SYNTHESIS OF DISTILLATION SYSTEMS USING A DRIVING FORCE BASED APPROACH
	3.1-4 THE NEW APPROACH TO ISOPROPYLBENZENE DISTILLATION FLOWSHEET SYNTHESES IN PHENOL-ACETONE PRODUCTION
	3.1-5 A NOVEL FRAMEWORK FOR SIMULTANEOUS SEPARATION PROCESS AND PRODUCT DESIGN
	3.1-6 CASE-BASED REASONING FOR SEPARATION PROCESS SYNTHESIS
	6-16 THE FUNDAMENTAL EQUATION OF DISTILLATION
	6-17 HYDRODYNAMICS OF A GAS-LIQUID COLUMN EQUIPPED WITH MELLAPAKPLUS PACKING
	6-18 DYNAMIC BEHAVIOR OF RECYCLE SYSTEM: REACTOR – DISTILLATION COLUMN
	6-19 DISTILLATION REGIONS FOR NON-IDEAL TERNARY MIXTURES
	6-20 SELECTIVE AMINE TREATING USING TRAYS, STRUCTURED PACKING, AND RANDOM PACKING

	Topic 3.2 Process Simulation
	3.2-1 INFLUENCE OF UNEQUAL COMPONENT EFFICIENCIES ON TRAJECTORIES DURING DISTILLATION OF A QUATERNARY AZEOTROPIC MIXTURE
	3.2-2 SHORTCUT DESIGN OF EXTRACTIVE DISTILLATION COLUMNS
	3.2-3 SIMULATION OF HETEROGENEOUS AZEOTROPIC DISTILLATION PROCESS WITH A NON-EQUILIBRIUM STAGE MODEL 
	3.2-4 PLATE EFFICIENCIES OF INDUSTRIAL SCALE DEHEXANISER
	3.2-5 DESIGN OF AN EXPERIMENTAL PROCEDURE TO INVESTIGATE EFFICIENCY IN THE DISTILLATION OF AQUEOUS SYSTEMS
	6-21 EFFICIENT APPROXIMATE METHOD FOR PACKED COLUMN SEPARATION PERFORMANCE SIMULATION
	6-22 SIMULATION OF THE SIEVE PLATE ABSORPTION COLUMN FOR NITRIC OXIDE ABSORPTION PROCESS USING NEURAL NETWORKS
	6-23 DISTILLATION SIMULATION WITH COSMO-RS
	6-24 BATCH DISTILLATION: SIMULATION AND EXPERIMENTAL VALIDATION

	Topic 3.3 Heat Integration
	3.3-1 OPTIMISATION OF EXISTING HEAT-INTEGRATED REFINERY DISTILLATION SYSTEMS 
	3.3-2 INTEGRATION OF DESIGN AND CONTROL FOR ENERGY INTEGRATED DISTILLATION
	3.3-3 IMPLEMENTATION OF OPTIMAL OPERATION FOR HEAT INTEGRATED DISTILLATION COLUMNS
	3.3-4 THEORETICAL AND EXPERIMENTAL STUDIES ON STARTUP STRATEGIES FOR A HEAT-INTEGRATED DISTILLATION COLUMN SYSTEM
	3.3-5 INTERNALLY HEAT-INTEGRATED DISTILLATION COLUMNS: A REVIEW
	6-25 AN ENGINEERING ANALYSIS OF CAPACITY IMPROVEMENT IN   FLUE GAS DESULFURIZATION PLANT
	6-26 ANALYSIS OF SEPARATION OF WATER-METHANOL-FORMALDEHYDE MIXTURE
	6-27 MINIMUM ENERGY AND ENTROPY REQUIREMENTS IN MULTICOMPONENT DISTILLATION

	Topic 3.4 Control / Dynamics
	3.4-1 MODEL PREDICTIVE CONTROL OF INTEGRATED UNIT OPERATIONS CONTROL OF A DIVIDED WALL COLUMN
	3.4-2 SIMULATION AND EXPERIMENTAL ANALYSIS OF OPERATIONAL FAILURES IN A METHANOL - WATER DISTILLATION COLUMN
	3.4-3 MODEL-BASED DESIGN, CONTROL AND OPTIMISATION OF CATALYTIC DISTILLATION PROCESSES
	6-28 OPTIMISATION, DYNAMICS AND CONTROL OF A COMPLETE AZEOTROPIC DISTILLATION: NEW STRATEGIES AND STABILITY CONSIDERATIONS

	Topic 4 Integrated Processes
	4-1 DEVELOPMENT  AND ECONOMIC EVALUATION OF A REACTIVE DISTILLATION PROCESS FOR SILANE PRODUCTION
	4-2 SEPARATION OF OLEFIN ISOMERS WITH REACTIVE EXTRACTIVE DISTILLATION
	4-3 TRANSESTERIFICATION PROCESSES BY COMBINATION OF REACTIVE DISTILLATION AND PERVAPORATION
	4-4 INVESTIGATION OF DIFFERENT COLUMN CONFIGURATIONS FOR THE ETHYL ACETATE SYNTHESIS VIA REACTIVE DISTILLATION
	4-5 SYNTHESIS OF N-HEXYL ACETATE BY REACTIVE DISTILLATION
	4-6 THERMODYNAMIC ANALYSIS OF THE DEEP HYDRODESULFURIZATION OF DIESEL THROUGH REACTIVE DISTILLATION
	4-7 DISTILLATION COLUMN WITH REACTIVE PUMP AROUNDS: AN ALTERNATIVE TO REACTIVE DISTILLATION
	4-8 HYBRID PERVAPORATION-ABSORPTION FOR THE DEHYDRATION OF ORGANICS
	4-9 NOVEL HYBRID PROCESSES FOR SOLVENT RECOVERY
	6-29 SCALE-UP OF REACTIVE DISTILLATION COLUMNS WITH CATALYTIC PACKINGS
	6-30 CONCEPTUAL DESIGN OF REACTIVE DISTILLATION COLUMNS USING STAGE COMPOSITION LINES

	Topic 5 Novel Processes
	5-1 DEVELOPMENT OF A MULTISTAGED FOAM FRACTIONATION COLUMN
	5-2 OPERATION OF A BATCH DISTILLATION COLUMN WITH A MIDDLE VESSEL: EXPERIMENTAL RESULTS FOR THE SEPARATION OF ZEOTROPIC AND AZEOTROPIC MIXTURES
	5-3 SIMULTANEOUS OPTIMAL DESIGN AND OPERATION OF MULTIPURPOSE BATCH DISTILLATION COLUMNS
	5-4 SEPARATION OF TERNARY HETEROAZEOTROPIC MIXTURES IN A CLOSED MULTIVESSEL BATCH DISTILLATION-DECANTER HYBRID
	5-5 ENTRAINER-ENHANCED REACTIVE DISTILLATION 
	5-6 NOVEL DISTILLATION CONCEPTS USING ONE-SHELL COLUMNS
	5-7 INDUSTRIAL APPLICATIONS OF SPINNING CONE COLUMN TECHNOLOGY: A REVIEW
	6-31 FEASIBILITY OF BATCH EXTRACTIVE DISTILLATION WITH MIDDLE-BOILING ENTRAINER IN RECTIFIER




