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Abstract: Internal Thermally Coupled Distillation Column (ITCDIC) is the frontier of
energy saving distillation research. In this paper, an evaluation method on the operating
cost and its saving in the ITCDIC processes of non-ideal mixtures is presented. A
mathematical model for optimizationisfirst derived. The ethanol-water system is studied
as an illustrative example. The optimization results show that the ITCDIC process of
non-ideal mixture possesses an enormous potential of operating cost saving. The optimal
operation conditions and the maximum percentage of operating cost saving are obtained
simultaneously. The process analysisisthen carried out and the results show the necessity
and importance of optimal design on the rectifying pressure, the feed thermal condition,
and the total heat transfer rate. These pave the way for the smooth operation and the
further optimal design of ITCDIC processes for non-ideal mixtures. Copyright /7 2003
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1. INTRODUCTION

Distillation remains the most important method used
in the chemical industry for the separation of
homogeneous mixtures with the amount of energy
used in distillation operations being considerable. It
takes heat from a heat source at bottom and generally
reject most of this heat to a heat sink at the top while
performing the task of separation for a conventional
distillation column (CDIC), and is thus well known
that the CDIC is both energy intensive and inefficient.
If the energy removed from the rectifying section
could be reused in the stripping section or waste heat
was available, energy savings would be achieved in a
distillation column.
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Energy recovery by heat transfer from the rectifying
section to the stripping section is an effective method
for energy savings in distillation columns. This
method, first proposed by Mah et al. (1977), is called
the SRV method. An ITCDIC is constructed in such a
manner that the rectifying section and the stripping
section are separated into two columns, a compressor
and a throttling valve are installed between the two
sections and the internal thermal coupling is
accomplished through a heat exchanger between them
as shown in Fig.l1 (Liu, and Qian, 2000), where
energy saving is realized by the SRV method, which
however has neither areboiler nor acondenser, can be
operated smoothly with two decentralized PID
controllers and offers some distinct advantages over
CDIC (Liuand Qian, 2000, Huang et a., 1997; Huang
et al., 1999).
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Fig. 1. Schematic diagram of ITCDIC

Because of the internal thermal coupling, a certain
amount of heat is transferred from the rectifying
section to the stripping section and brings the
downward reflux flow for the former and the upward
vapor flow for the latter. As a result, the condenser
and the reboiler are not required and energy savings
are realized. The research of Liu and Qian (2000) has
shown that the energy saving could be up to 40-50%
compared with CDIC. However, considering the
compressor in an I TCDIC uses electric energy, which
often takes two or three times more heat energy to
generate a unit quantity of work energy and is
generally much more expensive than the low-level
steam needed by a CDIC, it is very important to
explore the operating cost and its saving potential,
which is one of the key to decideif the ITCDIC could
bewidely used. The approach is confirmed by the fact
that energy costs usually far exceed the investment
costs of a digtillation column (Doukas and Luyben,
1978). But how about the operating cost of an
ITCDIC, isit economic compared with aCDIC? How
much on earth could the operating cost saves? How
much is the operating cost saving potential of an
ITCDIC process? Little, however, has appeared in the
literature on these matters.

The am of the present work is to explore the
operating cost in an ITCDIC of a non-ideal mixture.
An evaluating method on energy cost is proposed and
a mathematical model for optimization on the energy
cost saving potential in an ITCDIC process is then
derived. The optimal assessments on the operating
cost saving and the related process analysis are
carried out, which pave the way for further optimal
design of ITCDIC for non-ideal mixtures. From our
knowledge, up to now, no one has worked on this
matter.

2. EVALUATION OF OPERATING COST

A steady state ITCDIC process of a non-ideal mixture
is considered. A CDIC under the minimum reflux
ratio operating is chosen as abasis for comparison and
assessment of the ITCDIC.

The operating cost of an ITCDIC processincludesthe
cost of electric energy consumed by the compressor,
the stream cost to preheat feed and the cooling water
cost to cool the vapor distillate. It can be calculated as,

Circpic = Wcomp UPgectric
+ Qpreneat,Tepic UPseam® Qcool irepic UPcoal (1)

where Weom, is the load of the compressor. The
adiabatic compression and the compression efficiency,
1, are considered, therefore W, can be calculated as

Weomp = V5 k/ (k-1)RTin((Pout/ Pin)(ki)/k'l)/ n (2

The loads of both preheating feed and cooling the
vapor ditillate are respectively calculated as,

Qpreneat, Itcoic = F(1-0)4HE, 3

Qcool,itepic = Vi AHcga, v (4)

The operating cost of a CDIC process operated at the
minimum reflux ratio, which is also the minimum
operating cost of the CDIC process, is chosen as the
comparison basis of the ITCDIC operating. The
percent operating cost saving of the ITCDIC process
is defined as,

XC = (Crn1n,CDIC _CITCDIC) / Crmin,CDIC (5)

where Cnincpic IS the operating cost of the CDIC
process operated at the minimum reflux ratio, which
includes the steam cost for both preheating feed and
consumed by the reboiler, and the cooling water cost
of the condenser in the CDIC process.

3.AMATHEMATICAL MODEL FOR
OPTIMIZATION

The optimization model of the ITCDIC for a
non-ideal mixture is derived by applying energy,
component and overall materia balances, and
vapor-liquid equilibrium under the following
assumptions:

(1) Perfect liquid and vapor mixing on each tray, the
temperature and the composition on each tray being
uniform; (2) Vapor-liquid equilibrium for streams
leaving each tray; (3) Instantaneous heat transfer from
the rectifying section to the stripping section and the
transportation of liquid and vapor between trays; (4)
Negligible pressure drop and heat loss in each
column.

3.1 Objective function

In order to explore the operating cost in the ITCDIC
process of a non-ideal mixture, the percent energy
cost saving of the ITCDIC, Xc, is chosen as the
objective function, which shows the energy cost
saving effect directly and could be cal culated from Eq.
(5) together with Egs. (1)-(4).

The design parameters including the pressure of the
rectifying section, Pr, the feed thermal condition, g,
and the total heat transfer rate, UA, are chosen as the
optimized parameters. The optimization goal isto find
the optimal values of Pr, g, and, UA and obtain the
maximums of the operating cost saving of the
ITCDIC compared with those of CDIC operated at the
minimum reflux ratio, while the product qualities are
guaranteed simultaneously.
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3.2 Equality constraints

The stages are numbered with the top as Stage 1 and
the bottom as Stage n. The amount of thermal
coupling in the ITCDIC is then calculated from the
following equation (Mah et al., 1977),

Qj = UA(Tj'Tj+f—l) jzl,...,f'l (6)

The stage temperature can be calculated by Antoine
Eq. (7) and the vapor saturation pressure of the ith
component at the jth stage is calculated by Eq. (8)
Tj = bl( a-LnPyj )-c (7
Puii= P Yy / (v %) 8

where y; is the activity coefficient for the ith
component at the jth stage.

From the component material balance, the following
equations are derived,

VoYiz- ViYir- LiXi;=0  j=1 (9)

VierYijer- V;Yij+ LjaXija- LX=0
j=2,...,n-1 and j£f (20

VirYiger- ViYis+ LeaXipa - LiXig+ FZie=0j=f (11)
- VnYi,n+ Ln—lxi,n—l' I-nxi,nzo j:n (12)

According to the total mass balances, the liquid and
vapor flow rates are derived as follows

j
L=2Q /A =1 (13

j
L1 = LetFo- 2 Q /A j=1,..f2 (14)
k=1

Ln=F-V, (15)
V1= F(1-q) (16)

V= Vil =151 (17)

j
Vi = Ve 2. Q, /A j=1..f2 (18)
k=1

From the Vapor-Liquid equilibrium relationships, the

vapor composition is obtained as
Yii= Kij X (19
where Kj; is the equilibrium vaporization ratio and can
be calculated from Eq. (20). For a lower pressure

system (generaly, less than 1.013MPa), it can be
simplified as Eq. (20a).

Ki=(yi £%) 1 (Vi P) (20)

Kijz yij Pvp,ij /P (20a)

where f 0”- is the liquid fugacity for the ith component
at the jth stage under a standard state, ¢ V; is the gas
fugacity coefficient for the ith component at the jth
stage.

Egs. (6)-(20) congtitute the equality constraints of the
optimization model of an ITCDIC.

3.3 Inequality constraints

For different product qualities, such as top product
composition Y,280% (mole fraction), bottom product
composition X,<25% or Y;=75%, Xn<20%, they have
different optimal values of the design parameters.
Constraints should be thereby set on product qualities.
For Example, for the controlled compositions

Yilei,setpoi nts Xinsxi,setpoint etc. (21)
For the total separation effect, thereis
FZe 2V1Yi2 (22)

The proper region of the optimized variables must be
specified, such as

Pr 0[0.1013, 1.013] Mpa (23)
qt[o, 1] (24)
UA [ [7500, 15000] W-K™ (25)

In order to prove the practicality and feasibility of the
composition solution, the following constraints
should be set

X; 00, 1] (26)
Y; O[O, 1] (27

Egs. (21)-(27) congtitute the inequality constraints of
the optimization model of an ITCDIC. Therefore the
optimization task can be written as follows

ITCDIC Minimizef(Pr, g, UA)=-X, (ECSOPT)

Subject to the equality constrains, Egs. (6-20)

and to theinequality constrains, Eqgs. (21-27)

It is a nonlinear programming (NP) constrained
optimization problem. A reduced Eqg.-oriented
Solution Techniquel (Piela et al., 1991), is used to
solve process flow-sheet. The Successive Quadratic
Programming (SQP) method (Schmid and Biegler,
1994), is used as the optimization algorithm.

4. OPTIMIZATION AND ANALYSIS

In following optimization, a 68-stage ITCDIC is
3



considered as an illustrative example, where a
non-ideal mixture of ethanol-water is separated. The
maximum of the operating cost saving of the ITCDIC
is explored with the maximum of the percent
operating cost saving of ITCDIC as the optimal
objective function. The energy prices are shown in
Table 11 (Ferre et a., 1985). The compressor is
assumed to operate with a mechanical efficiency of
80% and be driven by electric motors. The use of a
90% on-stream factor is also assumed. Wilson's
method is adopted in the vapor-liquid equilibrium
calculation. The operating conditions are listed as
follows:

Total number of stages 68

Feed stage 35

Feed flow rate 0.1 kmol-s*
Feed composition, ethanol/water  0.5/0.5

Top product quality (ethanol) > 80%
Bottom product quality (ethanol) < 25%
Pressure of stripping section 0.1013Mpa

Table 1 Cost of utilities

Utility Price

Steam 0.0095 $/kg
Cooling water 0.05 $/m*
Electrical energy 0.06 $/kKW-hr

Table 2 lists the optimization results of the
ethanol-water system, when top product composition
Y, 280% (mole fraction), bottom product composition,
X, <25%. The detailed optimized regions of the
optimized variables are given in the table.

The optimization result shows that the maximum of
the percent energy cost saving for ethanol-water
separation in the ITCDIC process is 38.26%
compared with the operating cost of the CDIC
operated the minimum reflux ratio, which is
absolutely striking and attractive. It reveals that the
ITCDIC process of non-ideal mixture possesses a
high industrial application value and an enormous
economical prospect.

Table 2 The maximum operating cost saving of ITCDIC for the ethanol -water system

Optimized regions Optimal results
Quality target Y1, % >80 80.11
Xn, %0 <25 25
Optimized Pr, MPa 0.1013~1.013 0.1334
variables q 0~1 0.5463
UA WK™ 7500~15000 15000
Goal Maximum operating cost saving, Xc , % 38.26

Table 3 lists the detailed energy loads and the related
operating costs for ethanol-water separation in the
ITCDIC process under the optimal operation
condition listed in Table 2 and those of the CDIC
operated at the minimum reflux ratio. The results
show athough an infinite number of stages are
necessary for the theoretical minimum reflux
condition (minimum energy requirement) in a CDIC

process, the ITCDIC of a non-ideal mixture can
operate with energy cost requirements much more
less than that of the minimum value for aCDIC. Inthe
studied case, the operating cost saving for ITCDIC
compared with the minimum operating cost of CDIC
is 0.214 million dollars annually, which reveas the
enormous economical prospect in the ITCDIC
process of the non-ideal mixture.

Table 3 Energy loads and operating costs for the ethanol-water system

CDIC ITCDIC
Load, kW Cost, K$/IY Load, kW Cost, K$/IY
Reboiler 1579 217.33 oog ood
Preheating feed 1799 247.66 1799 247.66
Cooling 3334 95.40 1778 50.74
Compressor oog ood 84.33 4757
Total 560.39 345.97

The optimal resultsin Table 2 and the operating load
and cost results in Table 3 reveal that the ITCDIC
process for non-ideal mixture can save more energy
cost. Based on the optimization program and the
optimal results, the following discussion and process
analyses are explored and some useful conclusions
are obtained as follows:

(1) From the optimal result and the optimal region of
the pressure in Table 2, it is seen that the optimal
operating pressure of the rectifying section is about
1.5 atmospheric pressures, which is easy to be
realized. Fig 2 showsthat while the operating pressure
of the rectifying section is higher than the optimal

operating value, the energy cost saving effect
decreases with the operating pressure, which could be
explained by the following theoretical anaysis.
Theoretically, the pressure difference between the
rectifying and stripping sections provides the
necessary operating driving force for the ITCDIC,
with the increasing of the operating pressure of the
rectifying section, the operating driving force hereby
is increasing, which profit the separation effect.
However, the work of the compressor is increasing
accordingly and the percent energy cost saving of the
ITCDIC isthus then decreasing.

From the curve of Pr- X; in Fig. 2, it can be seen that
4



the pressure of the rectifying section, Pr, has a great
effect on the percent operating cost saving in an
ITCDIC process and they have a obvious
non-linearity. It reveals that optimal design on Pr is
very important to realize an economical ITCDIC
operation of non-ideal mixture.

(2) Table 4 shows the effect of the feed thermal
condition, g, on X. and production quality while the
other conditions of the optimal resultsin Table 2 are
kept constant. While g isincreasing, Y; isincreasing,
but the bottom composition cannot satisfy the quality
constraints; while g isdecreasing, X isdecreasing and
the top composition cannot satisfy the quality
constraints, but the bottom composition is purer.
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Fig. 2. The changes of the percent energy cost saving
of ethanol-water mixturein the ITCDIC process,
when P, changes from 0.1334 to 0.5065 MPaand the
other operation conditions of the optimal resultsin
Table 2 are kept constant.

Table 4 Effect of the feed thermal condition on X. and production guality for the ethanol-water mixture, while the

other conditions of the optimal resultsin Table 2 are kept constant

Optimal value When q is changed from the optimal results of Table 2

0=0.5463 3% 6% 9% -3% -6% -9%
Y1, % 80.11 80.45 80.78 81.11 79.74 79.36 78.95
Xn, %0 25 26.33 27.62 28.87 23.62 22.19 20.72
X, % 38.26 38.63 38.97 39.28 37.87 37.44 36.98

These revea the complexity among g, X. and the
quality targets, which implies that the optimization
procedure on g is necessary to gain the proper optimal
design value of ginan ITCDIC process of anon-ideal
mixture. From the change scale of Yi, X, and X; in
Table 4 while g changes, it shows that the feed
thermal condition, g, has a great effect on Y;, X, and
X. and the optima design on the feed thermal
condition, q, is very important for the proper ITCDIC
operation.
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Fig. 3. The changes of percent operating cost saving
for ethanol-water system, when UA changes from
7500 to 15000 W/K and the other operation
conditions of the optimal results in Table 2 are kept
constant.

(3) Table 2 shows that the optimal value of the heat
transfer rate for the ethanol-water mixtureisthe upper

boundary under the goa of the maximum of the
energy cost saving. This implies that for the
ethanol-water system, the increase of the heat transfer
rateis beneficial for the energy saving of the ITCDIC
process as shown in Fig. 3, which shows the influence
of UA on the percent operating cost saving for the
ethanol-water system, while the other conditions of
the resultsin Table 2 are kept constant. In the view of
the theory, with the increasing of the heat transfer rate,
the amount of the thermal coupling, calculated by
equation (6), is increasing, which is profitable to the
ITCDIC process and the energy cost is, hereby,
reduced under the same finite separation effect.

Fig 3 also revealsthat UA has agreat and complicated
effect on X.. It is thus very important to design an
optimal valve of UA for a proper ITCDIC operation.

5. CONCLUSIONS

In thiswork an evaluating procedure of energy cost in
the ITCDIC process of a non-ideal mixture is
proposed. A mathematical model for optimization on
the operating cost saving potential is derived, which
include the comparison with the energy consumption
and the operating cost of the CDIC operated at the
minimum reflux ratio. The optimization and process
analysis of ethanol-water system are carried out.

Optimization results show that the ITCDIC of
non-ideal mixture possesses a high potential of energy
cost saving. Through the optimization of the energy
cost saving, it is found that the maximum percent
energy cost saving for non-ideal mixtures in the
ITCDIC process is close to 40% compared with the

5



operating cost of the CDIC under the minimum reflux
ratio operating. It reveals that the ITCDIC process of
the non-ideal mixture possesses a high industrial
application value and an enormous economical
prospect.

Process analysis results show that there exists an
optimal design problem for selecting the rectifying
pressure, Pr, the feed thermal condition, g, and the
total heat transfer rate, UA, in the ITCDIC process of
the non-ideal mixture and there are very complicated
relations among the energy cost parameters, the
product qualities and the optimized variables. It is
aso found that the optimal operating pressure of the
rectifying section is easy to be realized, and while the
operating pressure of the rectifying section is higher
than the optimal operating value, the energy cost
saving effect decreases with the operating pressure.
Bearing these in mind is very important for the
smooth operation and the optima design of an
ITCDIC process for anon-ideal mixture.

Based on the study of this paper, we have developed a
related optimization software ‘ECSOPT’, which is a
convenient tool for quick calculation of the maximum
energy cost saving potential and the optimum values
of the design variables for the ITCDIC process of
non-ideal mixture, and is thereby very useful and
significant to further researches on ITCDIC processes
of non-ideal mixtures.
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NOMENCLATURES

feed rate, kmol-s*

adiabatic index number of gas
equilibrium vaporization ratio

liquid flow rate, kmol-s*
representation of either Pr or Ps, MPa
pressure of rectifying section, MPa
pressure of stripping section, M Pa
vapor saturation pressure, MPa

feed thermal condition

energy demand, W

absolute temperature, K

heat transfer rate, W-K™*

unit price of loads, $-W™*

vapor flow rate, kmol -s™
thermodynamic work, W

mole fraction of liquid

percent operating cost saving

mole fraction of vapor

mole fraction of feed

latent heat of vaporization, kJ-kmol ™
Y activity coefficient
Subscripts

Comp  COmpressor

f feed stage

F feed

[ component

TUTr X~

35 0

<xxg<gcgc-Hoap

> N
T

j stage number
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Abstract: In this paper, a new multi-objective robust control design approach
is applied to an evaporation process. The new approach, proposed in (Yan and
Cao, 2002) extends the standard generalized-ls (Gly) control problem based on a
new Lyaponov stability condition to a set of new linear matrix inequality (LMTI)
constraints such that the multi-objective robust control problem associated with
robust stability and robust performance objectives can be less conservatively solved
using computationally tractable algorithms. A comparison of simulation results
with controllers designed by different techniques demonstrates the superiority of

the new method.

Keywords: Generalized [o synthesis, Multi-objective optimization, Robust
Controller, Discrete linear time-invariant system, Evaporation process

1. INTRODUCTION

In the last two decades, many analysis and syn-
thesis approaches in control theory have been
developed. Among those control strategies, multi-
objective control and robust control have obtained
more and more attractions. The former is to re-
solve the inherent trade-offs among conflictive de-
sign specifications. Many control strategies have
been studied in this aspect, such as H,,, Ho,
mixed Hs/Hy and mixed L;/Hs,. More details
can be found in (Scherer et al., 1997) and refer-
ence therein. Nominal systems are mainly consid-
ered with these methodologies.

On the other hand, due to uncertainty in practical
systems, robustness of control systems has to be
taken into account. In H,, design, disturbances

1 Supported by the China Scholarship Council, China.

and uncertainties are lumped into a single norm
rather than bounded separately. This certainly
leads to some conservatism. In contrast, the u-
synthesis technique overcomes the conservatism
by introducing structured uncertainty blocks.
However, the optimization has to be solved via a
so-called D-K iteration, in which the joint convex-
ity is not guaranteed although individual step(K-
step or D-step) is convex. Hence, it may be-
come computationally intractable (Skogestad and
Postlethwaite, 1996) to achieve a globally optimal
performance. As it was pointed out by Toker and
Ozbay (1995), most robust synthesis problems
proposed so far are NP-hard and computationally
intractable. However, by combining the concepts
of H,, optimization, linear matrix inequalities
(LMI) and integral quadratic constraints, a con-
vex solution to a large class of robust and optimal
control problems, the generalized-l; (Glz) formu-
lation has been proposed by D’Andrea (1999)



recently. The Gly problem can be represented
in LMI formulations (Gahinet et al., 1995) and
has been successfully applied to an active suspen-
sion system (Wang and Wilson, 2001). The Gl
approach has the potential to get solutions less
conservative than those obtained via a H,, con-
trol synthesis approach whilst the computations
involved in solving a Gls-optimization problem
is more tractable than those required by the u-
optimization.

Like other LMI-based methodologies, the stan-
dard Gls formulation relies on Lyapunov stabil-
ity condition and the solution depends on the
Lyapunov symmetric matrix P. Furthermore, in
multi-objective synthesis, the Lyapunov matrices
P in different LMI’s are always assumed to be
identical for the sake of solvability. Hence, it will
inevitably introduce some new conservativeness to
the whole optimal solution. To reduce such conser-
vativeness in multi-objective problem, Geromelet
al. (1998; 1999b; 19994a) extended the Lyapunov
inequalities (called Lyapunov-shaping paradigm)
by introducing a new stability condition. Using
this new stability condition, the matrix G, possi-
bly non-symmetric, decouples the Lyapunov ma-
trices and the dynamical matrices of controller.
Therefore, less conservative solutions are expected
from the G-shaping paradigm (de Oliverira et
al., 1999a). This technique has been applied to
many different control synthesis problems, such
as Hy and H,, optimization problems.

In this work, the G-shaping paradigm has been
extended further to the Gl optimization and pole
placement problem. The later has been proven to
be effective to improve the transient behavior of
the closed-loop system.

The paper is organized as follows: In section 2,
dynamics of an industrial nonlinear process, a
evaporator system, is introduced. Then, section
3 discusses the extended Gls controller design
in details, which include performance weight se-
lection and uncertainty modelling. In section 4,
simulation results with the Gl controller are com-
pared with those obtained under other controllers.
Finally, a brief summary of the proposed method
is provided.

2. EVAPORATION PROCESS

A forced-circulation evaporator, described by Newell

and Lee (1989), is shown in Figure 1. This is a
typical nonlinear plant with potential model un-
certainties. The system has been tested by many
effective control strategies since it was published,
such as PID, loop-shaping and model predic-
tive Control (Newell and Lee, 1989; Samyudia et
al., 1995; Maciejowski, 2002).

Cooling

W ater
Fzoo, T200

Condenser
Condensate
Separator F5

Steam P100 Pz Lz

Fio0 i TI00

Ewapaorator

Condensate

Product

i F& ®e T2

Fig. 1. Evaporator System

The nonlinear model of the plant is linearized at
the nominal operating point as shown in Table 1,
where S, M and D are variable abbreviations of
State, Manipulated and Disturbance respectively.
The corresponding linear state space representa-
tion is as follows:

. F;
Ly Lo Pig Xl
Xy | = Al Xo | +B1 | + Bo Tl
P P, Fyoo T;oo

where the matrices A, B; and Bs are given as
follows:

[0 0.0042  0.0075
A=10-01 0
| 0 —0.0209 —0.0558

[ —0.0500 —0.0019 0

By =] -1.2500 0 0
| 0 0.0096 —0.0018
[0.0467 0 —0.0009 0
By =1 0.2500 0.5000 0 0
0.0164 0 0.0045 0.0360

Table 1. Description of Variables

Var Description Steady Type
State
Lo Separator Level 1[m] S
Xo Product Composition  25% S
Py Operating Pressure 50.5[kPal] S
Pigoo  Steam Pressure 194.7[kPa) M
F Product Flow rate 2.0[kg/m] M
Fy00  Steam Flow rate 208.0kg/m] M
Py Feed Flow rate 10.0[kg/m)] D
X1 Feed Composition 5.0% D
T Feed Temperature 40.0[°C] D
To00  Cooling Water Temp 25.0[°C] D

The corresponding transfer functions of the sys-
tem, G, from manipulated variables to outputs,
and G, from disturbances to outputs, are denoted

o [t - i

For the synthesis purpose, the input and output
variables are scaled by divided by their steady-



state values. Then, the scaled transfer functions
are Gp = M, 'G,M, and Gp = M, 'GqMy,
where M,, M, and My are diagonal scaling ma-
trices with corresponding values shown in Table 1.

The control design objective is to achieve the
following design specifications under disturbances
and uncertainty.

e All controlled variables should be within 2%
of the desired final value within 20 min of an
upset and their maximum variations should
be less than 100%.

e Variations in the manipulated variables should
be less than 100% of their steady- state val-
ues.

e The above specifications should be satisfied
for nonlinear model with reasonable distur-
bances and measurement noises.

3. EXTENDED GL, CONTROL DESIGN

A multi-objective optimization problem based
on G-shaping is considered in this section. The
aim is to compute a dynamical output feedback
controller to meet the performance requirements
specified as above. More precisely, these specifica-
tions are defined as sensitivity functions and their
corresponding performance subject to uncertain-
ties. Three weighting functions are to be chosen
for this problem.

3.1 Performance Weight Selection

Applying the procedure presented in (Skogestad
and Postlethwaite, 1996), the following perfor-
mance weight for SISO system is considered:

we(s)

It specifies a minimum bandwidth wp, a maximum
peak of the sensitivity S less than M, a steady
state error less than ¢ < 1, and that at frequen-
cies lower than the bandwidth the sensitivity is
required to reduce by at least 20dB/dec. In order
to reduce the steady-state error to zero, 0 = 0
is selected. Hence, the weight is actually a PI
controller. For the sake of simplicity and tractable
computation, the final performance weight matrix
is to take the diagonal form as follows:

255 +25 255425 40s + 10}
s+1076" s +10-6" 54106

In the meantime, as usual, the control input
sensitivity weight, W, (s) is simply selected as a
constant matrix:

/M +wy
N S+ wpo

We(s) = diag{

W.(s) = diag{0.1,0.1,0.3}

3.2 Uncertainty

Due to the nonlinearity and complicity of the
actual plant, control design based on a simplified
linear model has to consider model uncertainties.
Therefore, an uncertainty weight to meet the
robust control requirement is to be selected.

In this case study, it is assumed that the actual
plant, Gp is subject to a multiplicative unstruc-
tured input uncertainty, A", weighted by W,
ie.:

GP = (I + WrobAu)GPa ||Au||00 <1

Normally, the uncertainty weight for SISO sys-
tems can take a simple form as follows:

(s) TS + 1o

Wrop(§) = —————

rob (T/rs0)s + 1

where ro is the relative uncertainty at steady
state, 1/7 is approximately the frequency where
the relative uncertainty reaches 100%, and r, is
the magnitude of the weight at higher frequencies.

In the evaporation process, the main uncertainty
is caused by nonlinearity rather than the neglected
dynamics. By performing simulation with differ-
ent set points and disturbances, the corresponding
parameters of the weight are determined as 7 =
20,79 = 8,75 = 1. It implies that in this design,
800% uncertainty of static gain is permitted. The
final robust weight matrix is chosen as follows:

(s+4)

Wreop = 72
" (5+05)

diag{2,8,4}
By combining the above three weights, an aug-
mented plant (see Figure 2) is defined as follows:

u
ZA A

| — |
&R
| I
Il
()
2 3 &

where r, y and e represent system input, output
and error(measurement output), u, z. and z,
represent control output and controlled outputs,
d and n are disturbance and measurement noise,
and ua and za are the output and input of
uncertainty respectively.

In order to get a low order controller, disturbance
d and measurement noise n in the above formu-
lation will be ignored in the design. It will be
shown that this ignorance has no noticeable effect
on the final results in this case study. Thus, the
augmented plant, G can be derived as:

0 0 W'mb

o *WeGP We *WeGP

o= | I )
—-Gp 1 —Gp
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Fig. 2. Block Diagram Describing Weighted Sys-
tem with Multiplicative Uncertainty

3.8 Controller Synthesis

To use Gly synthesis techniques, the augmented
plant is represented in discrete state space form
as follows:

xz(k+1) = Az(k) + Byw(k) + Byu(k)
z(k) = Chx(k) + Dypw(k) + Dyyu(k)
y(k) = Cya(k) + Dyww(k) (2)

where, z(k) € R, w(k) € R, u(k) € R™ 2(k) €
R™ and y(k) € R™ are discrete state, exogenous
input, control input, controlled output and mea-
surement output respectively. An output feedback
controller K({) defined in the following state-
space form is to be designed:

xz.(k+1)=Acz.(k) + Bey(k)
u(k) = chc(k) + Dcy(k) (3)

The closed-loop transfer function from w to z is
defined as follows:

Tou(0) = [%—g]

where the closed-loop system matrices are as
follows:

A:{A—FBDC BC’}
Ac
= [Bu+ BuD.Dyy,
B._[ P ]
C:=[C.+D.,D.Cy D.,C.]
D = [Dzw+DzuD Dyw]

In order to extend the Gly optimization problem
in (D’Andrea, 1999) to multi-objective synthesis
based on G-shaping paradigm (Geromel et al.,
1998), the disturbance set D and criterion set £
are reconstructed as follows

={dp €ls:|ldp]| <1,k €[1,m]}
E={znely: ||z <1,le[l,n]}

These sets result in the following inequalities

X i=aily, ®aaly, & ®xply, >0, a2, < p
k=1
(4)

n
Syals, >0,> y<p

1=1
(5)
where, & stands for direct sum of matrices, i.e.

A0
won-(49)

Iq, and I, are the identity matrices with the
same dimensions as did) and z;z] respectively.
The Gls optimization problem is to find a con-
troller such that ||Tzw(C)Hél2 <, or equiva-
lently, ||X’1/2Tsz’1/2H2 < . Therefore, by
new parameterization, the following central result

to controller synthesis can be obtained (Yan and
Cao, 2002).

Y = y1[Z1 D y2[zz SPRRE

Theorem 1. All controllers in the form (3) such
that the inequality ||X*1/2TZH,Y’1/2H2 < holds
are parameterized in (6) shown at the top of the
next page.

n (6) the matrices E, L, I, F,Q, R, S, J and the
symmetric matrices P and H are the decision
variables. The proofs of this and the coming
theorem can be found in (Yan and Cao, 2002).

Remark 1. Given matrices Z,L, 11, F,Q, R, S, J
from the theorem, a feasible controller is available
by choosing V and U nonsingular such that VU =
S — II= and calculating the following matrices in
order

D.:=R
C.:=(L—-RC,E)U*
B.:=V~YF —T1IB,R) (7)
A=V Q- T(A+ B,D.C,)ZU !
- B.C,EU' —Vv~IB,C.

Remark 2. The most important feature of this
new framework is that the feasible controller (7)
does not depend on any of the Lyapunov matrices
P, J or H so that it can reduce the conservatism
involved in standard multi-objective optimization
problems and allow for more flexible and accurate
specification of the closed loop behavior. Partic-
ularly, if P = = =2 J=8=1H=1=
II’, it obviously encompasses the results obtained
in (D’Andrea, 1999). Moreover, if the matrices X
and Y in (6) are both set to ./, then the extended
Gls synthesis theorem is reduced to the standard
H,, theorem. Therefore, the new framework is
indeed a generalization of the standard Gls frame-
work.



P J AZ+B,L A+ BuRCy By + B,RDy, 0

(Y H Q@  UTA+FC, 1B, +FD,, 0

() (V)E+E ~P I+5 —J 0 =Ci+ LD, |, ©)
O () () TO+Il'-H 0 CL+CyR'DL,

OOk ()’ X Dy + Dy R'DL,

GO0 () () Y

Normally, in order to improve the transient per-
formance, a suitable closed-loop poles assignment
is also necessary. Some closed-loop system poles
constraints have been addressed recently in LMI
form, and a general description for the contin-
uous time system is presented in (Chilali and
Gahinet, 1996). For a discrete time system, the
following simple and effective constraint is defined
to reduce the time response overshoot:

Cp(z0,p) :={A€C, A+ 20| <p}  (8)

Analogous to the above theorem, the extended
poles placement LMI constraint for G-shaping is
derived from (Yedavalli, 1993):

Theorem 2. (Poles Placement). All controllers in
the form (3) such that poles of the closed-loop
system satisfying (8) are parameterized by the
following LMI

P pJ (A+ 2I)Z+ B,L A+ B,RCy+ zI

p

() pH Q+ 28 (A + zI)+ FC,

() () pE+pE —pP  pl+pS —pJ

) ) ) pll+ pll' — pH
>0

Combining these two theorems, the main results
of the paper is stated as follows: The multi-
objective Gly synthesis problem is to find an
optimal controller such that ||T%,, (C)||2Gl2 < pand
the closed loop poles located inside the sub-region
Cp.

This synthesis framework achieves the optimal
performance of T.,,(¢) while guaranteeing a cer-
tain level of robust stability and satisfactory of
the system transient behavior. If the performance
level p is given, then the optimization problem is
only to find the feasible solution under constraints
stated in Theorems 1 & 2; otherwise, by absorbing
1 into the corresponding two inequalities and cast-
ing it as another decision variable, the problem
becomes a minimization problem with constraints.
The programs for H,, and Gl synthesis based
on G-shaping have been developed in MATLAB
using LMI Toolbox (Gahinet et al., 1995).

4. SIMULATION RESULT COMPARISON

Based on the augmented plant of the evaporation
process, the uncertainty block A for Gls(including

two fictitious block) can be simply partitioned as
follows:

A — AGlz — |:611 512 513:|

521 522 523

where ¢;; € C, and |6;;] < 1,4 € {1,2},j €
{1,2,3}. Then the sets D and &, related to the
uncertainty Ay, are defined as:

D:={d; € Ly : ||d;]| < 1,7 € {1,2}}

€:={z €Ly |zl <1,j€{1,2,3}}
Consequently, inequality (4) and (5) become
X =ml3 ®aol3, Y = y1l3 ® y2lz ® ysls

T+ T2 S Y1+ Y2 Y3 S p
where z;,y; € RY,i € {1,2},5 € {1,2,3}. Then
Gls synthesis problem is simplified as:

ITowll = sup (2, Towd)
D

zeé,

= sup {[|Tewunll + |Tzwr|l}
un,r€D

Here we lump the weighted uncertainty outputs
into ||za||, the weighted errors into ||z.||, the
weighted control inputs into ||z,||, and the un-
certainty inputs into ||ua ||, system set-points of
Lo, X5, Py into ||r||. In p-tools, 012,813 and 6oy
are set 0. Moreover, some other partitions are
also allowable in this framework. In fact, the 9
criterion elements and 6 disturbance elements can
all be individual blocks, i.e., ‘element by element’.
Therefore, Glo has more flexibility than H,, or
p-tools in dealing with uncertainty.

For the purpose of comparison, the above design

problem is re-treated as a standard He, (Scherer

et al., 1997) problem and a G-shaping H, (de Oliv-
erira et al., 1999a) problem by constructing some

fictitious performance blocks between z., z, and

r. Using the weights defined in section 3, two

feasible nominal controllers Ky, K2 and a robust

optimal controller K3 are obtained for standard

H,, G-shaping H., (GHs) and G-shaping Gl

optimization problems respectively.

In simulation, it is assumed that the setpoints
of X5 and P, are required to change from 25
to 15 and from 50.5 to 70, respectively while
preserving Lo unchanged for practical reason.
Simultaneously, sinusoid disturbances with 20%
magnitude variation are applied to both F; and
X1 with frequencies varying from 1 to 60Hz, a 20%
step increase is applied to 77 and 20% random
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Percent %

Percent %

Percent %

&0 L
0 10 20 30 40 50 60
Time[min]

Fig. 3. Response to Step Changes in Setpoints

signal is applied to Tagg. 20% random noises in all
three measurement variables are also assumed.

Figure 3 illustrates the simulation results with
different controllers. It demonstrates that the Glo
controller can produce better time performance
than standard H., and GH in this application.
Under the same simulation condition, it is exam-
ined that PID control developed in (Newell and
Lee, 1989) and Model predictive control developed
in (Maciejowski, 2002) even cannot stabilize the
system under such severe disturbance and noise
conditions. It should be noted that if the p-tools is
applied to design this controller, it is quite difficult
to choose properly scaled weight to get reasonable
iterative results.

5. CONCLUSION

A new Gls multiobjective robust control synthesis
approach has been presented. It is jointly based
on the work of Gls by D’Andrea (1999) and G-
shaping paradigm by Geromel et al. (1998). The
new method can deal with disturbance and uncer-
tainty simultaneously in a unified LMI form rather
than D — K iteration in p synthesis. Based on
G-shaping paradigm, the controller parameteriza-
tion does not depend on the Lyapunov symmetric
matrix P. It remains in the inequality just as
an extra optimization variable. This results in a
reduction of the conservativeness involved in a
standard design framework. The freedom of de-
sign is improved as well. Although the approach
presented in this paper is for discrete time system,
it is easy to extend these concepts to continuous
time system. Application to the evaporator sys-
tem demonstrates that it can effectively improve
the robustness and performance of a control sys-
tem.
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Nonlinear Control of a Fluid Catalytic Cracking Unit
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Abstract- The dynamics of a fluid catalytic cracking unit (FCCU) is a typical nonlinear system.

The purpose of this study is to develop a nonlinear control of a FCC unit via feedback linearization.

Based on the mechanistic model of a FCC unit, a nonlinear controller is designed. The servo and

tracking properties of the closed loop system are verified by simulation for a sample FCC unit. The

simulation shows that the controller is valid and can be applied to practical FCC units.

Key words- nonlinear system, FCC unit, feedback linearization.

1. INTRODUCTION

The catalytic cracking has been one of the most
important processes in petroleum refining. FCC
units are known to be very difficult to modeling and
control because of complex kinetics and dynamics
of both cracking and coke burning reaction,
multivariable character and the strong interaction
between the riser and regenerator. Early papers on
FCC unit modeling are mainly concerned with the
reaction kinetics or steady-state process behavior.
Weekman[9] proposed the three-lump and 10-lump
cracking reaction models. Since Kurihara[6] firstly
presented a dynamic model for bed-cracking type
FCC unit in 1967, dynamic models for the
riser-type FCC unit have been developed in recent
years. Zheng [11, 12, 13]
comprehensive dynamic model for side-by-side
type FCC unit, including the reactor and the tow
stage regenerator.

Most of controllers successfully used in FCC
units are PID. Recently, model predictive control
(MPC) based advanced control has been proposed
and implemented in some plants [2, 8]. Since the

described a

dynamic model of the FCC unit is strongly
nonlinear, the goal of the paper is to design a
nonlinear controller based on the mechanistic model.
By applying the theory of feedback linearization
which developed mature in differential geometric
control [3, 4, 5, 7], a nonlinear controller is
synthesized. For a sample FCC unit, the simulation
shows that the proposed controller assures not only
the setpoint tracking but also the inner stability of
the closed loop system.

2. FEEDBACK LINEARIZATION
OF MIMO NONLINEAR SYSTEMS

Consider a following affine nonlinear system

X =f(X)+g,(X)u, +g,(X)u,
+o+ g, (Xu,
v (1) =h (X) 2.D

Yu(®)=h, (X)
where XeR" is the state vector;

f(X)and g, (X)are n dimension vector fields; u; are



the control variables; 1y, (¢) are the controlled

variable; h(X) is a scalar function of X,

i=12,---,m. Assume X; is an equilibrium point,
e f(X,)=0, h(X,)=h,(X,)=--=h,(X,)=0.
If system (2.1) has relative degree r =

{rlarza”'yr

m

} [71, where r satisfies ,+r, +---+r,

=r<n , following nonlinear  coordinate

transformation can be acquired:

2l = h(X)zh = Lh (X),,z) = L'l (X)

2" = hy (X), 25 = Lyh, (XD, 27 L7 h, (X)

If r#n, the other n—r nonlinear coordinate
transformation should be chosen:

Crpl < 771 ('x)’ 3, = ﬂnfr (.x)

0Z(X)
0X

If the Jacobian matrix is nonsingular at

X=X, , following system can be obtained

cio_ i

g =b ' (zm+ ) ap(zu, = v,

k=1

n=q(z,m)+ Y, pi(z,mu,
k=1

i

Yi =2

where, i=12,---,m and 1< j<r -1

Since A(z) is nonsingular, solved the
following equation
Lol o] [de de el
o=l +| : : :
| @] @@ @@ e ay (@) u,

o

_Vm

can obtain u

u=A"(2)(=b(2)+v)

If the zero dynamics of the system 7 = ¢(0,7) +

p0,m[-A"(0,7)b(0,77)] is asymptotically stable,
letv, =(s" +c,, ;8" +--+c,5+¢,)z),i =1,---,m. Here

, »
the ¢, are chosen so that §" +c, 8" +--+cs+¢,

is a Hurwitz polynomial. Then, an asymptotically
stable closed loop system is obtained.

3. FEEDBACK LINEARIZATION OF
AFCC UNIT

3.1 Process model of a FCC unit

Fig.1. shows the reactor and regenerator part
of a FCC unit. The feed injected into the reactor
riser, where it mixes with hot regenerated catalyst
and vaporizes. The hot catalyst provides the heat of
vaporization and the heat of reaction. As a result of
the cracking reactions, a carbonaceous material
(coke) is deposited on the surface of the catalyst.
The catalyst and gas are separated in the settler.
Then spent catalyst is transported from the reactor
to the regenerator. In the regenerator, catalyst is
fluidized with air flow injected from the bottom of
the regenerator. Carbon and hydrogen on the
catalyst react with oxygen to produce carbon
monoxide, carbon dioxide and water. Regenerated
catalyst flows into the reactor riser.

to fracticnating
i tower

—0

[ |

deoxidant

Fig. 1. the reactor kregenerator of FCC unit
l.reator 2. settler 3. the first stage of regenerator 4. the second stage of regenerator

Manipulated variables are mass flow rate of



the catalyst entering the riser (R¢), mass flow rate of
the spent catalyst entering the spent catalyst
transport line (Rcs) and mass flow rate of the
regenerated catalyst in the first stage of regenerator
(Rcgy)-Controlled  variables are temperature of
reactor riser outlet (Tra2.), inventory of catalyst in
the settler (Hs) and inventory of catalyst in the
second stage of regenerator (Hgc,).

Based on the references [11] [12] and [13], a
dynamic mathematical model of a FCC unit can be
obtained

dT,,, 1 1
— ¢ = % Trate- Tra) - —*
0 s, 1 (Trate - Trat) 5
1 RC
— C 3.1.1
0L 1R01 CAle ( )
Ty, o 1
— A% = L —— T -Trar) -—*
i 5, 1+H2( RA2e - TRA2D) s,
1 R
L /\2R0C2 (Ccaze —Ccale)
(3.1.2)
dH
5 =RCS_RC (313)
dt
dH
d;;a =R —Reg 3.1.4)
dCg, 1 R,
— = R..(C.—-C.)— 021-0
dt HGCI [ CS( S Gl) VOC ( FG1 )]
(3.1.5)
dT ¢, 1

Lo
= 0.21-0 AH ;) —
dt H e, Cope [Voc ( ron (A cn)

Rcs CPC (TRGI - TS )— RAI CPA (TRGI - TA )]

(3.1.6)
dH
% =Ree — Reos (3.1.7)
dc 1 R
d—G2 - [Rccl (Ccl - CGZ) -2 0.21- Omz )]

t GC2 ocC

(3.1.8)

ATz, 1

R,
= 0.21-0 AH .,)—
dr H 0, Cpe [VOC ( ro2 (B )

RCS CPC (TRG2 - TRGI )— RA2CPA (TRGZ - TA )]

(3.1.9)

The physical significance of each variable shows in
appendix A. the detailed expressions of II, A, Ccae,
Tra; and Ogg are shown in references [11] [12] and
[13].

3.2 Design of the controller

Before designing the controller, we assumpt
that the total inventory of catalyst is a constant; that
is to say, the losing of catalyst is neglected.

Then we can draw that the inventory of
catalyst in the first stage of regenerator Hgc, can be
computed by using the following equation:

Hi,,=H-Hg;—-Hg,

where H is the total inventory of catalyst.

Moreover, because of the characteristics of
catalyst transport line, the system has another two
qualities:

1: Mass flow rate of the catalyst entering the
riser R., mass flow rate of the spent catalyst
entering the spent catalyst transport line R.s, mass
flow rate of the regenerated catalyst in the first
stage of regenerator R.; and mass flow rate of the
regenerated catalyst in the second stage of
regenerator R, are all constrained:

0< Rc ,Ress Regis Rea: < R

2: mass flow rate of the regenerated catalyst in
the second stage of regenerator is equal to mass
flow rate of the catalyst entering the riser:

Reg: = Re

It shows that the reactor and regenerator part
of a FCC unit is a nine stage nonlinear system with
three inputs and three outputs, but it is not an affine
system. We introduce a new variable u;defined as
below

Re=u,
Let, Reg = Uy 5 Regy = Uy 5 Ty = X, 5

Trare =%, s Re=x3 3 H =x, ; Cg = x5 ;

5

Trei = %6 H ey = x7:C5, = X431 Tp, = Xg -
Assume that some disturbance exists such as

mass flow rate of feed R temperature of

o °

feedT,, and pressure of regenerator P, . Then, an



affine system can be obtained as follows

X = fi(x,x;)+d,

X, = (X, %,,x3) +d,

X, =u,

Xy =X3—U,

X5 = fs(xy, x5, %6, X%;) + &5 (xy, x5, %7 )u, +ds
Xo = [o(Xy, X5, %6,%;)+ 8¢ (X, ,X¢, %), +dg
X, = Uy~ X,

Xg = fo (X, x5, %9) + 8 (X5, X7, X )uy + dyg

Xg = fo(xy,Xg,Xg) + 8o (Xg, X7, X )Us +d,

T
Y =[x,,x,,x,]

(3.2.1)
The relative degree of system (3.2.1) is

{r,r,,n}={2,11}.
Let, 7, =Xy, :foz,z3 =X,,24 =X,

z,=minex n#x,x,x,x}c R, Then,

system (3.2.1) can be changed to:

7, =2, +d,
Z, =V
. (3.2.22)
2, =V,
n=q&m+w,d, (3.2.2b)
[y Y2 331 =121,25. 21" (3.2.2¢)

The feedback linearization controller of
system (3.2.2) is:
_" _(afz/axl)fl _(afz/axz)fz .

- >

: afz/axs

Uy =X3 =V, Uy =X;+V;5,
where,

VZ_[Oﬁl(Zl_)’ld)"'alzZz (23— ¥24) a3(z4_)’3d)]T’

a,,0,,0,,0,>0 and V4, V24, V34 are desired

outputs.

If (3.2.2b) is asymptotically stable at the steady
point, the output of the closed loop system can
asymptotically track the desired output [5].

3.3 The verification of stability of zero dynamics

Based on the above analysis, if the zero
dynamics of system (3.2.2b) is asymptotically stable
at the steady point, the closed loop system is stable.

Because zero dynamics of this system is very
complex, proving its stability by using Lyapunov
function is difficult. Therefore, we prove zero
dynamics stability by computing the eigenvalues of
the Jacobian matrix of zero dynamics (3.2.2b) at
some steady point. If the eigenvalues are in the
left-half plane, the zero dynamics (3.2.2b) is
asymptotically stable in the neighborhood of the
steady point. We choose several steady points, and
calculate the Jacobian matrix of system (3.2.2b) in
each steady state. The results show that the
eigenvalues of each Jacobian matrix are in the
left-half plane. Therefore, the stability of the closed
loop system can be assured.

4. RESULTS OF SIMULATION

The values of the variables in steady states are
shown in appendix 2. In the simulation, the desired
outputs: temperature of reactor riser outlet Tgaz,
inventory of catalyst in the settler Hgand inventory
of catalyst in the second stage of regenerator Hgc;
are changed from [ 800.5754,990,32.662] to
[790,1000,260]. Fig.2, Fig.3 and Fig.4 show the
comparison results of tracking reference trajectories
of outputs by using feedback linearization and PID
controllers respectively. It is shown that the
controller designed by using feedback linearization
makes the closed loop
a PID controller does. (the outputs of feedback

have better properties than

linearization: —, the outputs of PID: ----). Fig.5
shows the capability of rejecting disturbance of
feedback linearization controller.
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Fig.2. Temperature of riser outlet
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To show the stability of the closed loop system,
the Jacobian matrix of zero dynamics of system
in the steady point (appendix B) is computed as
follows:

-17.3 0 0 0 0
0 -03  —-86x107 0 0
0 -LIx10™% -03 0 0
0 5.7 0 -2.8x10° —-1.8x10™"
0 0 5.7 14x10™" -57

The eigenvalues of the Jacobian matrix are-17.3,
-5.7, -0.3, 2.8%10° and -0.3, which are in the
left-half plane. Therefore, the closed loop system is
asymptotically stable.

Fig.6, Fig.7 and Fig.8 show the simulation
results of the temperature of the second feed inlet,
the temperature of the second stage of regenerator
and the mass fraction of coke in regenerated catalyst
at the second stage of regenerator. The results

validate the stability of zero dynamics.
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S.  CONCLUSIONS

In this paper, by designing a nonlinear
controller of a FCC unit, we can draw the following
conclusions.

1. The feedback linearization method can be
used in the controller design of a FCC unit. The
simulation results show that the proposed nonlinear
controller can guarantee not only the closed loop
stability, but also setpoint tracking.

2. The controller can effectively reject some
disturbance which shows the robustness of the
controller. When some disturbance, such as R, To;
and Pgg, exist in the system, the controller can still
assure the closed loop stability.

The above analysis demonstrates that the
controller proposed in this paper can be applied in
practical plants.



APPENDIX A. NOMENCLATURE

Riser
Ceca Mass fraction of reactive carbon in catalyst, [0-1]
Cs Mass fraction of carbon in regenerated catalyst
Cs Mass fraction of carbon in spent catalyst
AHcr Heat of reaction J/Kg catalyst
Pra Pressure of reactor Pa
R Universal gas constant 8.315J/mol*K
Rc Mass flow rate of catalyst Kg/S
Ro Mass flow rate of feed Kg/S
Ry Mass flow rate of vapor Kg/S
St Feed space time S
Tra Temperature of reactor K
t Time S
Ya Mass fraction of unconverted hydrocarbons
Hg Inventory of catalyst in settler, Kg
Regenerator
Cg Mass fraction of carbon in regenerated catalyst
Cs Mass fraction of carbon in spent catalyst
Cpa Specific heat of air KJ/(Kg*K)
Cpc Specific heat of catalyst J/Kg*K
Hge Inventory of catalyst in regenerator, Kg

AHcg Heat of carbon burning , KJ/Kg carbon
Ofg Mole fraction of oxygen in flue gas [0-1]

Ra Volume flow rate of flue gas, Nm*/h

Reo Mass flow rate of regenerated catalyst
Res Mass flow rate of spent catalyst
Ta Temperature of air at regenerator inlet
Ta Temperature of air
Treg  Temperature of regenerator
Tg Temperature of spent catalyst

Voc  Stoichiometric coefficient, Nm’oxygen/Kg carbon

APPENDIX B

The values of the variable in steady states are shown

as follow. The definition of symbols which were not shown

in this paper can be found in reference [11], [12] and [13].

Kx0=199.476 K=0.04916 K 0=0.05652
E,=79100 Ec=41300 Pra=101325
R=8.315 V,=14.2545 V,=25.7634
V,=5.50128 Vp=6.93312 P0i=0.8 p.=2050
Ro=250 R =50 Rc=1578.085

R, =16 R,»=3 T,;;=473.15
T..=1012.15 Ta1=523.15 T,»i=606.65

Typ=523.15 AHep=257200  AHy=40000
Cpo=800 Cpe=260 Cpu=200
Cp=0.21 P,=2.8 n=2
Kro=83600000  Ecp=50 Kpo=1.43
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ESTIMATOR DESIGN WITH PLSMODEL FOR CONSISTENT
CONTROL OF REFINERY MAIN FRACTIONATORS
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Abstract: In this paper the problem of designing product quality inferentials for refinery main
fractionations is addressed by using the PLS regression. A simulated crude distillation unit is
chosen as case study, and several linear steady-state estimators are designed and compared in
terms of accuracy and consistency, i.e. the estimator ability of guaranteeing low closed-loop
offset. The paper shows the importance of the auxiliary measurement choice in order to build
an effective inferential control scheme. Moreover, it shows that the use of only temperature
measurements is not sufficient to guarantee an acceptable estimator performance. Additional
measurements as the operating pressure and internal flows have been used to improve the
estimator accuracy and consistency. Copyright 2003 IFAC

Keywords: distillation control, estimator, consistency, inferential

1. INTRODUCTION

Product quality control is an important and difficult
issue in many chemical applications and in particular
in refinery main fractionators because of the effect of
these units on the quality of final commercial prod-
ucts and on the efficiency of downstream operations.
For such processes on-line quality analyzers are not
widely used because they are expensive, because they
require frequent maintenance work and because, for
some properties, they are not available. Moreover, on-
line analyzers suffer from large time delays which
would make the product quality control a difficult task.
Indeed, a common alternative is to use some auxiliary
measurements (often tray temperatures) to infer the
product properties, thus building an inferential con-
trol scheme. The issue of measurement selection is of
crucial importance for the effectiveness of an estima-
tor, and it has been the subject of extensive research
in the chemical engineering community (Joseph and
Brosilow, 1978; Morari and Stephanopoulos, 1980; Yu
and Luyben, 1987; Mejdell and Skogestad, 1991).

In this work product quality estimators are investi-
gated for a crude distillation unit (which is one of the

L Corresponding author. Email: pannocchia@ing.unipi.it, Fax: +39
050 511266.

most common main fractionators present in oil refiner-
ies) using the PLS regression technique. Comparisons
among different linear steady-state estimators in terms
of accuracy and achievable control performance are
presented. To this aim the concept of estimator closed-
loop consistency (Pannocchia and Brambilla, 2002) is
used, and results show that estimators “apparently”
well designed (i.e. in terms of accuracy) should not
be used in an inferential control scheme because they
would lead to improper control actions with signifi-
cant closed-loop offset in the presence of disturbances
and/or set-point changes.

2. BASIC BACKGROUND CONCEPTS
2.1 PLS regression

PLS is a multivariate regression technique that can
easily handle large numbers of noisy and correlated
data sets, and it is based on the extraction of a num-
ber of latent variables which are linear combinations
of the original predictor variables. PLS has been ex-
tensively applied in chemometrics (see e.g. (Wold et
al., 2001b) and references therein) and, more recently,
in the area of process engineering (Mejdell and Sko-
gestad, 1991; Kresta et al., 1994; Kano et al., 2000);



several extensions of PLS have been proposed during
the last years (see e.g. (Wold et al., 2001a) and refer-
ences therein).

Linear PLS seeks a relation between the auxiliary
variables x € R™ and the response (dependent)
variables y € R? of the type:

y= Kz, M)

in which 3 € RP is the y—estimate and K € RP*™ is
the estimator gain. Notice that both the auxiliary vari-
ables and the response variables are centered around a
reference (mean) value, so that no constant bias term
appears in (1). Given a set of n training runs, i.e. n
vectors x and the corresponding n vectors y, the matri-
ces X and Y are built by stacking the corresponding «
and y vectors as rows. Usually, each variable (i.e. each
column of X and Y') is scaled to unit variance. Then,
PLS generates a “few” (k in number) X —scores as a
linear combination of the original variables:

T=XW, @)

in which T € R"** is the X —score matrix and
W € R™** is an appropriate weight matrix. These
weights are computed so that each of them maximizes
the covariance between the response variables and
the X —scores. The X —scores are, multiplied by an
appropriate loading matrix P € R™**, good “sum-
maries” of X, that is:

X=TPT+FE, (3)
inwhich £ € R™*™ contains the X —residuals. Then,
a linear regression model for Y is obtained as:

Y =TQT+F=XwWQT + F, (4)

in which @ € RP** is an appropriate matrix and
F € R™*P contains the Y —residuals. Finally, the PLS
regression estimates can be written as:

Y =XKT, (5)
in which the estimator gain is given by
K=QwT. (6)

Several PLS algorithms exist in literature (Wold et
al., 2001b) and the following by de Jong (1993) is
used in this work.

Algorithm 1. (SIMPLYS).
Foreach h = 1,...,k (where A, = OTY, M; =
eTe, C, = I), repeat the following steps:

(1) compute gy, the dominant eigenvector of A7 Ay,
(2) set w, = Apgn, cn = w] Mpwp, w, —
wp//Cn, and store wy, into W as a column,

(3) setpp = Mpwy, and store py, into P as a column,
(4) setqy, = A{wh, and store ¢y, into @ as a column,

(5) set vy = Chph and Vp Uh/HU}L”Q,
(6) setChi1 = Cp—vpvl and My 1 = My—pppl,
(7) set A1 = Crq1 4.

Multivariate techniques as PLS can also be used to se-
lect a smaller number of auxiliary variables to be used
in the estimator. In this work, several tray temperatures

are used to estimate the product quality properties of
interest (see Section 3), and the location choice of
such temperatures is based on the method discussed
in (Mejdell and Skogestad, 1991, Sec. 5.6). However,
it is important to remark that several engineering con-
siderations specific of refinery main fractionators will
be made to exclude some trays.

An important issue in PLS is the determination of the
number of latent variables to use. To this aim, the so-
called “Explained Variance” (EV) is introduced. Let
vy, ; be the actual value of the j—th response variable
in the i—th calibration run, and let g, ;(k) be the
corresponding estimate obtained by the PLS estimator
with & latent variables. Then, the “Mean Square Error”
(MSE) for the j—th response variable is given by:

MSE(F) =~ (s~ 9esB) ()

=1
and the Explained Variance (EV) for the j-th product
composition is
MSE(k)
EV, (k) = 100 (1 MSE(O)) . (8)

Typically, one increases the number of latent variables
k until the increment in EV, i.e. EV(k + 1) — EV(k),
is not significant (say less than 1-2%). In fact, if a
latent variable which gives a small increment in the ex-
plained variance is used, the estimator accuracy does
not improve significantly while the estimator becomes
sensitive to data errors aligned with the direction of
this latent variable, and the estimator prediction ability
deteriorates. See e.g. (Wold et al., 2001b, par. 3.8)
for a detailed discussion on methods for choosing the
number of latent variables.

2.2 Estimator consistency

Usually, the estimator is designed to fit the training
data reasonably well and it is validated with addi-
tional (historical) data (as well as with real time plant
data). After this stage, the estimator is inserted into
the control loop, and no implications on the control
performance, e.g. about the steady-state offset, are
evaluated at the estimator design stage. The under-
lying assumption is that if an estimator fits the data
sufficiently well the corresponding inferential control
scheme will perform satisfactorily, as well. However,
in general this is incorrect.

In order to address this “myth” Pannocchia and Bram-
billa (2002) recently introduced the concept of estima-
tor consistency, which is the ability of an estimator to
guarantee low steady-state offset in the unmeasured
controlled variables in the presence of disturbances
(and/or setpoint changes). It is shown that the es-
timator consistency is not necessarily related to its
accuracy, and it is shown how the steady-state offset
is related to the estimator consistency. The problem
of closed-loop consistency arises even in single-input
single-output (SISO) systems and it is more dramatic
for multi-input multi-output (MIMO) systems, as the
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Fig. 1. Inferential control scheme

process studied in this work. This concept is quantified
through the introduction of an appropriate consistency
measure, which is briefly recalled.

Consider the generic inferential control scheme re-
ported in Fig. 1, in which u € RP is the manipulated
variable, y € RP is controlled variable (unmeasur-
able), z € R™ is the auxiliary variable (measurable),
7y € RP is the estimate of the controlled variable,
and d € R? is the disturbance input. Notice that the
feedback controller C' operates on the estimate of the
controlled variable, i.e. on ¢. For a generic disturbance
d # 0 (assuming r = 0), the consistency matrix £ =
{&:,;} 1s defined as (Pannocchia and Brambilla, 2002):

ou, variation of «; when
(adj )g:o B rejecting d; on g

i= = — 9
$ij (aui) variation of u; when ©
y=0

0d; rejecting d; on y

Similarly, for a generic setpoint change » # 0 (as-
suming d = 0) the consistency matrix ¢ = {¢; ;} is
defined as:

(gui) R variation of u; to bring

J i =Tj ~ - ~

o " gyl;jzjo B yj to ’l"]' Wlth yl;éj =0
Pij (au,> b { variation of w; to bring }
17

Irs .
" Y12 =0 Y; to T with Y45 = 0

In a “small” neighborhood around the nominal steady-
state, the process behavior can be linearized leading to
the following expressions for £ and ¢:

¢=[(KG,) "(KGY)] ./ [G7'G7] (11)
Y= (KGI)_l'/G_l ’ (12)

in which ./ means element-by-element division, and
G., G, G, G? represent the gain matrices of the
blocks shown in Fig. 1. It is clear from the definition
that a desirable property of an estimator K is that
&,; ~ land ¢; ; =~ 1. Moreover, the steady-state
offset ecr, = r — y can be expressed as (Pannocchia
and Brambilla, 2002):

ecr, = €qd + €7, (13)
in which ¢, = I — G(KG,) ' and
ca = G (KG,) ' KGY—G9. Itis important to notice
that these consistency matrices do not depend on the
type of controller used (decentralized or multivariable)

as long as the system is square and integral action is
used.

® NAPHTHA

Fig. 2. Crude distillation unit layout with basic control
loops

3. PROCESS DESCRIPTION

The crude distillation unit (CDU), which represents
the first stage of separation of the crude oil, has the
purpose of fractionating the crude oil into a num-
ber of products (4-5) with defined boiling tempera-
ture ranges. The most common CDU process scheme
shows two separation stages: the first (Pre-flash unit)
is a partial vaporization of lighter components present
in the crude oil, and the second one (Main Fractionator
unit) is the separation into products of the components
vaporized after the furnace. This unit shows the pres-
ence of pumparounds for internal vapor flow reduction
and heat recovery, and side strippers that increase the
complexity of the unit. The process examined is de-
picted in Fig. 2, in which only the basic control loops
are shown, and it has been simulated by means of
the rigorous steady-state simulator Aspen Plus 10.2®.
The crude oil, after pre-heating, undertakes a flash
(pressure reduction to 4atm) to remove the lightest
components, thus reducing the load of the furnace.
Then it is heated in the furnace up to 355°C and,
after a further pressure reduction, it enters the column
almost at the bottom (this section of the column is
known as “flash zone”). The column top product partly
condensed constitutes the Naphtha, while several side-
stream products as kerosene, light gas oil (LGO) and
heavy gas oil (HGO) are drawn off from the column.
Each side stream enters a stripper in which usually
steam is used to remove the lighter components. From
the bottom of the column a stream with heavy com-
ponents defined as “atmospheric residue” is obtained,
which usually undertakes a vacuum distillation. Sev-
eral liquid streams are taken from the column, sub-
cooled (usually with the fresh feed prior to entering
the heat exchanger) and returned to the column a few
trays up to condensate part of the vapor going up.



These external cooling systems called “pumparounds”
are useful because, reducing the internal vapor flow,
they maintain a uniform load of the column by recov-
ering heat.

The product quality is usually defined in terms of
boiling range, for example in terms of ASTM D86
95%, which roughly represents the temperature at
which 95% of a product is evaporated. Some products
as Kerosene and LGO have to meet quality also in
terms of “Freezing point” and “Cloud point” (cold
properties) which are related to the boiling range, but
also to the type of crude processed. In the present work
only ASTM D86 95% has been considered as product
quality (for simplicity denoted with T95). The setpoint
value for T95 of each product is as follows: 173°C
for naphtha, 236 °C for kerosene, 345°C for LGO and
394°C for HGO. The top temperature setpoint and
side product flow-rate setpoints are the manipulated
variables used to achieve these product quality targets.
A complete description of all column parameters is
available in (Pastore, 2002) and not presented here for
the sake of space.

4. ESTIMATOR DESIGN

In this section several estimators for T95 of the four
products are built by using the PLS regression with
different inputs as auxiliary (measured) variables. As
it will be shown, the input selection is the key step of
an effective estimator design particularly in terms of
closed-loop consistency. It is important to notice that
an estimator is designed for each product T95 inde-
pendently, and this implies that each product property
is estimated by means of different inputs. In fact, the
product properties are not strictly correlated and a
unique “centralized” estimator may lead, in general,
to a more interacting multivariable control system and
in some cases to infeasibilities.

The training set consists of 152 simulation runs in
which the manipulated variables and several distur-
bances are varied (positive and negative steps) one
by one. Moreover, 40 runs correspond to varying one
manipulated variable with the other product quality
loops closed. In fact, this training set has led to the
choice of inputs that guarantee better estimator per-
formance both in terms of accuracy and consistency
(Pastore, 2002). It is important to remark that the last
set of runs could be difficult to be done on the actual
plant, because on-line analyzers for such properties
are usually not available. However, rigorous simula-
tors can be used to build a training set that includes
closed-loop runs (as well as open-loop ones), and
this allows one to choose the most appropriate input
locations. Then, the actual estimator coefficients are
calculated through a PLS regression on real plant data.

4.1 Input selection

For each product quality estimator several inputs have
been considered, which consist of a humber of tray

temperatures, as well as other additional inputs as
the operating pressure. The first estimator considered,
referred to as EO, uses for each product quality the
temperature of the tray where the product is drawn off
from the column and fed to the corresponding stripper.
Notice that this estimator uses inputs that are always
available on a CDU.

Then, for each product quality, an “optimal” location
of the temperature measurements is found by using
the method proposed by Mejdell and Skogestad (1991,
sec. 5.6), which is based on the PLS regression on
“all” tray temperatures. It is worth noticing that the
column sections included between the draw tray and
pumparound return are not considered in this search
because the function of those trays is mainly to ex-
change heat between the two phases by condensing
vapor. In fact, the pumparounds present in those sec-
tion (see Fig. 2) cause intense upsets (due to the con-
densation of the upcoming vapor) that render the trays
in those sections far away from the equilibrium, thus
making the temperature measurement not reliable to
estimate the product properties. Thus, for each prod-
uct quality a PLS regression is carried out using all
the “potential” temperatures with a number of latent
variables chosen by means of the explained variance
as discussed in Sec. 2.1. Then, the trays are ranked
in descending order of the absolute value of the cor-
responding PLS estimator coefficient in (6) (for the
mean centered and covariance scaled data), and this
corresponds to ranking the tray temperatures in order
of correlation importance. In fact, since the tray tem-
peratures are centered and scaled with respect to their
covariance, a larger estimator coefficient indicates a
temperature more correlated to the product quality

property.

A large number of estimators have been examined
(Pastore, 2002), and the following ones are shown and
compared with EO.

e E1, estimator that uses the first three most corre-
lated temperatures.

e E2, estimator that uses the first two most corre-
lated temperatures and the top pressure.

e E3, estimator that uses the first three most corre-
lated temperatures, the top pressure and the mean
molar liquid-to-vapor ratio of the section below
the product side-stream extraction.

Regarding the pressure the actual input used is the
logarithm of the top pressure, and this nonlinear trans-
formation is chosen assuming a relationship between
boiling temperature and pressure as for the Antoine’s
law. The mean molar liquid-to-vapor ratio, which is
computable with a higher or lower accuracy depend-
ing on the process scheme of the column (e.g. the pres-
ence of unmeasured external flows entering the col-
umn) and on the available measurements (e.g. missing
temperature of subcooled reflux), is considered as in-
put to improve the estimator consistency, as shown in
the next paragraph.



Table 1. Naphtha T95: estimator compari-

son
ID Inputs EV
EO Ty 82.3

El Ty, Ts, Tos 92.3

E2 TQ, Tg, P 966

E3 T, 13, T3 97.2
p, LIV

Table 2. LGO T95: estimator comparison

ID Inputs EV

EO Tsa 49.9

El T35, T36, TSlO 97.4

E2 T35, T36, p 98.2

E3 T35, T36, T510 99.1
p, L)V

4.2 Accuracy and consistency evaluation

The four candidate estimators (i.e. EO, E1, E2 and
E3) are first evaluated in terms of accuracy in fitting
the training data. The inputs used by each estimator
of T95 for naphtha and LGO and the corresponding
explained variance are reported in Tables 1 and 2, re-
spectively (the corresponding estimators for kerosene
and HGO T95 are not shown for space limitations).
Moreover, comparisons of EQ and E2 in the training
data fitting of T95 for naphtha and LGO are reported
in Fig. 3 and 4, respectively. From these results it is
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Fig. 3. Naphtha T95: training data fitting (— observ.,
- EO estim., - - E2 estim.). Data groups: a,
external flow changes; b, pressure changes; c,
internal flow changes; d, stripper vapor changes;

e, feed changes.

clear that an appropriate input selection can improve
the estimator accuracy significantly, in particular for
changes in column pressure and in internal flows (due
to change of furnace temperature and pumparound
duties).

Next, the four estimators are compared in terms
of consistency for the rejection of several distur-
bances. A number of disturbances have been consid-
ered (Pastore, 2002) and results are presented for vari-
ations of the feed flow rate (d), of the bottom (dgp 4)
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Fig. 4. LGO T95: training data fitting (see Fig. 3 for
legend)

and top (drp4) pumparound duty, of the column pres-
sure (dp) and of the furnace outlet temperature (dr).
The disturbance consistency parameters for each es-
timator are shown in Tables 3-6, in which u; is the
top temperature, uo is the kerosene flow rate, u3 is the
LGO flow rate, and u,4 is the HGO flow rate. These

Table 3. Disturbance consistency matrix &
for EO

dp dppa drpa dp dr
u;  0.52 -0.14 -1.10 219 -0.24
uy 177 -0.24 -1.27 044 061
us -4.16 7.15 056 3.09 3218
ug 19.25 186.16 1.14 333 2144

Table 4. Disturbance consistency matrix &

for E1
dr dppa  drpa dp dr
o 3.35 9.76 -0.77 497 14.83
Uo 11.99 -102.20 2.42 4,95 247.65
U3 55.36 -58.10 14.00 -17.54 -260.83
uy -254.66 -2622.21 56.87 -37.88 -373.32

Table 5. Disturbance consistency matrix &
for E2

dr dppa drpa dp dr
u; 095 16.97 416 549 -1.76
uy 098 15.68 0.14 -0.7 -154
uz 0.89 256 -1.77 092 0.24
uy 105 -249 -436 0.88 0.59

Table 6. Disturbance consistency matrix &
for E3

dr  dppa drpa dp dr
u; 098 0.57 1.19 103 0.86
uy 085 0.18 1.40 101 -1.21
uz 1.00 0.60 -0.31 0.89 14
us 148 1.80 -0.73 1.4 2.05

results show that EQ is not consistent for almost all
disturbances and also that E1 is not very consistent,



even though the accuracy results previously shown
suggested that E1 was a well designed estimator. No-
tice that in Tables 3 and 4 there are several negative
parameters &, ; that indicate a manipulated variable
change of opposite sign than the one actually required
to remove offset. The most consistent estimator is E3
for which the parameters ¢; ; are quite close to 1 for
almost all the disturbances. The estimator consistency
parameters are also evaluated for setpoint changes,
and results are shown in Tables 7-10. Notice that the
upper part of the consistency matrix is not shown be-
cause the 4 x4 product quality control system is nearly
lower triangular. These results show that EO and E1

Table 7. Setpoint change consistency ma-

trix ¢ for EO
1 72 3 T4
u;  0.69 - - -
us  0.55 0.60 - -
uz -1.42 0.11 0.02 -

uqg -0.67 -07 0.01 0.03

Table 8. Setpoint change consistency ma-
trix ¢ for E1

"1 T2 T3 T4
up 119 - - -
up 114 412 - -
uz 1583 8.07 -11.95 -
ug 130 155 121 297

Table 9. Setpoint change consistency ma-

trix ¢ for E2
1 T2 3 T4
u;  1.16 - - -
Usg 1.67 2.10 - -
U3 1.86 114 2.15 -

uqg 5.677 6.64 519 1222

Table 10. Setpoint change consistency ma-

trix ¢ for E3
1 72 3 T4
u;  1.00 - - -
ug 105 1.27 - -

us 130 094 144 -
u, 112 134 107 163

are not very consistent even for setpoint changes and
that E3 is very consistent for setpoint changes in any
of the controlled variables.

5. CONCLUSIONS

The design of product quality estimators for refinery
main fractionators has been considered, and the PLS
regression technique has been used to choose the most
appropriate auxiliary measurements. A crude distilla-
tion unit was chosen as case study, and several linear

static estimators have been designed and compared
both in terms of accuracy and consistency for distur-
bance rejection and/or setpoint changes. An estimator
is consistent (Pannocchia and Brambilla, 2002) if it
guarantees a low closed-loop offset when inserted in
an inferential control scheme, and this property is not
necessarily related to the estimator accuracy in fitting
the data. It has been shown that the simple use of
the temperatures always available on a CDU (i.e. the
temperatures of the trays where the side products are
drawn) does not lead to a well designed estimator par-
ticularly in terms of consistency. The PLS regression
has been used to select more appropriate temperature
measurement locations but additional measurements,
as the operating pressure and the liquid-to-vapor molar
ratio, were used to improve the estimator consistency
significantly.
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ACTUATOR SELECTION BASED UPON MODEL INSIGHTS FOR
AN ENERGY INTEGRATED DISTILLATION COLUMN
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A method for development of actuator structures based upon model insight is presented.
The method contains three steps. First dynamic degrees of freedom are handled using
suitable level actuators and control loops. Second the feasible operating region is
developed and third static control structures are proposed and screened. The advantage
of the three-layered strategy is that the second and third layers can be dealt with early
during process development while the first layer may assure perfect control initially.
Later during process design where dynamic process information is available the
dynamic loops of the first layer may be designed and subsequently high level control
can be designed to fit appropriate control objective for plant.

Keyword: Control, design, integrated, distillation column

1. INTRODUCTION

Chemical process plant design and operation based
on combining mathematical models with computer
science have the potential to significantly increase
the efficiency of manufacturing systems by
integrating the design with the planning of operation.
Because a chemical plant may have thousands of
measurements and control loops, which can be
divided into several layers:

1) scheduling (weeks)

2) site-wide optimization(day)

3) local optimization/predictive control (minutes)
4) regulatory control (second)

This paper considers the local optimization layer
which recomputers new set points only once an hour
or so, whereas the feedback layer operate
continuously. The layers are linked by the controlled
variables and the selection of the control
configuration, whereby the set points are computed
by the upper layer and implemented by the lower
layer.

Therefore it is essential to investigate operability of
such complex processes at the design stage in order
to enable suitable design modifications before it is
too late. The systematic computer aided pre-solution

analysis of process models for integrated design and
control presented earlier by Russel et al. (2002) is
further investigated in this paper for an energy
integrated distillation pilot plant. This paper
investigates aspects of design and control of the
integrated distillation column with the model analysis
method and validates the results through simulation
and operational analysis of the energy integrated
distillation column. First the steady state control
configuration is obtained for column; subsequently.
The dynamic behaviour of the heat integrated
distillation column is discussed.

2. PROCESS DESCRIPTION

The heat integrated distillation pilot plant considered
in this paper is shown in Figure 1. It contains two
main sections, namely a distillation column section
and a heat pump section. The heat pump section is
physically connected to the distillation column
through the condenser at the top and the reboiler at
the bottom of the column. The heat pump consists of
four heat exchangers, two compressors, one

expansion valve, a large tank, &/ ,¢ and &, are

the control valves. While the refrigerant circulates
within the heat pump it changes phase, and through



absorbing heat of vaporization at low pressure and
releasing it again at high pressure it carries heat from
the column condenser to the column reboiler. A more
detailed description of this pilot plant is given by
Eden et al. (2000). The process model analysis of
these two sections is discussed individually.

3. PROCESS MODEL ANALYSIS

Model analysis first determines the available degrees
of freedom for design and for control, which then

identifies the “common” variables used in design as
well as control. The analysis subsequently identifies
the important constitutive equations, their dependent
process variables and the corresponding derivative
information with respect to the identified “common”
variables. This analysis employs the mass and energy
balance equations and the constitutive equations to
generate information related to process sensitivity,
process feasibility, and design constraints. The model
analysis is decomposed into two parts: first the
analysis is carried out for the distillation column and
thereafter, the heat pump system.
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Figure 1: Flow sheet of the heat-integrated distillation column

3.1 The Process Model Analysis for the Distillation
Column

Five degrees of freedom are related to five design
and control variables. A design problem could be to
determine the optimal values of the design variables
so that some process variables attain their desired
values. A control problem could be to maintain the
same process variables at their desired values by
manipulating the same design variables when there is
a disturbance. When the design and control problems
involve the same set of variables, they may be
integrated and solved simultaneously, once an
integrated problem has been formulated.

From a control point of view, for dual composition
control of the distillation column, both the top
product purity and the bottom product purity need to
be controlled. The hold ups of the condenser and
boiler are needed to be controlled to stabilize the
system. For example the optimisation variable or
design variable D (distillate flow rate) is used to
control top composition xp and vapour flow rate at
the bottom Vp is used to control bottom purity x,
where vapour flow rate is manipulated by heat duty
of the reboiler Qp. The column pressure is controlled

by heat removed from the condenser Qc. The hold
ups of the condenser Mp, is controlled by reflux flow
rate Ly and the hold up of reboiler My is controlled
by bottom product B. Hence for control purpose, the
design optimisation variables, Qg Qc, D, Ly, B may
be chosen as the manipulated variables. This
illustrates the relationship between design and
control issue for a conventional distillation column.

From a design point of view, the five design
variables are selected first. The product rate D and B
need to be specified to meet the external mass
balance and the market needs. Vapour flow rate V,
the condenser heat duty Q¢ and reflux flow rate L,
are needed in the column to fulfil the separation
process.

3.2 The Model Analysis for the Energy Integrated
Distillation Column

From the model analysis, two degrees of freedom are
obtained for the heat pump section. Here high
pressure on heat pump section Py and low pressure
P, are chosen as controlled variables. Two actuators
are valves O q and Q.



4. OPERATION WINDOW FOR THE ENERGY
INTEGRATED DISTILLATION

The appropriate variables that can be controlled
through the identified “common” design/actuator
variables can be identified through an investigation
of the operation window. In the case of this heat
integrated column with sieve trays operated primarily
in the spraying regime, the limits forming the
operating region are the flooding limit, weeping
limits, maximum column pressure, maximum heat
pump high pressure, maximum heat pump low
pressure, maximum cooling power of the heat pump
system, maximum pumping capacity. Inside this
region is the operation window, within which the
operation point must be located to ensure the
separation process (as illustrated through Figure 3).
The empirical correlations for flooding and liquid
weeping are described below and the limits related to
the high and low pressures of the compressor system
are determined through simulation.

4.1 Flooding and Liquid Weeping Curves

The following derivations are based on empirical
correlations estimated by several authors and
collected by Zuiderweg (1982) on his review paper
on the state of the art for sieve trays. Let Ly and V be
the volumetric flow rates of reflux and boil-up in
m’/s, and let p, and p, be the liquid and gas densities
in kg/m’. The weeping limit in terms of the minimal
vapour flow rate is then found by the following
empirical correlations:

Voo =CF, 4, |22 (1)
P

Where: CF,,, is the tray capacity factor on bubbling
area, m/sec
A, is the tray area, m?
This correlation is plotted as the weeping limit, i.e.
Curve 1 in Figure 3
The flooding limit in terms of the maximal vapour
flow rate is used as the flowing correlation:

V.. =CF,.4 7% 2)
Py

Where CF,. is the capacity factor at start of
flooding, m/sec. This correlation is plotted as the
flooding limit, i.e. Curve 3 in Figure 3

4.2 Maximum and Minimum Py

The limits of the operation region imposed by the
heat pump are obtained by simulation in total reflux
mode. Curve 2 in Figure 3 is mapped by switching on
a controller to maintain heat pump low pressure P at
its maximum, i.e., 600kPa and then gradually
decrease high pressure Py until intersection with the
weeping limit. Going along this trajectory the
number of active cylinders reduced as appropriate
such that the pressure drop through ¢,, has a

reasonable level (50-200kPa). If the pressure drop
exceeds these limits retuning of the low pressure
controller is necessary due to the nonlinear valve
characteristic. Curve 4 in Figure 3 is mapped by
keeping ¢, open and all cylinders active, and then

gradually decrease high pressure Py. This way the
low pressure is at all time kept as low as possible,
decreasing as the high pressure is reduced. The lower
limit represents the lowest possible column pressure,
and it crosses the weeping limit at a point, which thus
is the point of lowest possible column pressure and
boil-up rate at which the column can be operated.

5. THE STATIC ACTUATOR CONFIGURATION
OF THE INTEGRATED DISTILLATIO COLUMN

From the analysis of process model for the
distillation column in Section 3 five degrees of
freedom are obtained, which related to five design
and control variables. The vapour flow and column
pressure are controlled by manipulated the heat duty
of reboiler Qp and condenser Qc. But For integrated
distillation column Qg and Qc are not the
manipulated variables, which are controlled by Py
and P on the heat pump section. In order to get a
suitable control configuration the gain of Py and P
to the column pressure and vapour flow rate are
investigated through simulation. The results are
shown in Figure 2 from which one can see that Py
has positive gain to column pressure and vapour flow
rate and Py has positive gain to column pressure but
negative gain to vapour flow rate. From this
understanding it is seen that in order to increase the
column pressure at constant boil-up rate one must
increase both actuators, while if the boil-up rate is to
be increased at constant column pressure (either P or
Pc) one must increase Py and reduce Pr. So it is clear
that specifying the two heat pump pressures Py and
P is equivalent to specifying boil-up flow rate and
column pressure and hence it should be possible to
configure a control system manipulating the set
points to the high and low pressure Through the
analysis of the column the actuator structures above,
it appears that Py+P_ (on the heat pump side) is
suitable to the control column pressure while Py-P
(on the heat pump side) may be used to control the
vapour flow rate. With these control actuator
configuration, the column pressure and vapour flow
rate control loops are decoupled. This also means that
the actuator (design) variables on the distillation
column side are determined through the “control”
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variables on the heat pump side. Rigorous
simulations have been performed to confirm the
actuators configuration with the dynamic model of
Koggerbel (1995). The simulation results are plotted
in Figure 3, where the curve A in Figure 3 is at
constant Py+P;, while Py-P change. From curve A
one can see that column pressure is nearly constant
for constant Py+P; for many different Py-P; From
curve B one can see that the vapour flow rate is
nearly the same at constant Py-Py in spite of different
Pyt+PL. This confirms the design and control issues
stated above that one could control the vapour flow
rate in the integrated distillation column by
manipulating the pressure difference between the
high pressure and the low pressure of the heat pump
side and the column pressure by manipulating the
sum of the two heat pump pressures. This control
structure is implemented to the column. A tool for
real-time multivariable identification and control for
the integrated distillation column is named Multi
Input and Multl Output Selftuning Controller
(MIMOSC). The basic structure of the controller is
used for controlling the column pressure and the boil-
up vapour flow rate. The steady state control
structure is obtained for the integrated distillation
column. Next paragraph a dynamic control structure
is discussed .

6. CONTROL STRUCTURE FOR DYNAMIC
INTEGRATED DISTILLATION COLUMN

6.1 Dynamic Control Structure for Column Section

For the distillation column, the overall control for the
column section has five outputs Xp, Xp, Mp, My and
P. Compared to the static control problem, two more
holdup variables, i.e., Mp and Mg, are introduced.
Suppose that the column pressure and the reboiler
vapour flow have the same control configurations as
the steady state. For such kind of “standard” control
problem, the most widely accepted control structures
are “LV-configuration” or “DV-configuration.

The issue of this kind of control configuration has
been investigated using frequency dependent
formulations of measures such as the condition
number, the Relative Gain Array by Bristol (1966)
and the Relative Disturbance Gain by Stanley et al
(1985). This paper will focus on discussing the
dynamic control structure on the heat pump section
and how each dynamic control structure affects the
stability of the integrated distillation column.
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6.2 Control Structure on the Heat Pump Section

As discussed above, Py+P. and Py-Pp are used to
control column pressure and vapor flow rate. In turn,
Py and Pp are controlled by manipulating two
actuators 4 and &,,. The pair of these two
process variables and two control valves play a very
important part in terms of stabilization of the
integrated distillation column. First let us discuss
how disturbance affects the heat pump high pressure
Py and low pressure P so as to decide the pair
problems. Consider, for example, the plant at steady
state with only liquid level controllers for the reboiler
and the condenser has been implemented. If suddenly
the energy balance is disturbed by a small amount
O0H, for instance due to a disturbance in the feed
preheater in the feed composition, or perhaps in the
temperature of the cooling medium in the secondary
condenser, then the changed heat input starts to
accumulate in the plant. If the disturbance reduces
the cooling rate this will immediately affect the high
pressure Py such that Py begins to increase. Thereby
the compression work is continuously increased, but
also the cooling rate will gradually increase as the
temperature gradient in secondary condenser and in
the air coolers will increase with Py. The increase in
the high pressure affects boil-up rate, and as a result
of this, the column pressure and the heat pump low
pressure P simultaneously increase. Assuming that
the enthalpy of the feed remains constant after the
disturbance, the behavior of the entire plant becomes
unstable if the compressor work increases faster than
the sum of all the outgoing heat flows. For this
integrated distillation column the compressor work
does indeed increase faster than the sum of all the
outgoing heat flows within part of the operating
region. Therefore a small disturbance in the overall
energy balance can initiate a drift of the plant
towards increasing or decreasing pressures depending

Py+Py at constant, Py-P; change; B curve: Py-Py at constant, Py+P; change

on the sign of the disturbance. To reject disturbance
so as to stabilize the system, high pressure Py and
low pressure Pp need to be controlled by
manipulating suitable actuators. In theory either the
low pressures or the high pressure could be paired
with &, and thereby stabilizing the system.
However, the gain from ¢ to the low pressures is
relatively small (Koggerbel, 1995) so if ¢/ ¢ is to
be used for stabilization it should be preferably be
paired with the measurement of Py;.

The valve &, does not directly affect the energy
balance but it can be used to stabilize the plant if it is
paired with a suitable measurement. Suppose that P
is stabilized by manipulating the valve &, then a
disturbance, which tends to increase P, will be
neutralized by the valve opening being increased by
the controller. This way Py is maintained at setpoint.
The main result of the discussion above is that high
pressure Py should be controlled and that the cooling
valve &, ¢ is preferred as actuator for this purpose.
So, in conclusion, a control loop manipulating &«
based on a measurement of the high pressure Py is
suggested to stabilize the plant. The low pressure Py
is controlled by control valve &, to stabilize the
system. In the reboiler the saturation pressure Py is a
sufficient measure of the condition on the freon side
for heat transport into the column, This condition is
now going to be controlled using .. In the
condenser, which is the other contact point between
the heat pump and the column, the saturation
pressure Py is a sufficient measure of the condition
on the freon side for heat transport from the column.
So this control structures, i.e., valve &, control
low pressure and valve &, control high pressure,
can reject the disturbance and stable the system.

7. CONCLUSION
With a systematic computer aided analysis of the

process model inspired by Boris et al, the control and
design problems for an energy integrated distillation



column are carried out. The relationships between
design and control problems are discussed through
analysis of the process model to result in a more
suitable control actuator configuration for the
integrated distillation column. Rigorous simulation
results verify this analysis.

A method for development of actuator structures
based upon model insight is presented. This paper
addresses how to select and combine actuators in
order to achieve nearly independent actuator actions.
Thereby the interactions between basic control loops
in the integrated distillation column are significantly
reduced which is the basis for optimising control.
Thereby this paper demonstrates that integration of
design and control insights can lead to much more
than was claimed by Russel et al. (2002).
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Abstract: In this paper, control problems of an industrial Azeotropic distillation column
were discussed and improved. At first, the soft-sensor of water content in the bottom of
the column was built based on on-the-spot data collected by distributed control system
(for short, DCS), through applying soft-sensor technology of regression, and a
self-correcting module was also designed. The functions of estimation, display and
correction about water content were realized on the DCS. At the same time, according to
the actual quality control targets, an inferential control scheme based on soft-sensor was
designed, in which the on-line estimating values of soft-instrument were used. The
close-loop control of the product quality was realized in the scheme. As a result of
increasing of Boolean calculation with constrained condition in the inferential control
arithmetic, the reliability and practicability of the control system is strengthened.
Application of the control system to the column showed that the control system can
resolve effectively the problems that the product quality cannot be measured on-line and
be close-loop controlled directly, and has realized the bounder control of water content in
the bottom of the column. Copyright © 2002 IFAC

Keywords: azeotropic distillation, regression and analysis, soft sensor, inferential control

1. INTRODUCTION

Distillation is the most important unit operation for
separation  processes commonly adopted in
petroleum refinery and chemical industry. Because of
the difficult factors, such as nonlinear,
multi-variables, hard to measure quality factors
online, the automatic control problem for distillation
process has always been one of the hot subjects of
automation researches. Many articles on distillation
column controlling have been issued (Kumar, et al.,
1999; Monroy et al., 1999). From the industrial facts,
there exist the distillation columns with control
problem (Ming Rao, et al., 2002), which are seldom
able to guarantee the products’ purity mostly
accounting for their overly simple control systems
(I-Lung Chien, et al., 2000). Therefore, the excess

" The researches of paper are sponsored by the corporation,
contract No: 01JSNJYZ101015

purification is usually adopted in practice operation,
which increased energy consumptions as well as
decreased the product yield.

Recently, DCS is often introduced to control
industrial ~ equipment, especially in larger
petrol-chemical plant. A contradict phenomenon
arose in those petrol-chemical enterprises. In this
paper, An advance control system based on DCS was
proposed and designed, which has mainly relies on
the present functions of DCS and improved the
control of an industry distillation column.

2. PROCESS INTRODUCTION

The main subject of this article is focused on the
workshop of butadiene-producing equipment, which
existed almost all of the petrochemical enterprise.
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Fig.1 the flow sheet of butadiene distillation
workshop section

Butadiene is the major monomer and raw material
for producing styrene  butadiene  rubber,
cis-1.4-polybutadiene rubber, nitrile rubber, ABS
rosin and nylon. The distillation workshop section of
butadiene produce equipments includes two
distillation columns, Column DA106 and Column
DA107, whose tasks are to remove the
high-boiling-point impurities, such as cis-butene-2,
butadiene-1, 2, ethyl acetylene and Cs, as well as
low-boiling-point  impurities such as methyl
acetylene and water, and to achieve the final product,
butadiene-1, 3. There are some control problems in
the two distillation columns. Column DA107 is the
production column. On the purpose of enhancing the
operating and controlling level in the producing
procedure, meeting the requirements of social
economy, the former conventional control system has
been changed into DCS system. Therefore, a set of
control scheme need be improved accordingly. The
improved scheme of Column DA107 has been
reported in (Shi Zhang, et al, 2002). In this paper,
the control problem of water content about Column
DA106 will be discussed.

The basic producing flow sheet of distillation
workshop of butadiene-producing equipments is
showed in the Fig.1.

Though most of the impurity has been dropped out
from the raw material C, in the previous extraction
distillation workshop, some impurities whose
volatilities are close to butadiene-1,3 still exist.
These impurities are to be dropped out in the
columns of DA106 and DA107.

Column DA106 is an azeotropic distillation column
with the main task of dropping out methyl acetylene,
water and other lighter components. Methyl
acetylene and other lighter components rise into the
top of Column DA106 because of their low boiling
point. Then they will be cut out with part of
butadiene-1, 3, as the tail-gas into torch. The
saturated water in feeding, as the azeotropic matter
of butadiene-1, 3, is also taken to the top of the
column. It is delaminated with butadiene in the
circumfluence jar after condensation, and then is
drained out from the bottom of the jar.

Water content in feeding is about 500(mg/kg), but in
the products’ purity index, the water content should
not be over 20(mg/kg). The task of Column DA107
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Fig.2 the flow chart with reference point
of column DA106

is to take off high-boiling mixture, namely, all the
water in the bottom of Column DA106 will be
carried into products, besides, through the experience
of operators, if the water content is well controlled,
the methyl acetylene consistency index is able to be
guaranteed. As a result, the water content is a vital
controlling target.

The Figure 2 indicates the former controlling scheme
of Column DA106. From the figure, it can be seen
that this scheme is formed by all simple loops,
without any quality-controlling loop. What’s more,
the current producing load goes far beyond the
system’s designing ability. Therefore, the former
controlling scheme is hardly to fulfil the controlling
task. In this case, the operators usually turn to the
controlling method of increasing heat supply of the
reboiler. The method pledges that the water content
keeps not more than 20(mg/kg); however, it increases
energy consumption. In addition, the water content in
the production is also not stable.

In view of this case, the inferential control based on
soft-sensor is designed instead of the former fixed
value control system of the reboiler’s heat supply,
which can realize the direct quality control of water
content. The key problem of the work is to solve the
soft-sensor of water content.

3. THE SOFT-SENSOR OF WATER CONTENT

In recent years, it is widely reported that the
soft-sensor technique has been introduced into the
component estimation (Jingshou Yu, Ailun Liu, Kejin
Zhang, 2000). Lots soft-sensor instruments in the
form of commercial software have been released and
utilised in practice production. Nevertheless, these
softwares are so expensive that they were rarely
introduced by the domestic enterprises. Soft sensor
instrument, also soft sensor model, is the nuclear
problem of the soft sensor technique. In the several
modelling method, artificial neural network and
regression analysis methods are often adopted.
Because of the condition in factory, regression
analysis method was selected to build the soft sensor
model.



3.1 Assistant variable Selecting and analysis data
setting

In this work, the possible process variables related
with water content which can be obtained with
soft-sensor instruments are as follows: two
temperatures (the reboiler heating temperature
T500-25 and the bottom temperature T500-26), three
fluxes (the reboiler heating flux F133, the feeding
F122, and the circulatory flux F134), one pressure
(the bottom pressure P116) and one liquid location
(the bottom liquid location L119).

As for the seven variables shown above, T500-25.
T500-26. F122, F134. P116 are chose as process
assistant variables. With the action of fixed value
controlling loop, F133 and L119 are kept stable and
remain fixed. And which have little to do with the
change of water content, so the both variables are
omitted. According to the result of the regressing
analysis method, the five parameters
above-mentioned are obviously connected with the
water content, while F133 and L119 give no effect on
water content. Lots of high frequency noises existing
in measured value of the flux, which may influence
the modelling work, so the measured value of F122
and F134 must be filtered at first, and then to do
regression analysis.

Another difficult problem is that there is no practical
value of the water content at the bottom of the
column DA106, only a test point located at the exit
of column DA107 (product jar) for sampling and
analysing water content every 8 hours. Consider that
the water content in the product will not change a lot
from the bottom of Column DA106 to the product jar,
it can be supposed reasonably that water content in
the product jar is only the express of water content in
Column DAI106 bottom after a period of
delaying-time ( 7). At the same time, some analysis
values of water content in the column DA106 were
added temporarily. And according to comparison of
the both curves between these analysis values and
those in the product jar, the same conclusion was
made, also with the experiences of the operators, the
value of 7 is confirmed about 1 hour. As a result of
the water content at the bottom of Column DA106
can be shown by the analysis value of the water
content in the product, the analysis values of water
content in the product jar were used as the estimated
variable of the soft sensor model.

3.2 Building the soft-sensor model

The abundant on-the-spot data (420 groups), which
were collected by distributed control system, were
classified as the two parts: the modeling set (300
groups) and the verifying set (120 groups). A soft
sensor model is built with regression and analysis
technology based on the modeling set (300 points).
The regression model can be shown as follows:

5
Sis(t) =Y a, xx,(t 1) (D
i=0

Where:

S130 (¢): the estimated value of water content at ¢;
T: Delaying-time;

x;(t=7)(i=1,2, =+, 5): 5 assistant variables;

a;i=0,1,2, -+, 5):Regressing-coefficients.

The values are:

ap -84.677507
a 2.841364
a, -0.655388
as -1.731556
ay 1.582286
as 231.365314

The verifying set data are used to verify the model’s
extrapolative ability. The results of the model’s
simulation and extrapolation are shown in Fig.3.

In the Fig.3, the abscissa values show sampling
numbers. It is obvious that the precision of the
proposed model is very high, and the extrapolative
ability can also satisfy the control request. Moreover,
the model is simple in form and easy to realize in the
project.

3.3 On-line correcting the soft-sensor model

Because of the influences from time varying,
nonlinear and no integrality of modeling factor
established in product process, the soft-sensor model
has to be corrected on-line (Jingshou Yu, 2002). The
correction work may classify into two types. One is
long-time correction, that is, after the distillation
process running for a period of time, a new model
will be reconstructed and substituted the former
model; the other is short-time correction, which is
carried out on-line, it means that the short correction
is to correct the model with the error between the
analysis value every 8 hours and the calculating
value of soft-sensor model. What requires our
attention is that the time when the analysis data is
sent to the control-room delays the sampling time
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about 6 time, so the calculating value at the moment
of sampling should be kept in order to compare the
two groups of data at the same time. Correction
formula is as follows:

AS 30 (D) = X [S 50t = 8) = S5, (t = 0)] 2

Where:

A S130(2): The corrected value of the water content at

t

a: The corrected coefficient, here is 0.5;

&: The analysis delay-time;

Sa130 (= 6): The analysis value of the water content
ats- o,

S130 (- 6): The estimated value of the soft instrument
att- 0.

From the Fig.4, on the condition that the extrapolate
ability of the soft-sensor mode is not very better (see
the Fig.3), only through on-line correcting, the
accuracy of the soft-sensor mode has be advanced so
that the soft sensor model corrected on-line may be
applied to the practice.

4. THE CONTROL SCHEME AND PRACTICAL
APPLICATION

As shown above, the prime problem about the
control system of column DA106 is that there are not
direct or indirect quality control loops. So the
operators adjusted the given value in control loop of
reboiler heating flux by hand, only basing on
sampling analysis data every 8 hours, to control the
water content of the column bottom. Under this

distillation operation condition, not only the water
content in the product jar cannot be ensured availably,
but also the energy consumption is increased greatly.
Therefore, an inferential control scheme based on
soft sensor is designed to substitute the former
control loop of the water content in the column
bottom.

4.1 Basic control scheme

There is a basic control scheme shown in following
Fig.5.

In the figure, the soft-sensor instrument is just the
soft-sensor model built above.

In view of the possibility of project realization, the
water content controller only adopts PID arithmetic.
So, except the soft-sensor model needs to program in
Command language, all the control schemes are
easily carried out by configuration in DCS.

On the DCS of the column, the control scheme was
put in practice, and tried to  run for a period of time.
It is proved that the scheme is available. Firstly, the
control effects of water content is so ideal that the
value can be controlled between 18~20(mg/kg).
Secondly, the heating of reboiler was decreased than
before.

4.2 Constrained control in the control scheme

At the same time, when the work situation changed
greatly, this control scheme could not run steadily for
a long time. It is reason that along with the great
change of the word situation, the great fluctuation of
control variable occurred. Therefore, the condition of
work might also leave the perfect balance condition.

Through analyzing the technique process, the reason
caused this phenomenon was found. When control
variables are changed greatly, the rising steam
capacity within the column is influenced. In Figure 2,
for the circulatory flux is the control variable of
liquid level of reflux tank, the large change of the
rising steam capacity quickly causes the circulatory
flux fluctuates greatly. However, this fluctuation
could not be allowed. According to the rule of should
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control techniques, the circulatory flow in the
column be limited between 1.3 to 1.7 times of
feeding. For these reasons, a constrained control with
the logic module is added to the above inferential
control scheme. The inferential control scheme with
constrained control is shown in the Fig.6.

The relation between input and output in the selector
is:

fmax () lf. OutAC Z fmax ()

out = OutAC lf‘ fmin () S OutAC ﬁ fmax () (3)
Sain ()i out o < f ()

Where:

out: The output of selector;

outyc: The output of water content’s controller;

JSuax(): The maximal heating;

Jfuin(-): The minimal heating.

Here f,.(.) and f,;(.) are decided by following

process:

(1) Through analyzing the technique process, the
technique parameters are decided which are all
related with heating of reboiler, including the
feeding F122, the circulatory flow F134, the
temperature of heater’s input and output T133
and T500-25, the column bottom temperature
T500-26 and pressure P116;

(2) The regress relation, f (F122, F134, T133,
T500-25, T500-26, P116), was obtained by
regression analysis with the field data;

(3) Supposing the circulatory flow is enhanced to
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Fig.8 the practical effect of inferential

1.7 or 1.3 times separately, then the maximal
heating and the minimal heating function f'(.) are
listed as follow:
(D)= f(F122, 1.7xF134, T133, T500-25, T500-26,
P116)
Juin()= 1 (F122, 1.3xF134, T133, T500-25, T500-26,
P116)

After the constrained control of the circulatory flow
was added to the inferential scheme, the circulatory
ratio can be controlled effectively in the rational
scope. So the phenomena of the bigger circulatory
ratio could be avoided, that is the water content of
the column bottom is too lower. The Fig.7 shows the
result of the comparison effect that the constrained
control has be applied to the worksites.

4.3 The practical application of control scheme

The control scheme has been applied preferably to
the column DA106 for half of years. Figure 7 gives
the real time control effect. In the Fig.7, it is shown
that the fluctuation of water content in the product is
on the small side after the control scheme has been
applied to the column. It can be controlled within
the17~20(mg/kg) scope, which justly meet the
control goal that the water content in the product is
less than 20(mg/kg). At the same time, the change of
the circulatory flow also became relatively steady,
and the energy consumption was decreased greatly.

5.CONCLUSIONS

In this paper, aiming at an industrial azeotropic
distillation column, an inferential control scheme
with constrained control was designed to substitute
the former control scheme of column. And the
bounder control of water content in the bottom of the
column has been realized. Firstly, a soft-sensor
model and an inferential control scheme based on the
soft sensor model are build and designed. Then,
according to the practical running, the constrained
control is added to the scheme. As a result of
Boolean calculation added to the control arithmetic,
the robustness of the control system is strengthened.
So the system could be able to adapt preferably great
fluctuation of work situations. Through the several
months of practical application, it proved that the
control system is feasible and available to run
steadily for long time.
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